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ABSTRACT
HYDROTHERMAL CATALYTIC LIQUEFACTION AND DEOXYGENATION OF 
BIOMASS FOR RENEWABLE FUEL PRODUCTION
Sergiy Popov 
Old Dominion University, 2015 
Director: Sandeep Kumar
In recent years, sub- and supercritical water technologies received an increasing attention 
because o f the numerous advantages they offer for biomass converting into biofuels. Water at 
elevated temperatures and pressures provides an ideal medium for chemical transformations. It 
serves as a reactant, reaction medium, and catalyst that helps biomass compounds undergo 
hydrolysis, depolymerization, dehydration, decarboxylation, and condensation/repolymerization 
reactions. Biomass is the fourth largest source of energy in the world after coal, oil, and natural 
gas that has the potential to provide the large scale substitution of hydrocarbon-based liquid 
transportation fuels and minimize the environmental issues. Biomass typically contains 40-60% 
oxygen. Maximal removal o f oxygen from biomass is the main objective of biofuel production. 
In this work, several hydrothermal technologies of processing biomass to biofuels and valuable 
byproducts were investigated.
In Chapter 2, the reaction pathways of conversion of triacylglycerols into alkanes, 
influence on temperature, pressure, catalysts, and hydrogen on the hydrodeoxygenation process 
was reviewed in details.
In Chapter 3, the effects of reaction temperatures and catalysts on the degree of 
liquefaction, bio-oil yield, energy conversion ratio, and bio-oil composition were studied and the 
overall mass balance o f the process was developed.
In Chapter 4, it was shown that the integrated process provides several major advantages 
over conventional processes: better extractability of oil, shorter extraction time, tolerance to high 
moisture content of the feedstock, avoiding preparation stages, and utilization of the extracted 
seedcake for biochar production.
In Chapter 5, it was demonstrated that the integration o f hydrothermal liquefaction of 
algal biomass, extraction o f bio-oil from the liquid phase, and gasification o f the extracted 
aqueous phase can provide additional energy and a potential source of nutrients for fresh algae 
cultivation.
In Chapter 6, a novel approach to converting fatty acids into n-alkanes was investigated. 
Fuel range hydrocarbons were obtained in a continuous flow process within a short residence 
time from oleic acid using near- and supercritical water as reaction medium, granulated activated 
carbon as a catalyst, and < 1% v/v formic acid as an in situ source of hydrogen.
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In recent years, sub- and supercritical water technologies received an increasing 
attention because of the numerous advantages they offer for biomass converting into 
biofuels, including (Peterson, Vogel et al. 2008):
• Non-toxic, environmentally benign, inexpensive, and tunable reaction medium;
• Ability to serve as a reactant, reaction medium, and catalyst for ionic/free radical 
reactions;
• Ability to process wet biomass;
• High throughputs;
• High energy and separation efficiency;
• Lower energy requirements because of avoiding the phase change;
• Ability to use mixed feedstocks;
• Ability to produce the direct replacements for petroleum-derived fuels;
• Can be used as a pretreatment step in coordination with other biofuel production 
methods;
• Can be used as a post-fermentation for processing solid residues;
• Versatility o f chemistry (can produce liquid, gaseous, and solid fuels);
• No need to maintain specialized microbial cultures//enzymes;
• Reduced mass transfer resistance;
• Increased selectivity for the desired products/chemicals (hydrogen, methane, 
biocrude, carbohydrates, organic acids, etc.);
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• Possibility of efficient energy recovery;
• Complete sterilization of the products.
Sub- and supercritical water, which is also defined as hydrothermal media, is a 
water-rich phase above 200 °C that is kept in a liquid or supercritical state by applying a 
sufficient pressure. A critical point of water is 374 °C and 22.1 MPa. Above this point, 
water has a liquid-like density and gas-like transport properties and forms a single-phase 
medium with the properties very different from those of ambient water. Supercritical 
water is non-polar and is fully miscible with most organic compounds and gases (oxygen, 
nitrogen, hydrogen, carbon dioxide, methane) while polar compounds (e.g., inorganic 
salts) are not soluble under supercritical conditions (Peterson, Vogel et al. 2008). The 
single-phase mixture formed under supercritical conditions does not have many of the 
transport limitations inherent to most of the multi-phase reactor systems. Supercritical 
water has lower viscosity, lower dielectric constant, higher diffusivity, and higher 
ionization constant than ambient water, which significantly increases the rates o f 
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Figure 1. Dielectric constant (e) and ion dissociation constant (Kw) o f water as a 
function o f temperature (Kritzer and Dinjus 2001).
As we can see from Fig. 1, the dielectric constant o f water drops with temperature 
and at supercritical conditions approaches that o f non-polar solvents at ambient 
conditions.
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Table 1. Comparison of physicochemical properties of ambient and supercritical water 
(Kumar 2013)
Ambient water Supercritical water
Dielectric constant 78 < 5
Solubility of organic compounds Very low Fully miscible
Solubility of oxygen 6 ppm Fully miscible
Solubility of inorganic compounds Very high ~ 0
Diffusivity, cm2/s 10'5 10'3
Viscosity, g x cm/s 102 1 0 -4
Density, g/cm3 1 0.2-0.5
Hydrothermal processing of biomass can be divided into three main regions, 
which are liquefaction (biocrude, bio-oil production), catalytic gasification (hydrogen, 
methane production), and high-temperature gasification (syngas production), depending 
on the reaction temperature and pressure as shown in Fig. 2. Subcritical conditions (150- 
250 °C) can be used for pretreatment, hydrolysis, or extraction o f carbohydrates and 
proteins from biomass feedstocks. Higher reaction temperatures (200-370 °C) facilitate 
liquefaction of biomass. The temperatures between 400 and 500 °C provide effective 
reforming and gasification o f biomass feedstock. In order to enhance gasification 
reactions efficiency and achieve good reaction rates and selectivity, a catalyst is typically 
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Figure 2. Hydrothermal processing regions referenced to the pressure-temperature phase 
diagram o f water (Peterson, Vogel et al. 2008).
1.2. Biomass potential
In recent years, there is an increasing interest to renewable fuels production from 
a variety o f biomass feedstocks. Renewable and nuclear energy are considered by many 
as long term solutions that can solve the problems of energy security, sustainability, and 
climate change. However, only biomass has the potential to provide the large scale 
substitution o f hydrocarbon-based liquid transportation fuels and minimize the 
environmental issues (Farrell, Plevin et al. 2006). Biomass is the fourth largest source of 
energy in the world after coal, oil. and natural gas that possesses the following 
advantages (Kumar 2013):
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• It has a significant economic potential taking into account the depleting fossil 
resources and growing prices o f the fossil fuels;
• It provides energy security since the biomass resources are distributed all over 
the world;
• It is an environmentally benign and carbon-neutral resource that does not 
increase the greenhouse gas emissions and reduces the amounts o f NOx and SOx 
in the atmosphere.
Two major biofuel production pathways have been commercialized up to day. 
They are fermentation of starches obtained from com grains or sugar cane to produce 
ethanol and transesterification of oils obtained from canola, soy, and other oil crops to 
produce biodiesel. In both cases, biofuel production raises the issue “food versus fuel” 
and therefore has a limited potential. Since the biofiiels production from food feedstock 
has the limitations, much research and development efforts are currently focused on using 
non-food feedstocks (lignocellulosic biomass and microalgae). The main compounds o f 
lignocellulosic biomass are cellulose, hemicellulose, and lignin. Cellulose and 
hemicellulose are an excellent feedstock for ethanol production via enzymatic hydrolysis 
and fermentation. Lignin can be used for energy-rich bio-oil production that can be 
upgraded to renewable hydrocarbons by removal of oxygen. The typical composition of 





Figure 3. Typical composition o f lignocellulosic biomass (Kumar 2013).
Terrestrial crops are not very efficient in utilizing the solar energy and can 
convert only up to 1 W/m2 per year (Li 2008). Microalgae are generally more efficient in 
capturing the solar energy and converting it into biomass. The productivity o f microalgae 
can be 50 times greater than that o f switchgrass (Demirbas 2006). The Department of 
Energy, USA, conducted a comprehensive analysis o f the potential o f microalgae as a 
feedstock for biofuel production and reported that land is not a limitation for sustainable 
algae cultivation (DOE 2010).
Microalgae can be used for production of a wide range o f advanced bio fuels and 
bioproducts (Schenk, Thomas-Hall et al. 2008, Huesemann and Benemann 2009). 
Biofuels derived from microalgae are currently considered to be the most economical and 
technically viable route that is able to compete with petroleum-derived fuels (Chisti 
2010). This is due to a number o f potential advantages the algae have in comparison with 
terrestrial crops:
Higher annual growth rates, e.g., rates o f up to 37 tons per ha per annum have 
been recorded, primarily due to the higher photosynthetic efficiencies (up to 10% 
of the solar energy) when compared with terrestrial plants (Weissman and Tillett 
1992);
Higher lipid productivity (up to 75% dry weight for some algae species), with 
higher proportion o f triacylglycerols (TAG) that are essential for efficient 
biodiesel production (Schenk, Thomas-Hall et al. 2008);
Microalgae production can effect biofixation o f CO2 (production utilizes about 
1.83 kg of CO2 per kg of dry algal biomass yield) thus making a contribution to 
air quality improvement (Chisti 2008);
Capability o f growing in wastewater, which offers the potential for integrating the 
treatment of organic effluent with biofuel production (Cantrell, Ducey et al. 
2008);
Capability to thrive in saline/brackish water/coastal seawater and tolerate 
marginal lands (e.g. desert, arid- and semiarid lands) that are not suitable for 
conventional agriculture;
Inherent yield o f valuable co-products such as proteins, polyunsaturated fatty 
acids (PUFAs), pigments, biopolymers may be used to enhance the economics of 
production systems (Spolaore, Joannis-Cassan et al. 2006).
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Microalgae mainly comprise of proteins, carbohydrates, and lipids. The amounts 
of each compound depend on the species. Table 2 shows the general composition o f 
different microalgae.
Table 2. General composition o f different algae (% of dry matter) (Becker 2007)
Alga Protein Carbohydrates Lipids
Anabaena cylindrica 43-56 25-30 4-1
Aphanizomenon flos-aquae 62 23 3
Chlamydomonas rheinhardii 48 17 21
Chlorella pyrenoidosa 57 26 2
Chlorella vulgaris 51-58 12-17 14-22
Dunaliella salina 57 32 6
Euglena gracilis 39-61 14-18 14-20
Porphyridium cruentum 28-39 40-57 9-14
Scenedesmus obliquus 50-56 10-17 12-14
Spirogyra sp. 6-20 33-64 11-21
Arthrospira maxima 60-71 13-16 6-7
Spirulina platensis 46-63 8-14 4-9
Synechococcus sp. 63 15 11
As we can see from Table 2, many species o f algae have high lipid content, which 
makes them an excellent feedstock for renewable fuel production. Carbohydrate fraction
can be used for ethanol production. Proteins are a valuable co-product that can be used as 
an animal feed, as a feedstock for bioplastic production (Kumar, Hablot et al. 2014), or as 
a fertilizer for growing fresh algae that reduces the cost of converting the algae to fuels 
(Jena, Vaidyanathan et al. 2011).
Table 3 provides the composition o f the main compounds of lignocellulosic and 
microalgal biomass.
Table 3. Typical biomass feedstock compounds used for hydrothermal processing. 
Adapted from (Peterson, Vogel et al. 2008).
Compound Chemical formula Structural information
Tco.00001001/-)nc




Typical monomers: [C5H8O4], 
[C6H 10O5]
monosaccharide residues; 
degree of polymerization ~ 
500 -  3000
Typical monomers:
Polymer of aromatic 
subunits in random structure; 
molecular weight: >10 000
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RCOO, R’COO, R”COO are
Triacylglycerides RCOO-CH2CH(R’COO)CH2- fatty acids with ester
(oils) (R”COO) linkages to the glycerol
backbone
Monomer is amino acid
Proteins [NHCH(R)C(0)]n residue with various side (R)
groups; n ~ 50-2000
1.3. Major hydrothermal processes for biomass conversion
1.3.1. Hydrothermal liquefaction
Biomass feedstocks often contain 50-60 wt% oxygen and have low higher heating 
values (HHV) of 10-20 MJ/kg. Therefore, one of the main objectives in producing fuels 
from biomass is removal o f oxygen. Oxygen heteroatoms can be removed by dehydration 
(removal o f oxygen in form o f water), decarboxylation (removal of oxygen in form of 
carbon dioxide), and decarbonylation (removal of oxygen in form of carbon monoxide). 
Hydrothermal liquefaction (HTL) is an important process in biofuel production that 
allows obtaining a liquid product (often called biocrude) with a HHV of 30-36 MJ/kg and 
oxygen content o f 10-20 wt%. Biocrude can be further upgraded to hydrocarbons by 
removal o f oxygen heteroatoms by the above methods or converted to hydrogen gas or 
chemicals.
Biocrude can be produced by either HTL or fast pyrolysis o f biomass. However, 
biocrude from HTL has more desirable qualities than oils from fast pyrolysis and can be 
produced with higher energetic efficiency due to avoiding evaporating o f water. Oils
1 2
from fast pyrolysis have more oxygen and moisture content, a large amount (75-80 wt%) 
of polar organic compounds, and lower heating content (Bridgwater and Peacocke 2000).
In general, HTL is conducted under the following conditions: reaction 
temperatures from 280 to 380 °C, pressures from 7 to 30 MPa, time from 10 to 60 min, 
often with a catalyst present, which is genarally alkaline, and sometimes with reducing 
gases (H2 and CO) present (Elliott, Beckman et al. 1991).
HTL of lignocellulosic biomass proceeds through a series o f structural and chemical 
transformations (Chomet and Overend 1985, Demirbas 2000, Akhtar and Amin 2011):
• Hydrolysis o f biomass resulting in micellar-like structure;
• Depolymerization of the cellulose, hemicellulose, and lignin (the bonds of 
biomass materials are broken at heteroatom sites);
• Hydrolysis of the fragments produced;
• Chemical and thermal decomposition o f the fragments to smaller molecules;
• Dehydration and decarboxylation o f the resulting molecules.
In case of microalgal biomass, the three major components, which are 
carbohydrates, lipids, and proteins, also undergo hydrolysis, depolymerization, 
decomposition, and deoxygenation. Carbohydrates are rapidly hydrolyzed at 200 °C to 
produce glucose, frucrose, maltose, and 5-hydroxymethylfurfural that are further 
degraded depending on the reaction temperature and time (Nagamori and Funazukuri 
2004). Lipids under HTL conditions become miscible with water and at higher 
temperatures (330 to 340 °C) and water-to-oil ratios 2.5 to 5: 1, TAGs are hydrolyzed to
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produce free fatty acids (FFAs) (King, Holliday et al. 1999). At higher temperatures (400 
°C), fatty acids are subjected to deoxygenation to produce alkanes and alkenes, especially 
in the presence o f a catalyst (Watanabe, Iida et al. 2006) Proteins comprised of amino 
acids linked by peptide bonds between carboxyl and amine groups undergo slow 
hydrolysis and depolymerization that start occurring below 230 °C to produce amino 
acids and peptides (Toor, Reddy et al. 2013).
1.3.2. Hydrothermal gasification
Hydrothermal gasification (HTG) is a relatively novel process that leads to 
biomass degradation and gas formation above the critical point o f water. The main 
advantages of HTG are (Kumar 2013):
• can utilize wet biomass;
• high gasification efficiency at relatively low reaction temperatures (400-700 °C);
• homogeneous reaction medium with reduced transport limitations and a mass 
transfer resistance;
• easier separation of gaseous products;
• does not depend on type of biomass.
Biomass in supercritical water undergoes fast hydrolysis, which leads to fast 
degradation o f its polymeric structure. Supercritical water that has a low density and 
favors free radical reactions promotes the formation of H2, CH4, CO, CO2, and light 
hydrocarbons (Kruse and Gawlik 2003).
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There are two types o f HTG processes:
(1) low-temperature (350-500 °C) HTG with metal catalysts leading to formation of 
methane-rich gas;
(2) high-temperature (500-750 °C) HTG without catalysts or with non-metal catalysts 
leading to formation of hydrogen-rich gas (Matsumura, Minowa et al. 2005).
In near- or supercritical water (350-400 °C), biomass can be gasified mainly to 
methane and carbon dioxide in the presence o f a heterogeneous catalyst. At higher 
reaction temperatures, biomass is converted into hydrogen-rich gas mixture without a 
catalyst or in the presence of a non-metal catalyst (Elliott 2008). Hydrogen is an 
especially attractive source of energy that can be used in a number o f applications. For 
production of hydrogen from biomass, Watanabe et al. used ZrCh as a catalyst 
(Watanabe, Inomata et al. 2003), Elliott et al. and Byrd et al. used Ru, Rh, and Ni on 
different supports that demonstrated high catalytic activity (Elliott, Sealock et al. 1993, 
Byrd, Kumar et al. 2011).
HTG of lignocellulosic biomass involves rapid hydrolysis o f lignin and 
hemicellulose at lower temperatures and hydrothermolysis of remaining compounds at 
higher temperatures. Biomass subsequently undergoes a number o f chemical 
transformations including isomerization, dehydration, fragmentation, and condensation 
that lead to formation of gas (Matsumura, Minowa et al. 2005). The homogeneous 
supercritical reaction medium that has minimal transport limitation and a mass transfer 
resistance favors decomposition o f organic compounds into gases while suppresses the 
formation of tars and chars (Calzavara, Joussot-Dubien et al. 2005).
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In case of HTG of algal biomass, the presence o f sulfur and nitrogen in the protein 
fraction o f the feedstock can cause impurities in the resulting gas. Sulfur content of 
microalgae are low (< 0.1 wt%) and can hardly be a matter of concern. However, 
nitrogen content of algae is high and leads to formation o f NH3, NOx, and H C N  that have 
to be removed from the gas mixture before further processing. Unlike lignocellulosic 
biomass, microalgae do not contain recalcitrant fibers and can be easily gasified under 
supercritical water conditions. It was reported that more than 80 wt% of microalgal 
biomass (Chlorella vulgaris) was gasified in supercritical water at 400-700 °C for 1-15 
min with a Ni catalyst. The produced gas mainly contained CO2, CO , CH4 , H2, and some 
light (C2-C3) hydrocarbons (Chakinala, Brilman et al. 2010).
1.3.3. Hydrothermal carbonization
Hydrothermal carbonization (HTC) is a process for production o f biochar from 
biomass feedstock. Biochar is a carbon-rich product with a high energy density 
comparable to that of bituminous coal. It can be produced from any solid organic 
feedstock such as wood wastes, agricultural residues, paper sludge, etc. The friable 
structure and high calorific value o f biochar make it an excellent solid fuel. Resistance to 
decomposition and porous structure makes biochar an excellent means for soil 
amendment (Bruun and Luxhoi 2008). Table 4 compares some qualities o f biomass and 
biochar as solid fuel.
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Table 4. Comparison of biomass and biochar as solid fuels (Kumar 2013)
Biomass Biochar
High moisture content Low moisture content, easily dried
Low heating value, high transportation cost High heating value, less transportation cost, $/MJ
Perishable during storage Non-perishable
Fibrous structure, difficult to handle Friable structure, easier to compact and handle
Poor compatibility with coal for co-firing Good compatibility with coal for co-firing
In the nature, coal is formed from plant material under high temperature and 
pressure for millions of years. The acceleration o f this process by a factor o f 106- 109 in 
hydrothermal medium under milder reaction conditions can be a technically feasible and 
attractive alternative to the natural process (Titirici, Thomas et al. 2007).
Biomass typically contains 40-60% oxygen. Maximal removal o f oxygen from 
biomass is the main objective for biochar production. This can be done by dehydration 
(removal o f oxygen in form of water) and/or decarboxylation/decarbonylation (removal 
of oxygen in form of CO2/CO). Subcritical water provides an ideal medium for those 
kinds o f chemical reactions. It serves as a reactant, reaction medium, and catalyst that 
helps biomass compounds undergo hydrolysis, depolymerization, dehydration, 
decarboxylation, and condensation/repolymerization reactions. Several chemical 
mechanisms play an important role in biomass conversion in hydrothermal medium:
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proton-catalyzed mechanism, direct nucleophilic attack, hydroxide ion catalyzed 
mechanism, and the radical mechanism (Savage 1999, Masaru, Takafumi et al. 2004).
Subcritical water at 180-250 °C is an efficient reaction medium for biochar 
production (Kumar 2010). Several hours is typically required to remove most of oxygen 
from biomass by dehydration and to change the fibrous structure of biomass. Dehydration 
of biomass can be accelerated by the addition of a small amount of acid to the reaction 
medium. The oxygen content of the obtained biochar can be reduced to 10-30 wt% 
depending on the reaction temperature and time (Kalderis, Kotti et al. 2014).
Biochar is traditionally produced by slow pyrolysis at the temperatures of 500 to 
800 °C. HTC, which is conducted in subcritical water below 300 °C, can be an 
economically preferable option for biochar production.
1.3.4. Catalytic hydrodeoxygenation
Biomass with high lipid content is an attractive feedstock for producing 
renewable fuels. Biomass-derived oils that primarily consist o f TAGs and FFAs can be 
readily converted into biodiesel via the well-studied transesterification process 
(Mittelbach and Remschmidt 2004, Knothe, Krahl et al. 2005). However, due to some 
oxygen content, biodiesel cannot serve as a fully-fledged replacement for conventional 
petrodiesel. In this respect, renewable diesel obtained via catalytic hydrodeoxygenation 
(HDO) of lipid-based feedstocks is a more attractive and fungible option. This process 
makes it possible to produce fuels with the chemical composition indistinguishable from 
that of petroleum-derived products. Since all kinds of biomass have high oxygen content, 
research of the catalytic HDO process attracts much attention. In the research by Corma
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(Corma, Iborra et al. 2007), Huber (Huber, Iborra et al. 2006), Kamm (Kamm, Gruber et 
al. 2000), and Centi (Centi and Santen 2007) with co-workers, different chemical routes 
for the transformation and upgrading of this category o f biomass into chemicals and fuels 
have been investigated.
HDO is a hydrogenolysis process for removing oxygen from various compounds 
that is conducted under high hydrogen pressure and at high temperatures in the presence 
of a specific heterogeneous catalyst. HDO is an efficient technology for the production of 
fuels from renewable feedstocks as discussed in the studies by Marinangeli et al. 
(Marinangeli, Marker et al. 2005) and Choudhary and Phillips (Choudhary and Phillips 
2011).
Transesterification is an important process for producing bio fuels from lipid- 
based feedstocks. This conventional process can be typically performed by 
transesterification of TAGs with an alcohol in the presence o f an alkali catalyst to form 
FAMEs.
Bio fuels can be also produced from TAGs by removing oxygen and saturating 
double bonds of fatty acid chains with hydrogen via catalytic HDO. In this case, 
renewable diesel that consists o f straight-chain hydrocarbons and propane are formed (R’ 
represents saturated alkyl groups, R -  unsaturated alkyl groups):
During HDO, hydrocarbons with lower oxygen content are produced:
CH2 OCOR-i CH3 R^Ha
| Catalyst |
CH O C O R 2 +  H2 -------- ► CH2 +  R2'H3 +  h 2o / c o x
c h 2------ o c o r 3 c h 3 R3'H 3
19
Bio-oils produced from lignocellulosic biomass can be upgraded via HDO process 
to obtain saturated hydrocarbons in a similar way (Elliott 2007, Bu 2012). Table 5 
summarizes the typical operation conditions for renewable fuel production via HDO of 
oils/bio-oils.
Table 5. Typical operating conditions for HDO ofbio-oils (Elliott 2007)
Temperature, °C 250-400
Pressure, MPa 1 0 - 2 2
Liquid hourly space velocity,
0 .1 -0 . 8
(vol. oil)/(vol. catalyst)/h
Hi  feed rate,
100-700
(L H2)/(L bio-oil)
Catalyst active metals C0O/M0O3, NiO/M oOs, NiO/WOa, Ni, Pt
Catalyst support AI2O3, Y-AI2O3, silica-alumina, Y-zeolite/Ah0 3
The structure of resulting renewable diesel molecules is indistinguishable from 
that of petrodiesel molecules. In this respect, Holmgren et al. (Holmgren, Gosling et al. 
2007) found it especially attractive that HDO of biomass-derived feedstocks can be 
performed at the existing refineries. This can significantly minimize capital costs required 
for the industrial application of the process, thus making it one o f the most important 
advantages of the HDO route.
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During the catalytic HDO of lipid-based feedstocks, several types o f reactions 
take place. They can be divided into four main categories:
• Hydrogenation o f the double bonds o f the fatty acids chains (Benedict and 
Daubert 1950);
• Thermal decomposition/degradation of TAGs (Vonghia, Boocock et al. 1995);
• Decarbonylation, decarboxylation, and hydrodeoxygenation o f those degradation 
products (FFAs and fatty alcohols, mono- and diacylglycerols, glycerol, etc.) to 
produce straight-chain alkanes (Leung, Boocock et al. 1995, Snare, Kubickova et 
al. 2008, Krar, Kovacs et al. 2 0 1 0 );
• Isomerization and cracking o f those alkanes (Huber, O ’Connor et al. 2007).
Complete reaction pathways of the catalytic HDO of vegetable oils were studied 
in details and illustrated by Huber and co-workers (Huber, O ’Connor et al. 2007) and by 
Kubicka and Kaluza (Kubicka and Kaluza 2010). It was stated that in the presence of 
hydrogen and conventional hydrotreating catalysts at elevated temperatures (300-450 °C), 
fatty acids chains get saturated, TAGs decompose into FFAs and other intermediates, and 
those intermediates undergo decarbonylation, decarboxylation, and hydrogenolysis to 
produce renewable diesel. During hydrogenolysis, fatty acid esters are reduced to fatty 
alcohols directly or via dehydration-hydrogenation steps and fatty alcohols are reduced to 
alkanes (Yakovlev, Khromova et al. 2009). The reaction pathways o f conversion of 
TAGs into alkanes, influence on temperature, pressure, catalysts, and hydrogen on the
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process will be reviewed in details in Chapter 2. The overall reaction network is provided 
in Fig. 4.
R - H  or R - H R * saturated alkyl group 
R' - unsaturated alkyl group
-C OR -C O O H
+ h 2
R - C H O *  R - C H 2~O H
* M»G
r - c h 3
Figure 4. Fatty acids deoxygenation pathways over Pd/C catalyst (Davis and Barteau
Sub- and supercritical water can be an attractive reaction medium for hydrolysis 
o f TAGs and deoxygenation o f resulted FFAs to produce liquid fuels. It is now 
commonly accepted that the rates of chemical reactions can be substantially increased 
due to reduction o f interphase mass transfer resistances and the ability o f supercritical 
water to maintain both ionic and free-radical reactions (Antal, Brittain et al. 1987).
TAGs can be readily split to form FFAs and glycerol via Colgate-Emery process 
(Bameby and Brown 1948). King and co-workers found that fast hydrolysis o f TAGs can 
be conducted at the temperatures of 330 to 340 °C and oil-to-water ratios o f 1:2.5 to 5.0. 
At these conditions, the yield of FFAs can be 90 to 100% (King, Holliday et al. 1999). It 
was observed that the phase behavior of components is crucial for the process and 
determined that the reaction quickly went to completion with almost 100% yield o f FFAs 
when the mixture became a single phase at 339 °C.
1990).
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No research has been conducted on catalytic HDO of lipid-based feedstocks in 
hydrothermal medium yet. However, in recent years, a few studies on fatty acid 
decarboxylation in hydrothermal media without adding hydrogen were carried out. The 
advantage of hydrothermal medium is not only the use of water as an environmentally 
benign solvent but also the avoidance of a separation step after TAGs hydrolysis and 
generation of FFAs (Idem, Katikaneni et al. 1996, Huber and Dumesic 2006). FFAs have 
been shown to degrade in hydrothermal media producing long-chain hydrocarbons. 
Watanabe and co-workers investigated the decomposition of stearic acid (C 17H35COOH) 
in a fixed bed batch reactor to the maximum temperature o f 400 °C (Watanabe, Iida et al.
2006). Two major products, C 17H36 and C16H32, were found in the reaction products. The 
authors compared this process to the stearic acid pyrolysis and found that stearic acid 
decomposition under hydrothermal conditions was suppressed and resulted in prevailing 
alkenes over alkanes. The formation o f shorter-chain hydrocarbons was also suppressed 
under the hydrothermal conditions. However, when NaOH or KOH was added, 
decomposition o f stearic acid enhanced significantly producing more alkanes than 
alkenes.
Fu et al. conducted a series o f research projects on hydrothermal deoxygenation 
of fatty acids. It was reported that Pd/C and Pt/C catalysts possess catalytic activity in 
near critical water at 370 °C for decarboxylation of a saturated fatty acid (palmitic acid) 
with 76% molar yield o f pentadecane (Fu, Lu et al. 2010). It was found that Pt/C catalyst 
is more active in water than Pd/C catalyst. However, the catalyst metal dispersion 
exhibited a significant reduction (from 38.9% to 0.8% for Pt and from 21.1 to 1.5% for 
Pd) after the reaction for 1-3 h.
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Fu et al. (Fu, Lu et al. 2011) studied the effect of degree of fatty acid unsaturation 
on the decarboxylation over Pt/C catalyst in subcritical water at 330 °C. It was reported 
that unsaturated fatty acids provided much lower heptadecane yield (< 2 0 %) and 
selectivity than saturated fatty acids (> 80%) after the reaction for 2.5 h.
Fu et al. also demonstrated that activated carbon itself possesses catalytic activity 
for decarboxylation o f both saturated and unsaturated fatty acids, which can be a low-cost 
alternative to the expensive noble metal catalysts (Fu, Shi et al. 2011). However, the 
major product from oleic acid conversion was stearic acid with 24% molar yield. The 
desired decarboxylation product (heptadecane) molar yield was only 6 % after the 
reaction at 370 °C for 3 h. In all cases, complete hydrogenation was not observed, and the 
reaction products included both alkanes and alkenes.
Further research is required in order to increase hydrogenation and deoxygenation 
efficiency o f the hydrothermal process, increase conversion of fatty acids, molar yield of 
alkanes, and selectivity for the respective products.
1.4. Motivation and scope of the study
Biomass is the fourth largest source o f energy in the world after coal, oil, and 
natural gas. From all available sources o f renewable energy, only biomass has the 
potential to provide the large scale substitution o f hydrocarbon-based liquid 
transportation fuels and minimize the environmental issues (Farrell, Plevin et al. 2006).
In recent years, biomass-derived fuels received increasing attention as one o f the 
solutions to the U.S.’ growing dependence on imported oil, which exposes the country to
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the risk of critical disruptions in the fuel supply, creates economic and social 
uncertainties for businesses and individuals, and impacts the national security (DOE 
2010). The Energy Independence and Security Act of 2007 (EISA 2007) established a 
mandatory Renewable Fuel Standard (RFS) requiring the transportation fuel sold in the 
U.S. to contain a minimum of 36 billion gallons per year of renewable fuel, including 
advanced cellulosic and biomass-based diesel, by 2 0 2 2 .
In order to develop a sustainable and efficient way o f biomass processing in 
hydrothermal media, maximize yields o f bio fuels, useful intermediates and byproducts, 
maximize energy yields, minimize the costs o f processing, and contribute to the 
development of biomass-based biorefinery concept, different novel approaches to 
biomass conversion were investigated in this work.
Biomass with high lipid content is an attractive feedstock for renewable fuels 
production. Biomass-derived oils can be readily converted into biodiesel via the well- 
studied transesterification process. However, due to some oxygen content, it cannot serve 
as a fully-fledged replacement for conventional petrodiesel. In this respect, renewable 
diesel obtained via catalytic hydrodeoxygenation of lipid-based feedstocks is a more 
attractive and fungible option. This process makes it possible to produce fuels with the 
chemical composition indistinguishable from that of petroleum-derived products. Since 
all kinds o f biomass have high oxygen content, comprehensive research o f the catalytic 
HDO process attracts a great interest. Chapter 2 provides a comprehensive review o f the 
state-of-the-art studies related to the catalytic HDO of lipid-based feedstocks including 
microalgae for the last decade with an analysis of the possible advantages o f this process.
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Lignocellulosic biomass is currently widely used for ethanol production using a 
biochemical route. It involved enzymatic hydrolysis followed by microbial fermentation. 
The process is able to utilize only cellulose and hemicellulose contained in the biomass 
and therefore leaves behind from 30 to 40% of unhydrolyzed solids (UHS) containing 
mostly lignin. The efficient conversion of UHS into bio-oil would increase the overall 
conversion efficiency o f ethanol production and has the potential to reduce the cost of 
biofuel production from lignocellulosic biomass. In Chapter 3, bio-oil production from 
the lignin waste via hydrothermal liquefaction was investigated. The effects of reaction 
temperatures (280-350 °C) and catalysts (homogeneous K2CO3 and heterogeneous 
C0M 0/AI2O3) on the degree of liquefaction, bio-oil yield, energy conversion ratio, and 
bio-oil composition were studied and the overall mass balance o f the process was 
developed. The results o f the study can contribute to the development o f the integrated 
process that includes ethanol and bio-oil production from lignocellulosic biomass and 
upgrading the bio-oil to liquid hydrocarbons.
A novel integrated oil extraction process that includes hydrothermal pretreatment 
and oil extraction (HPOE) from the whole oilseeds followed by hydrothermal 
carbonization of the extracted seedcake to biochar was developed and reported in Chapter 
4. Five different types o f oilseeds including cotton-, flax-, mustard-, canola-, and jatropha 
seeds were used in the study. The seeds were subjected to hydrothermal pretreatment in 
the range o f temperatures from 120 to 210°C for 30 min. Oils were extracted from the 
pretreated seeds using n-hexane in a Soxhlet apparatus for 120 min. The crude oil yields 
from the pretreated seeds at 180 °C and 210 °C were significantly higher than those from 
the respective untreated ground seeds. The seedcake after oil extraction was subjected to
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HTC at 300 °C with the recycled aqueous phase collected from the pretreatment step. The 
kinetics study showed that HPOE method provided better extractability o f oil and shorter 
extraction time. Analyses o f the crude oil did not show significant signs o f degradation 
after the hydrothermal pretreatment o f oilseeds. The mass and energy balances of the 
process were developed. The study is the first o f its kind where integrated oil extraction 
and biochar production from oilseeds have been studied with the objective o f minimizing 
feedstock preparation and maximizing oil extraction and overall energy conversion using 
environmentally benign hydrothermal processes. The extracted oil can be used for the 
renewable fuel production.
In Chapter 5, the results of hydrothermal liquefaction of microalga Scenedesmus 
sp. with following catalytic gasification of the aqueous phase in near- and supercritical 
water were reported. In this study, we attempted to maximize the overall energy yield by 
producing gas from the extracted aqueous phase. Scenedesmus sp. was liquefied in a 
batch reactor at 300 °C for 30 min. The liquid phase consisting mainly o f partially 
hydrolyzed carbohydrates and proteins were rich in nutrients required for growing the 
fresh algae that can be recycled. However, the direct use of the liquid phase as a source of 
nutrients poses challenges due to the presence o f some inhibitors that can suppress the 
algae growth. The liquid phase was extracted with dichloromethane yielding energy- 
dense bio-oil. After that, the extracted aqueous phase was subjected to gasification in a 
continuous flow reactor over an activated carbon catalyst at the temperatures from 350 to 
400 °C with a weight hourly space velocity (WHSV) o f 3.3 h"1. The produced gas 
contained mostly H2, light hydrocarbons, and CO2 . The results o f the study show that 
considerable amount of H2 and gaseous hydrocarbons can be produced at relatively low
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temperature o f 400 °C using a low-cost activated carbon as a catalyst. The processed 
aqueous phase was intended to be used as a source of nutrients for microalgae growth in 
the followed up research. It was reported that that some strains o f microalgae (i.e., 
Chlorella vulgaris and Nannochloropsis gaditana) can grow as well as in the standard 
medium even when 75% of the nutrients were substituted by the addition o f the aqueous 
phase after HTG (Lopez Barreiro, Bauer et al. 2015). The integration of HTL and HTG of 
the algal biomass with the following nutrient recycling could be an important approach to 
the biorefinery concept in terms of maximizing the carbon utilization in an economically 
viable way.
One o f the main goals o f this work was to find an efficient way of the renewable 
fuel production from algal oil, which mainly contains unsaturated fatty acids. Therefore, 
oleic acid was employed as a model compound in the study. In this research project, a 
novel approach to converting fatty acids into «-alkanes was investigated (Chapter 6 ). Fuel 
range hydrocarbons were obtained in a continuous flow process from oleic acid using 
near- and supercritical water as reaction medium, granulated activated carbon as a 
catalyst, and < 1 % v/v formic acid as an in situ source of hydrogen. Formic acid in low 
concentrations can serve as an active donor of free-radical hydrogen and provide the 
complete hydrogenation o f unsaturated fatty acids/hydrocarbons within a short residence 
time. No supplying o f gaseous H2 with high feed rates and no noble metals are required. 
The study shows that activated carbon can be a promising and inexpensive alternative to 
the costly noble metal catalysts for renewable fuel production in hydrothermal medium. 
The experimental part was carried out in a packed-bed tubular reactor with the weight 
hourly space velocity o f 4 h ' 1 at the temperatures from 350 to 400 °C and pressure 3500
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psi (24.1 MPa). The oil to water to formic acid ratio was 1:5:0.05 by volume. The main 
reaction pathways were hydrogenation of oleic acid and decarboxylation/decarbonylation 
o f the resulted stearic acid to form heptadecane. The results o f the study show that the 
efficient hydrothermal deoxygenation o f fatty acids can be achieved with activated 
carbon as a catalyst and formic acid as an in situ source of hydrogen within minutes. The 
analyses o f the obtained renewable diesel and kinetics study o f the process were carried 
out and showed the high efficiency o f the process. The proposed process is readily 
scalable and offers a green approach to the renewable fuel production.
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CHAPTER 2
RENEWABLE FUELS VIA CATALYTIC HYDRODEOXYGENATION OF 
LIPID-BASED FEEDSTOCKS (REVIEW)
Note: the contents o f this chapter have been published in Biofuels. Popov, S., Kumar, S. 
Renewable fuels via catalytic hydrodeoxygenation of lipid-based feedstocks. Biofuels, 4
(2), 219-239 (2013). DOI: 10.4155/bfs. 12.89.
Energy security concerns have led to the search for alternative and renewable 
energy resources. Biomass with high lipid content is an attractive feedstock for producing 
renewable fuels. Biomass-derived fats and oils can be readily converted into biodiesel via 
the well-studied transesterification process. However, due to some oxygen content, it 
cannot serve as a fully-fledged replacement for conventional petrodiesel. In this respect, 
renewable diesel obtained via catalytic hydrodeoxygenation (HDO) of lipid-based 
feedstocks is a more attractive and fungible option. This process makes it possible to 
produce fuels with the chemical composition indistinguishable from that o f petroleum- 
derived products. Since all kinds of biomass have high oxygen content, comprehensive 
research of the catalytic HDO process arouses a great interest. The paper aims to review 
the state-of-the-art studies related to the catalytic HDO of lipid-based feedstocks for the 
last decade. The suitability of microalgae as a feedstock for renewable fuel production as 
well as the possible advantages of processing lipid-based feedstocks using aqueous HDO 
is also addressed in this review.
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2.1. Introduction
In recent years, biomass-derived fuels have received increasing attention as one 
solution to the U.S.’ continued and growing dependence on imported oil, which exposes 
the country to the risk of critical disruptions in fuel supply, creates economic and social 
uncertainties for businesses and individuals, and impacts the national security (DOE 
2010). The Energy Independence and Security Act of 2007 (EISA 2007) established a 
mandatory Renewable Fuel Standard (RFS) requiring transportation fuel sold in the U.S. 
to contain a minimum of 36 billion gallons of renewable fuel, including advanced 
cellulosic and biomass-based diesel, by 2 0 2 2 .
Renewable fuel can be defined as fuels produced from biological sources such as 
biomass to reduce the amount o f fossil fuel used in transportation system. There are many 
biofuel production technologies that are capable o f producing liquid transportation fuels 
via processing and upgrading different kinds o f biomass and municipal waste feedstocks. 
Biofuels are classified based on the type of feedstocks and technologies used to produce 
them (Naik, Goud et al. 2010). First-generation bio fuels are bio fuels made from edible 
feedstocks such as sugar, starch, and vegetable oil and usually employ enzymatic 
fermentation or transesterification processes of the above feedstocks to produce biofuels. 
Second generation biofuels are produced from sustainable feedstocks such as 
lignocellulosic biomass, municipal wastes, inedible oils and greases, etc. via pyrolysis, 
gasification followed by Fischer-Tropsch synthesis, or hydrothermal liquefaction 
technologies. Third generation biofuels that are currently in an active research and 
development stage are derived from microalgae and other aquatic species with high 
biomass yield. The International Energy Agency (IEA) categorizes different generation
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biofuels as conventional and advanced biofuels. According to the IEA, ethanol from 
sugar and starch crops, biodiesel via transesterification, and biogas via anaerobic 
digestion are considered as conventional biofuels whereas other biofuels produced mainly 
from non-food biomass are considered as advanced biofuels.
Biomass feedstocks can also be classified into three categories, which are 
carbohydrates, lignin, and fats/oils. Carbohydrates mainly include the fractions 
containing sugars, celluloses, and hemicelluloses. Lignin is one o f the main components 
of wood, agriculture residues, and so-called energy crops. Fats and oils primarily consist 
of triacylglycerols (TAG) and fatty acids. The last category is of primary interest of this 
paper that aims to review the studies related to catalytic HDO of the real feedstocks in the 
last decade. In the research by Corma (Corma, Iborra et al. 2007), Huber (Huber, Iborra 
et al. 2006), Kamm (Kamm, Gruber et al. 2000), and Centi (Centi and Santen 2007) with 
co-workers, different chemical routes for the transformation and upgrading o f this 
category of biomass feedstocks into chemicals and fuels have been investigated.
Fuels derived from non-food based lipid biomass such as fats and oils are being 
viewed as one of the important options of producing drop-in liquid fuels. Different 
processes can be employed for producing biofuels from biomass-derived fats and oils. 
Depending on the technology utilized, biofuels with different composition and properties 
can be obtained. Among them, biodiesel (Mittelbach and Remschmidt 2004, Knothe, 
Krahl et al. 2005), which is a mixture of mono-alkyl esters o f fatty acids, is the most 
studied up to date. It can be typically produced via the reaction o f transesterification of 
the TAGs with an alcohol in the presence of a base catalyst (Knothe, Krahl et al. 2005).
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Compared to traditional diesel fuel, biodiesel has the advantages of reducing 
particulate exhaust emissions, biodegradability, higher flash point, and can be produced 
locally near the feedstock source (Knothe, Krahl et al. 2005). However, biodiesel has a 
number o f shortcomings, namely: low energy density resulting from high oxygen content, 
poor cold flow properties, relatively high production costs due to costly feedstock 
production/oil extraction, higher NOx exhaust emissions, corrosion properties, and 
generally limited to relatively high quality (e.g., low free fatty acid (FFA) content) 
feedstock. With these difficulties that are mainly conditioned by unsaturated chemical 
bonds, unreacted FFA, presence of carboxyl and other oxygen functional groups, efforts 
are underway to develop alternative production process to produce drop-in biofuels to 
replace petroleum-derived fuels.
2.1.1. Terminology for fuels
Terminology is important for the correct definition o f different kinds of fuels that 
are the subject of our discussion. Reviewing the present literature, we can see that 
sometimes one term is used for different fuels and different terms are used for the same 
fuel derived from lipid-based feedstocks. Therefore, we need to correctly define the fuel 
categories that will be discussed and compared in the paper.
Petrodiesel is the diesel fuel derived from petroleum that meets the requirements of the 
standards ASTM D 975 in the United States and EN 590 in Europe.
Biodiesel: According to the US standard specification for biodiesel fuel blend stock 
(B100) for middle distillate fuels ASTM D 6751, biodiesel is a “fuel comprised o f mono­
alkyl esters of long-chain fatty acids derived from animal fats or vegetable oil”. European
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Committee for Standardization in the standard EN 14214 defines biodiesel as fatty acid 
methyl esters (FAME).
Renewable diesel is the most contradictory term that is used for definition of petroleum­
like diesel produced from renewable biological resources. The term “green diesel” is also 
used for defining the same fuel. Even though this term may attribute to the origin of the 
fuel, the resulting diesel has the same nature as petrodiesel. Therefore, in order to avoid 
confusion, the best term for the fuel derived from a renewable resource has to be 
“renewable diesel” (Knothe 2010).
F-TDiesel/Syndiesel: The term “synthetic diesel” (syndiesel) defines liquid hydrocarbons 
produced from syngas (CO and H2) using Fisher-Tropsch (F-T) synthesis process. This 
gas-to-liquids technology can be employed to produce syndiesel from the products of 
gasification of natural gas, coal, and almost any kind of biomass. Syndiesel has greater 
cetane number and little or no aromatics and sulfur content in comparison with 
petrodiesel.
The main properties o f the different kind o f fuels discussed above were studied by 
Kalnes (Kalnes, Marker et al. 2007), Kuronen (Kuronen, Mikkonen et al. 2007), and 
Rantanen (Rantanen, Linnaila et al. 2005) with co-workers. The comparison of different 
diesel fuels properties are shown in Table 6 .
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Table 6 . Comparison of different diesel fuels (EN 590 , ASTM D 6751 , EN 14112 , EN 
14214 , Leckel and Liwanga-Ehumbu 2006, Lamprecht 2007, Kalnes, Marker et al. 2008, 
Oja 2008)
Fuel properties Petrodiesel Biodiesel Renewable Diesel Syndiesel
Oxygen, % 0 11 0 0
Specific gravity 0.84 0 . 8 8 0.78 0.77
Sulfur, ppm < 1 0 < 1 < 1 < 1
Heating value, 
MJ/kg
43 38 44 44






22-33 3-6 N/A N/A
(Rancimat method)
*For biodiesels produced from vegetable oils 
**For biodiesels produced from animal fats
No report on oxidative stability of renewable diesel and syndiesel being tested 
according to the petrodiesel standards ASTM D 975 or EN 590 seems to be available yet 
(Knothe 2010). However, taking into account other available properties o f those fuels, it 
appears likely they would exhibit oxidative stability comparable to petrodiesel.
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2.1.2. HDO process
HDO is a hydrogenolysis process for removing oxygen from various compounds 
that is conducted under high hydrogen pressure and at high temperatures in the presence 
of a specific heterogeneous catalyst. During HDO, hydrocarbons with lower oxygen 
content are produced. HDO is an efficient technology for the production o f fuels from 
renewable feedstocks as discussed in the studies by Marinangeli (Marinangeli, Marker et 
al. 2005) et al. and Choudhary et al. (Choudhary and Phillips 2011). HDO takes place 
during hydroprocessing of petroleum along with hydrodesulfurization (HDS), 
hydrodenitrogenation (HDN), hydrodemetallization (HDM), and saturation o f 
olefins/aromatic compounds (Leliveld and Eijsbouts 2008). The examples o f the 
reactions are as follows:
HDS: C4H4S +  3H 2 C4Hg + H 2S 
(thiophene)
(1)
HDN: C4H5N +  3H 2 -► C4H8 + NH3 
(pyrrole)
(2)
HDO: C4H4O +  3H2 C4H8 +  H 20
(furan)
(3)




The purpose o f conventional hydroprocessing reactions in petroleum refineries is 
to remove sulfur, nitrogen, and oxygen heteroatoms from petroleum. In these processes, 
more attention is paid to HDS and HDN because oxygen content of the feedstock is low, 
typically less than 0.3 wt%. However, since biomass feedstocks contain a large amount of 
oxygen, HDO is more focused on oxygen removal and molecular-weight reduction o f 
biofuels. HDO technologies are similar to those for converting crude oil to fuels and play 
rather a crucial role in biofuel upgrading, which largely determines the biofuel properties. 
The oxygen content of biomass varies with the type o f biomass and may approach 50 
wt% (Thigpen and Berry 1982, Elliott, Beckman et al. 1991, Bridgwater and Peacocke 
2000). In the comprehensive reviews by Furimsky (Furimsky 2000) and Elliott (Elliott
2007), HDO of different biomass-derived products has been thoroughly analyzed. The 
review by Furimsky mainly focuses on the chemistry o f HDO for a number of oxygen- 
containing compounds in petroleum and bio-oils obtained via biomass pyrolysis. Elliott 
reviews different HDO technologies and processes employed in upgrading of bio-oils. 
HDO of lignin-derived phenols was recently reviewed by Bu et al. (Bu 2012) This work 
reviewed the reaction mechanisms and kinetics of HDO for different lignin-derived 
compounds as well as the catalysts that can be applied for HDO of lignin-derived 
phenols. Table 7 summarizes typical operating conditions for HDO of bio-oils.
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Table 7. Typical operating conditions for HDO of bio-oils. Reproduced from (Elliott 
2007).
Temperature, °C 250-400
Pressure, MPa 10-18 22






Catalyst active metals C0 O/M0 O3, NiO/Mo03, NiO/WCh, Ni, Pt
Catalyst support AI2O3, Y-AI2O3, silica-alumina, Y-zeolite/AbCE
Transesterification is an important process for producing bio fuels from lipid- 
based feedstocks such as animal fats and vegetable oils. This conventional reaction can 
be typically performed by esterification o f TAGs with methanol in the presence of alkali 
catalyst to form FAME. The FAME molecules consist of the fatty hydrocarbon tails Ri, 
R2 , or R3 that vary in the length of carbon chains and in the number o f unsaturated bonds 





CH-------OCOR2  + 3 HOCH3  ^  CH — OH + R2— COOCH3
CH2  OCOR3  CH2— OH r 3— COOCH3
(5)
Triglyceride Methanol Glycerol Methyl esters 
(biodiesel)
Biofuels can be also produced from TAGs by removing oxygen and saturating 
double bonds o f fatty acid chains with hydrogen (e.g., via catalytic HDO). In this case, 
renewable diesel that consists of straight-chain hydrocarbons and propane are formed (R’ 
represents saturated alkyl groups, R -  unsaturated alkyl groups):
The structure o f resulting renewable diesel molecules is indistinguishable from 
that of petrodiesel molecules. In this respect, Holmgren (Holmgren, Gosling et al. 2007) 
finds it especially attractive that HDO of biomass-derived feedstocks can be performed at 
the existing refineries. This can significantly minimize capital costs required for the 
industrial application of the process, thus making it one of the most important advantages 
of the HDO route.
A number o f research projects were conducted for understanding the HDO 
process chemistry in the recent years. In most of the research, model fats and oils 
represented by different TAGs, fatty acids, and fatty acid alkyl esters were used. 
Tristearate, stearic acid, and methyl stearate were commonly used in those studies. A 
significant contribution to understanding of the HDO reaction pathways in the last decade
CH 2  OCOR c h 3  R 1 'H 3
Catalyst
CH OCOR 2  + H2  --------► CH2  +  r 2 'H 3  +  h 2 0 /C 0 x (6)
CH 2  OCOR 3 c h 3  R3 'H 3
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was made by Krause and co-workers (Viljava, Komulainen et al. 2000, Viljava, Saari et 
al. 2001, §enol, Viljava et al. 2005, §enol, Viljava et al. 2005, Senol, Ryymin et al. 2007, 
§enol, Ryymin et al. 2007, §enol, Viljava et al. 2007). The studies of model feedstocks 
are important for understanding the reaction kinetics and assessing catalyst activities and 
selectivities for HDO. However, this paper aims to review the recent progress in the 
catalytic HDO of real feedstocks, namely animal fats, vegetable oils, algae lipid-rich 
residue, etc.
The paper focuses mainly on the effect of process parameters, feedstock, 
hydrogen, and types o f heterogeneous catalyst on HDO process. Among the several 
renewable energy options available, biomass is the only renewable source that is capable 
of producing petroleum-compatible products (Perlack, Wright et al. 2005). The major 
focus is on non-food biomass resources. In general, higher land plants are not very 
efficient in capturing the solar energy. The biomass productivity o f microalgae can be 50 
times greater than that of biomass such as switchgrass (Demirba§ 2006). Despite the 
several advantages o f microalgae over other biomass feedstocks for liquid fuels 
production, the high moisture content/ dewatering is a major challenge in utilizing 
microalgae cost-efficiently. Conversion processes that can process wet biomass are 
highly desirable for reducing the energy intensive dewatering cost. Hydrothermal media, 
which can be broadly defined as water-rich phase above 200 °C (sub- and supercritical 
water) offers several advantages over other biofuel production methods (Peterson, Vogel 
et al. 2008). The present paper reviews the application of hydrothermal media for HDO 
(aqueous HDO) process, when vegetable oils or microalgae are used as a feedstock.
40
2.2. Fuel composition and properties
The fuel properties are largely influenced by its composition (Fig. 5). As it was 
mentioned above, biodiesel or FAME represents alkyl esters o f fatty acids derived from 
the TAGs, which, in their turn, are the main constituent o f animal fats and vegetable oils. 
The structure o f the fatty acids that are typically unsaturated straight-chain molecules 
with 16 or 18 carbon atoms, determines the structure o f biodiesel molecules. Biodiesel 
fuels also contain residual mono-, di, and triglycerols, FFAs, methanol, sterols, 
glucosides, and glycerol. These impurities have been limited by the biodiesel standards 
ASTM D 6751 and EN 14214.
400 i----------      - - - ......- ......  — ■
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Petrodiesel Biodiesel Renewable Diesel Syndiesel
Max Cetane #
Min Cloud Pt (deg C)
Figure 5. Properties of different types o f diesel fuels.
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Cetane number is a measurement o f the combustion quality o f diesel fuel during 
compression ignition and is an important characteristic o f its overall quality. The higher 
is the cetane number, the easier the fuel combusts in a compression setting such as a 
diesel engine. The cetane number of biodiesel depends on the chain length and the degree 
of unsaturation of fatty esters. Biodiesel from vegetable oil sources have been recorded as 
having a cetane number range of 46 to 52, and animal-fat based biodiesels cetane 
numbers range from 56 to 60. Higher amounts of saturated fatty esters increase the cetane 
number but contribute to the cold flow problems. On the other hand, higher amounts of 
unsaturated fatty esters cause the oxidative stability problems. Therefore, a compromise 
has to be found in order to obtain biodiesel with optimal overall properties. Optimization 
of fatty ester composition for best biodiesel performance is a subject of current research 
(Knothe 2009, Pinzi, Garcia et al. 2009).
Petrodiesel is a complex mixture of straight-chain alkanes, branched alkanes, and 
aromatic compounds. Hexadecane (also called cetane) is an ideal compound of 
petrodiesel. However, since there are hundreds of components in diesel fuel, with each 
having a different cetane quality, the overall cetane number o f the diesel is the average 
cetane quality of all the components.
Typically, petrodiesel produced in the US has cetane numbers from 40 to 55 
according to ASTM D 975, with typical values in the 42-45 range. The current standard 
for diesel sold in European Union, Iceland, Norway, and Switzerland is set in EN 590, 
with a minimum cetane number o f 51. The EU premium diesel fuel can have a cetane 
number as high as 60.
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Branched alkanes and aromatic compounds (alkylaromatics and 
alkylcycloalcanes) possess lower cetane numbers in comparison with strait-chain alkanes, 
which increase with increasing the side chain lengths (Clothier, Aguda et al. 1993). Those 
compounds, however, have lower melting points, which improves the overall 
performance of petrodiesel. Another issue associated with petrodiesel is HDS process that 
removes not only sulfur-containing compounds from the diesel fuel but also removes 
compounds containing oxygen and nitrogen. Those compounds are known to be 
responsible for the petrodiesel lubricity (Barbour, Rickeard et al. 2000) along with 
aromatics and other cyclic hydrocarbons. Therefore, ultra-low sulfur diesel exhibits poor 
lubricity and requires adding at least 2% of biodiesel or other aromatic/cyclic additive to 
improve lubricity.
As it was mentioned above, renewable diesel simulates petrodiesel. The main 
components of renewable diesel are long-chain alkanes that are ideal components of 
petrodiesel. The high content of long-chain alkanes determines high cetane numbers o f 
renewable diesel that is typically > 75 (Rantanen, Linnaila et al. 2005, Holmgren, 
Gosling et al. 2007, Kuronen, Mikkonen et al. 2007, Aatola, Larmi et al. 2009, Murtonen, 
Aakko-Saksa et al. 2010). Shorter-chain alkanes and isomerized compounds that are also 
present in renewable diesel make the cetane number lower. However, those species 
improve low-temperature properties o f the fuel and so are desirable compounds of 
renewable diesel. The cloud point of renewable diesel depends on the production process 
conditions that determine the product composition. It is usually stated to be between -30 
and - 5 °C (Rantanen, Linnaila et al. 2005, Holmgren, Gosling et al. 2007, Kuronen, 
Mikkonen et al. 2007, Aatola, Larmi et al. 2009, Murtonen, Aakko-Saksa et al. 2010, Oja
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2008). No report on renewable diesel being tested according to the petrodiesel standards 
ASTM D 975, EN 590, or the jet fuel standard specification ASTM D 1655 (1655) seems 
to be available up to date. Neste Oil Corporation claims that their renewable diesel 
NExBTL meets EN 590 requirements and takes an active part in its standardization (Oja
2008).
According to the new revised standard specification for aviation turbine fuel 
containing synthesized hydrocarbons ASTM 7566-11, up to 50 percent bioderived 
synthetic blending components can be added to conventional jet fuel. These renewable 
fuel components, called in the standard hydroprocessed esters and fatty acids (HEFA) 
come from vegetable oil-containing feedstock. Since the properties o f syndiesel are very 
similar to the ones of renewable diesel, the standard also has criteria for fuel produced 
from biomass, coal, or natural gas using Fischer-Tropsch synthesis (7566-1 la).
2.3. HDO of lipid-based feedstocks
HDO is a hydrogeno lysis process for removing oxygen heteroatoms from 
feedstock compounds. The process is generally results in saturation o f the double bonds 
and release of oxygen in the forms of carbon oxides and water with producing oxygen- 
free hydrocarbons. The main advantage of HDO is the ability to convert lipid-based 
feedstocks to high quality renewable diesel that is fully compatible with conventional 
petrodiesel (Stumborg, Wong et al. 1996, Sebos, Matsoukas et al. 2009, Bezergianni, 
Voutetakis et al. 2009). Studies on hydrogenation o f lipid-based feedstocks have been 
conducted both in the food and fuel industries. In the food industry, the primary effort is
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to saturate vegetable oils through the hydrogenation reaction (Veldsink, Bouma et al. 
1997, Singh, Rezac et al. 2010):
C18H32O2 + H2 —> C18H34O2 (7)
(linoleic acid) (oleic acid)
In fuel industry, HDO studies are focused on complete conversion of animal fats
and vegetable oils to alkanes. In recent years, optimization of HDO process for
production of renewable fuels has received increasing attention. A number of studies
related to optimization o f the process conditions and investigation o f efficient HDO
catalysts have been done. These two main areas of HDO studies are reviewed below.
2.3.1. Influence of temperature and pressure
During the catalytic HDO of lipid-based feedstocks, several types o f reactions 
take place. They can be divided into four main categories: (1) hydrogenation o f the 
double bonds o f the fatty acids chains (Benedict and Daubert 1950), (2) thermal 
decomposition/degradation of TAGs (Vonghia, Boocock et al. 1995), (3) 
decarbonylation, decarboxylation, and hydrodeoxygenation o f those degradation products 
(FFAs and fatty alcohols, mono- and diacylglycerols, glycerol, etc.) to produce straight- 
chain alkanes (Leung, Boocock et al. 1995, Snare, Kubickova et al. 2008, Krar, Kovacs et 
al. 2010), (4) isomerization and cracking o f those alkanes (Huber, O ’Connor et al. 2007). 
Complete reaction pathways of the catalytic HDO of vegetable oils were studied in 
details and illustrated by Huber and co-workers (Huber, O’Connor et al. 2007) and by 
Kubicka and Kaluza (Kubicka and Kaluza 2010). It was stated that in the presence o f 
hydrogen and conventional hydrotreating catalysts at elevated temperatures (300-450 °C),
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fatty acids chains get saturated, TAGs decompose into FFAs and other intermediates, and 
those intermediates undergo decarbonylation, decarboxylation, and hydrogenolysis to 
produce renewable diesel. During hydrogenolysis, fatty esters are reduced to fatty 
alcohols directly or via dehydration-hydrogenation steps and fatty alcohols are reduced to 
alkanes (Yakovlev, Khromova et al. 2009):
C17H33COOCH3 +  3H 2 -*• C18H37-OH +  CH3OH (8)
(methylo ctadecanoate)
C 18H 37-O H  +  H2 -  C ]8H 38 + H20  (9)
(octadecanol)
The reaction o f decarbonylation o f TAGs releases carbon monoxide and water to 
produce long-chain alkanes and alkenes (depending on the degree on hydrogenation). 
Accordingly, the reaction o f decarboxylation releases carbon dioxide:
C17 H 35C O O H  C17H36 + CO +  H 20  (10)
(stearic acid)
C l7H35C 0 0 H ^ C l 7H 36 +  C02 (11)
(stearic acid)
Vonghia with co-workers studied the functional group pathways during the 
conversion of model compounds o f triglycerides to aliphatic hydrocarbons over activated 
alumina at 450 °C (Vonghia, Boocock et al. 1995). It was determined that TAGs can be 
decomposed either through P-elimination o f carboxylic acids to produce unsaturated 
diacylglycerols and FFAs:
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CHZ—  OCOR, CH2 OCOR,
CH— OCOR, ----------  ™  + H° C° R* (12)
CH2— OCOR3  CH OCOR3
or through y-hydrogen transfer within the acyl group to produce monoalkenes (in this 
case, R’ has one carbon atom less than R):
CH2  OCOR, CH2 -O C O R ,
OH
CH— o c o r 2 ---------► CH O C = C H 2 + HR2' (13)
CH2  OCOR3  CH2  OCOR3
The study has shown that hydrogen plays an important role in the reaction 
pathways. In the absence of hydrogen, both pathways take place but only one 13- 
elimination o f a TAG molecule occurred. In the presence o f hydrogen and a 
hydroprocessing catalyst, monoalkenes are readily saturated, which results in more 13- 
eliminations of the TAG backbone.
Another major factor that contributes significantly to the final product 
composition is the HDO reaction temperature. Da Rocha Filho with co-workers 
investigated the influence of the reaction temperatures in the range of 360-430 °C on the 
yields of alkanes, cycloalkanes, alkylbenzenes, and light gases during the catalytic HDO 
of buriti oil over a sulfided NiMo catalyst and in the presence o f hydrogen at the pressure 
of 14 MPa (Filho, Brodzki et al. 1993). As shown in Fig. 6, the yield o f alkanes tends to 
decrease with increasing the reaction temperature while the yields o f cycloalkanes, 





■ Light gases, wt%
360 degC 395 deg C 430 deg C
F ig u re  6. The effect o f the HDO reaction temperature on the yields o f buriti oil products. 
Adapted from (Filho, Brodzki et al. 1993).
Simacek and co-workers (Simacek, Kubicka et al. 2010) studied the effect of 
temperature on the properties o f hydroprocessed rapeseed oil over NiMo catalyst and 
found that the resulting product had a high cetane number but its cold flow properties 
such as cloud point and pour point were poor. At the temperatures above 310 °C and 
pressure o f 7 MPa, the main products were alkanes with 17 and 18 carbon atoms in the 
chain. At 310 °C, they observed small amounts o f unreacted oil and intermediate 
products while at 360 °C those compounds were absent in the resulting product. It was 
found that formation o f «-heptadecane and iso-alkanes increased with increasing the 
temperature while formation o f rc-octadecane decreased. Also, the cold flow properties of 
the renewable diesel improved with increasing the temperature, which can be explained 
by the increased isomerization o f the alkanes. These studies suggested that formation o f 
alkanes with one carbon atom in the chain less than the respective fatty acids was due to
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the decarboxylation reaction that is favored at elevated temperatures (360 °C). Similar 
results were obtained at both hydrogen pressures studied (7 MPa and 15 MPa). Different 
NiMo catalysts demonstrated similar temperature effects on the product yields (Simacek, 
Kubicka et al. 2009). Investigations o f Co-Mo catalysts with different supports 
demonstrated that selectivity of oxygenated intermediates decreased with increasing the 
reaction temperature regardless of the support (Kubicka, Simacek et al. 2009).
Studies o f the effect of pressure on hydroprocessing of vegetable oil and model 
compounds showed that higher pressures were favorable for the process (Gusmao, 
Brodzki et al. 1989, Guzman, Torres et al. 2010). The concentration o f unreacted fatty 
acids was higher while the concentration o f alkanes was lower at the lowest pressure 
studied (7 MPa). At the same time, at the highest pressure studied (14 MPa) the 
concentration of unreacted fatty acids was negligible while the concentration of alkanes 
was significantly higher. It was also found that the amount of alkanes increased in the 
range of pressures from 7 to 10 MPa while it remained almost constant in the range of 
pressures from 10 to 14 MPa. The gaseous products yield was observed to increase 
almost linearly with increase of pressure.
2.3.2. Influence of feedstocks and catalysts
HDO studies have shown that hydroprocessing o f lipid-based feedstocks can 
result either in producing hydrocarbons with the same number of carbon atoms in the 
chain or one atom less than the corresponding fatty acids. This observation makes it 
possible to estimate the composition of renewable diesel based on the fatty acid profile of 
the feedstock. However, it was found that the ratio of the resulting compounds can be
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different depending on the chain length and degree of saturation of the parent fatty acids 
(Vonghia, Boocock et al. 1995). The increase o f degree of saturation of fatty acids results 
in increase o f the alkane and decrease of the cycloalkane yields. Saturated fatty acids 
with shorter chain lengths favor gas formation. It was also observed that water formed 
during the HDO process may decrease activity of the reactions (§enol, Viljava et al. 
2005, Huber, O’Connor et al. 2007). However, this effect was stated to be weak (Laurent 
and Delmon 1994).
A number o f various catalytic systems have been studied over the last decade. The 
main trend was adaptation of the conventional hydroprocessing catalysts for different 
HDO processes and feedstocks. The most commonly used catalysts were NiMo/y-AbCb 
and C0 M0 /Y-AI2O3 (Gusmao, Brodzki et al. 1989, Filho, Brodzki et al. 1993, Laurent and 
Delmon 1994, Laurent and Delmon 1994, Centeno, Laurent et al. 1995, §enol, Viljava et 
al. 2005, §enol, Viljava et al. 2005, Huber, O’Connor et al. 2007, Senol, Ryymin et al. 
2007, §enol, Ryymin et al. 2007, §enol, Viljava et al. 2007, Bezergianni, Kalogianni et 
al. 2009, Sebos, Matsoukas et al. 2009, Simacek, Kubicka et al. 2009). However, other 
catalysts such as C0 M0 /C (Maier, Roth et al. 1982, Centeno, Laurent et al. 1995, Ferrari, 
Bosmans et al. 2001), CoMo/Si (Centeno, Laurent et al. 1995) RI1/AI2O3 (Nunes, Brodzki 
et al. 1986, Ferrari, Maggi et al. 2001), Pd/SiC>2 (Maier, Roth et al. 1982), reduced 
Ni/Si02 (Gusmao, Brodzki et al. 1989), Pd/C (Kubickova, Snare et al. 2005, Maki- 
Arvela, Kubickova et al. 2006, Snare, Kubickova et al. 2008), Pt/C (Nunes, Brodzki et al. 
1986) have also been investigated. NiMo, C0 M0 , Ni, etc. refer to respective metal oxides 
(NiO, CoO, M0 O3) while y-ALCL, C, SiCh, etc. indicated the catalyst support. In order to 
increase the activity of the catalysts, they were typically sulfided with elemental sulfur or
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H2S to form metal sulfides (§enol, Viljava et al. 2005). The sulfiding of the catalysts 
along with a small partial pressure o f H2S during the HDO process preserves the catalytic 
sites, thus making them more active and tolerant to poisoning by feedstock impurities. 
Dimethyl disulfide has also been reported as an effective means to preserve the catalytic 
sites during HDO of different vegetable oils (Bezergianni, Kalogianni et al. 2009, Sebos, 
Matsoukas et al. 2009, Simacek, Kubicka et al. 2010).
Few studies were previously carried out in order to investigate the whole algae 
liquefaction efficiency in the hydrothermal medium in the presence o f a potential solid 
catalyst (Jena and Das 2009, Duan and Savage 2011). Duan and Savage (Duan and 
Savage 2011) studied the influence o f several different heterogeneous catalysts on the 
efficiency of hydrothermal liquefaction of Nannochloropsis sp. at 350°C under inert 
(helium) and high-pressure hydrogen conditions. The microalga contained 52% of 
protein, 12% of carbohydrates, and 28% of lipids. The following catalysts were used in 
the study: Pd1C, Pt/C, Ru/C, sulfidied CoMo/y-AkCb, Ni/SiCh-AhCb, and zeolite 
(aluminum silicate) catalyst.
The crude bio-oil yield ranged from a low of 35% from uncatalyzed liquefaction 
without H2 to a high o f 57% from Pd/C catalyzed liquefaction without H2. The carbon 
and hydrogen contents of the bio-oil always were higher than those o f the biomass. The 
oxygen content was reduced to 8.3-9.6 wt% (from 26 wt% in the feedstock). As a result, 
the bio-oil obtained in this process had a much higher heating value than the dry biomass 
feedstock (38-40 MJ/kg). This is higher than the heating value o f bio-oil obtained from 
pyrolysis o f microalgal biomass and close to that of petroleum-derived fuels (~ 42 
MJ/kg). The use o f noble metal catalysts (Pd/C, Pt/C, Ru/C) increased the H/C ration
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even in the absence o f added H2 . The presence of Pt, Ni, and C0 M0  catalysts allowed 
obtaining bio-oils with lower O/C ratios than of those produces in the absence of 
catalysts. These findings indicate that HDO takes place during hydrothermal liquefaction 
of microalgae and that there may be an opportunity for a single-step catalytic process to 
obtain a high quality bio-oil.
2.3.3. Bimetallic versus monometallic catalysts
The catalysts used for HDO o f lipid-based feedstocks have different 
activities that depend on the active component, support used, and the feedstock 
properties (Senol, Ryymin et al. 2007). Bimetallic catalysts such as N iM o/Ah0 3  
were found to be more active than monometallic ones such as N i/A h 0 3  or 
M0 /AI2O 3 (Kubicka and Kaluza 2010). The selectivity o f bimetallic catalysts to 
hydrocarbons was also much higher in comparison with monometallic catalysts. 
The increased activity o f  bimetallic catalysts was attributed to the effect o f synergy 
when two or more compounds functioning together provide an effect not 
independently obtainable. It was also found that NiMo/y-AhCb catalyst is more 
active for decarboxylation than CoMo/y-AhCb at the reaction temperatures about 
300 °C (Laurent and Delmon 1994). Pd/C has been shown to have the optimum 
performance for decarboxylation (Snare, Kubickova et al. 2006). Also, Pt/AhCL 
showed the highest activity for deoxygenation o f bio-oils decreasing the oxygen 
content from 41.4 wt% to 5.8 wt% (Fisk, Morgan et al. 2009).
The studies by Yakovlev and co-workers showed that the bimetallic NiCu/Ce02 
catalyst had a better performance for upgrading biodiesel via HDO than the monometallic
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Ni/CeCh (Yakovlev, Khromova et al. 2009). This research has made it possible to 
understand the reaction pathways occurring during the biodiesel deoxygenation. It was 
found that decarboxylation was the primary pathway over NiCu/CeCh while C -0 bond 
hydrogenolysis (breaking C -0 bonds with adding hydrogen) prevailed over Ni/Ce02. The 
effect of synergy for bimetallic catalytic systems (Re-modified Pt/HZSM-5) was also 
observed by Murata et al. for hydrotreating o f jatropha oil (Murata, Liu et al. 2010).
The media supporting active metals/oxides o f catalysts also play an important role 
in the reactions routes and overall catalyst performance. Alumina-supported catalysts 
were found to be more active for decarboxylation and de-esterification than catalysts 
supported on silica and carbon (Laurent and Delmon 1994). It was also found that acidity 
of the support contributes to decarboxylation and hydrogenation of carboxyl groups due 
to the formation o f active acid sites on the catalyst (Centeno, Laurent et al. 1995). On the 
other hand, it was observed that alkaline components such as ammonia depress the 
activity of NiMo and CoMo catalysts for the conversion of carboxylic and methoxy 
groups but not ketones (Laurent and Delmon 1994). In the case of ketones, LhS depresses 
the activity o f NiMo but not CoMo catalysts. LhS also increases the conversion o f ester 
groups (Laurent and Delmon 1994, §enol, Ryymin et al. 2007) and, for this purpose, is 
more active than CS2 (§enol, Viljava et al. 2007). The above finding suggests that NH3 
and H2S can be used to control hydrotreating processes.
Some research has also been carried out to understand the effect of others than 
alumina active component supports (Maki-Arvela, Kubickova et al. 2006, Maher, 
Kirkwood et al. 2008, Yakovlev, Khromova et al. 2009, Immer, Kelly et al. 2010, 
Murata, Liu et al. 2010). The studies by Kubicka and co-workers on the deoxygenation of
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rapeseed oil over Co and Mo sulfided catalysts supported on MCM-41 showed that the 
overall performance of the MCM-41-supported catalysts was inferior to the alumina- 
supported catalysts (Kubicka, Bejblova et al. 2010). Nava and co-workers investigated 
the effect of CoMo catalysts with other mesoporous silicate supports (SBA-15, SBA-16, 
HMS, DMS-1) on the hydroprocessing o f olive oil by-products (Nava, Pawelec et al.
2009). It was found that the selectivity of these catalysts for alkanes decreased in the 
following order: CoMo/SBA-15 > CoMo/HMS > CoMo/SBA-16 »  CoMo/DMS-1.
Nanomaterials have attracted a great interest in catalyst application as they help 
catalysts to become active, efficient, reusable, stable, and pollutant-free. The 
nanocatalysts have improved mass transfer, product separation, and recovery properties. 
The higher catalytic activity o f metal nanoparticles has been attributed to their higher 
surface area; therefore, more catalytic reactions can occur at the same time. No research 
has been reported on nanocatalytic HDO of lipid-based feedstocks up to date. The 
utilization o f nanomaterials as catalysts in bio fuel production is mainly in 1) feedstock 
pretreatment and hydrolysis, 2) storage of products (biogasoline, bioethanol, biogas, 
biobutanol, biodiesel, and hydrogen), and 3) catalytic conversion of animal fat, vegetable 
oils and microbial lipids into biodiesel. Applications of nanocatalysts and 
nanotechnologies can reduce the cost of transportation o f raw feedstock and enhance the 
feedstock utilization as well as biofuel production rates. However, nanotechnology 
application in biofuel production is still at the infant stage. Therefore, further research on 
new materials, processes, and devices with nanotechnologies is needed to overcome the 
challenges.
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Peterson and co-workers provided a comprehensive summary of catalysts for 
conversion of different types o f biomass and model compounds at hydrothermal 
conditions (Peterson, Vogel et al. 2008). Here, we provide a summary o f heterogeneous 
catalysts for HDO of lipid-based feedstocks and model compounds (Table 8). The 
products are mainly the mixture of deoxygenated and cracked hydrocarbons depending 
on the feedstock used.
Table 8. Summary of (heterogeneous) catalysts for HDO of lipid-based feedstocks and 
model compounds (N.R.: not reported).
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2.3.4. Algal lipids
Microalgae are now considered to be one of the most prospective sources of 
biomass for bio fuel production (John Sheehan 1998). Investigations carried out to 
determine the suitability o f microalgal biomass for bio-oil production demonstrated that, 
in general, microalgae bio-oils are o f higher quality than bio-oil from wood (Demirbas 
2006). Biofuels derived from microalgae are currently considered to be the most 
economical and technically viable route able to compete with petroleum-derived fuels 
(Chisti 2010). This is due to a number of important advantages they have in comparison 
with bio fuels derived from land-based energy crops:
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1. Higher annual growth rates, e.g., rates of up to 37 tones ha-1 per annum have 
been recorded, primarily due to higher photosynthetic efficiencies (up to 10% of the solar 
energy) when compared with terrestrial plants (Weissman and Tillett 1992).
2. Higher lipid productivity (up to 75% dry weight for some algae species), with 
higher proportion of TAGs that is essential for efficient biodiesel production (Schenk, 
Thomas-Hall et al. 2008).
3. Microalgae production can effect bio fixation of CO2 (production utilizes about 
1.83 kg o f CO2 per kg o f dry algal biomass yield), thus making a contribution to air 
quality improvement (Chisti 2008).
4. Capability o f growing in wastewater, which offers the potential for integrating the 
treatment o f organic effluent with biofiiel production (Cantrell, Ducey et al. 2008).
5. Inherent yield o f valuable co-products such as proteins and polyunsaturated fatty 
acids may be used to enhance the economics o f production systems (Spolaore, Joannis- 
Cassan et al. 2006).
6. Microalgae do not require arable land and, therefore, do not compete with food 
crops (Widjaja, Chien et al. 2009).
Since microalgae has been cultivated in the mariculture and used as the food 
supplement, their biochemical composition has been thoroughly investigated (Dunstan, 
Volkman et al. 1993, Brown, Jeffrey et al. 1997, De Angelis, Rise et al. 2005, Herrero, 
Cifuentes et al. 2006, Sajilata, Singhal et al. 2008). Despite the wide variety of classes 
and species, microalgae and cyanobacteria generally consist o f 4-64 wt% of 
carbohydrates, 6-71 wt% protein, and 2-40 wt% lipids (up to 75 wt% for some algae
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species) on the dry biomass basis (Brown, Jeffrey et al. 1997, Ramadan, Asker et al. 
2008). The high lipid content facilitates its potential use as a biodiesel feedstock because 
the lipids can be readily extracted and converted into biodiesel.
Algal lipids can be classified based on the polarity o f their head groups (Becker 
1994): (1) neutral lipids that include triacylglycerols, diacylglycerols, monoacylglycerols, 
hydrocarbons, sterols, ketones, FFAs and (2) polar lipids that comprise o f phospholipids 
and glycolipids (Fig. 7). Fatty acids are the main constituent of lipid molecules, both 
neutral and polar. They are carboxylic molecules with unbranched aliphatic tails range 
from 12 to 22 carbons in length that can be saturated with no double bonds and 
unsaturated with up to 6 double bonds in the chain (Medina, Grima et al. 1998).
TAGs are the main constituent o f lipids and comprise of three fatty acids ester­
boned to glycerol backbones. The composition and the fatty acid profile o f microalgal 
lipids vary with the species, its life cycle, and its cultivation conditions. As shown in Fig. 
8, microalgal cells harvested during stationary phase have higher acylglycerol contents 
and lower polar lipid contents than those harvested during logarithmic phase (Dunstan, 
Volkman et al. 1993). It should be taken into consideration that acylglycerols are the only 
lipid fractions that can be used for transesterification at the current industrial-scale 
refineries. Also, microalgal fractions that contain high levels o f polar lipids and non- 
acylglycerol neutral impurities have to be purified before converting into usable biodiesel 
(Halim, Harun et al. 2013).
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F igu re  7. Different lipid molecules: triacylglycerols on the left, phospholipids in the 
middle, and glycolipids on the right. R in each molecule represents a fatty acid chain. 





TG HC ST K FFA
Figure 8. Compositions o f lipids extracted from Nannochloropsis oculata during 
logarithmic and stationary phases (TG: triacylglycerols, HC: hydrocarbons, ST: sterols. 
K: ketones. FFA: free fatty acids. Reproduced from (Dunstan, Volkman et al. 1993).
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A fatty acid profile of the lipids extracted from a common green microalgal 
species (Tetraselmis suecica) during the stationary phase was examined for biodiesel 
production (Volkman, Jeffrey et al. 1989). The principal fatty acids identified in this 
study had C16:0, C 18:1, and C l8:2 profiles, which are very favorable for production of 
high-quality biodiesel. A large amount o f saturated fatty acids can cause flow cold 
problems in the resulting fuel. Therefore, the relatively low amount of saturated fatty 
acids (25.5 wt%) in the algal biomass is desirable for production o f biodiesel with good 
flow cold properties (Lang, Dalai et al. 2001, Chisti 2007). The relatively low portion o f 
polyunsaturated fatty acids with 4 or more double bonds (C l6:4 being the highest at 7.9 
wt%) in the lipid is also desirable because these acids are known to produce biodiesel 
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F ig u re  9. Fatty acid composition of lipid extracted from species Tetraselmis suecica at 
the end of logarithmic phase (beginning o f stationary phase): (top) in terms o f fatty acid 
chain, (bottom) in terms o f number o f double bonds in the fatty acid chain. Reproduced 
from (Volkman, Jeffrey et al. 1989).
The suitability o f microalgal biomass for biodiesel production has to be examined 
on a case-by-case basis. In order to achieve the highest possible production rate, oil 
content has to be balanced against growth kinetics. Furthermore, there are many 
advantages in having a robust species o f alga since the system will be less sensitive to 
variations in parameters like temperature, pH, and salinity. As it was said above, oil 
composition and size are also important in order to achieve a simple separation and post
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processing. Last but not least, it is important that an alga strain is well known and 
sufficient research and information about it is available.
Unlike biodiesel production, where fuel properties depend on feedstock 
composition and process configuration, renewable diesel production is less dependent on 
feedstock origin and allows utilizing any feedstock containing TAGs and fatty acids to 
produce the fully deoxygenated fuel readily blended with conventional diesel. Algal 
lipids can be processed by hydrothermal HDO into renewable fuels by converting the 
carboxylic acid moiety to a mixture of hydrocarbons, water, and carbon dioxide and 
converting glycerol to propane.
However, since algal crude algal oils may contain high levels o f phosphorus from 
phospholipids, nitrogen from extracted proteins, and metals (especially magnesium) from 
chlorophyll, it is necessary to optimize both the level o f lipids purification and the 
tolerance o f the catalysts for the contaminants in order to develop the most cost-effective 
process. The primary barrier to utilizing algae oils to make renewable fuels is catalyst 
development, and, to our knowledge, no research was carried out in this area up to date. 
Most researchers use catalysts that have been optimized for petroleum-based feedstocks, 
and therefore, it would be desirable to develop catalysts that are able to minimize CO2 
and CO lost, the amount o f H2 used, withstand the hydrothermal media conditions as well 
as the specific for algal lipids contaminants/poisons.
2.3.5. Influence of hydrogen on HDO
Hydrogen has been extensively utilized in the deoxygenation processes. However, 
it is desirable to minimize the amount of hydrogen required for renewable diesel
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production, especially if it is derived from petroleum-based feedstocks. Hydrogen can be 
produced from biomass via gasification combined with the water-gas shift reaction, via 
aqueous phase reforming of oxygenates such as polyols (e.g. low quality glycerol that is a 
by-product o f the transesterification reaction) (Cortright, Davda et al. 2002, Davda and 
Dumesic 2003, Davda and Dumesic 2004), or via anaerobic digestion o f biomass residue 
followed by steam methane reforming or autothermal reforming:
C O  + H20  ->  C0 2 +  H 2 (14)
C 3H 80 3 +  3H20  ->• 3C0 2 + 7H 2 (15)
C 6H i206 -► 3C 0 2 + 3C H 4 (16)
C H 4 +  H20  - *  CO  +  3H 2 (17)
C O  +  H20  ->  C0 2 + H2 (18)
2CH4 + 0 2 + C 02 -»■ 3H2 + 3CO + H2O (19)
4C H 4 + 0 2 + 2H20  - »  10H2 +  4C O  (20)
Many biomass conversion reactions do not consume hydrogen. These reactions 
(e.g. ketonization (coupling) of carboxylic acids, conversion o f alcohols into alkenes, 
oligomerization o f alkenes) proceed via dehydration and decarboxylation routes without 
hydrogen input. However, production of n-alkanes from TAGs requires relatively large 
amounts of hydrogen (10-15 moles H2) for each equivalent of TAG (Huber, O’Connor et 
al. 2007). This process achieves HDO by decarboxylation (21), decarbonylation (22), and 
hydrodeoxygenation (23) routes:
C ^ C O O H CnH2n+2





+ C O  + H2O (22)
C nH2n+1COOH
H






The UOP/Eni Ecofining technology described by Kalnes et al. (Kalnes, Marker et 
al. 2007) is based on HDO of vegetable oils and developed for existing refinery 
infrastructure. The feedstock is typical plant oil that consists primarily o f TAGs with 10- 
12 wt% oxygen and 1-2 wt% FFA content. Other low cost feedstocks such as tail oil, 
tallow oil, fish oil, and waste greases can also be used for the above process.
A simplified block flow diagram of the process is shown in Fig. 10. Feedstock is 
directed to the catalytic reactor where it is combined with hydrogen, brought to the 
reaction temperature, and then converted by a series o f HDO and hydroisomerization 
reactions to branched paraffin rich diesel fuel. Water and CO2 formed by HDO reactions 
are separated from the deoxygenated product. The mixture of the hydrocarbons is then 
fractionated to remove the small amount of light fuel by-products. Hydrogen is recovered
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and recycled back to the reactor to maintain the required partial pressure. Make-up 
hydrogen is added to compensate losses.
^ M ak e-u p  
^ttydrogen
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product
F ig u re  10. Simplified Ecofining process flow diagram. Reproduced from (Kalnes, 
Marker et al. 2007).
The process hydrogen requirements and product yields are provided in Table 9. 
The primary product is paraffinic diesel and co-products include propane and naphtha. 
Product carbon number distribution and selectivity o f HDO to H2O and COx is controlled 
by reaction conditions and choice o f catalyst. Diesel yield depends both on feedstock type 
and operating conditions and varies from 88 vol% to 99 vol% depending on the level of 






Table 9. Process yields and hydrogen requirements for a range o f different feedstocks 








In the recent studies, the influence o f hydrogen on the catalytic deoxygenation of 
fatty acids over a mesoporous Pd/C catalyst has been investigated (Maher, Kirkwood et 
al. 2008). It was determined that depending on the hydrogen content in the reaction 
medium, different routes of HDO can dominate. Under inert atmosphere, hydrocarbon 
formation occurs via decarboxylation of fatty acids (Snare, Kubickova et al. 2008, 
Bemas, Eranen et al. 2010):
R - C O O H  ► R - H  +  C 0 2 (24>
Also, under inert condition, minor generation o f hydrogen can take place, which leads to 
decarbonylation of fatty acids with generation o f CO:
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R -C O O H  ►- R1— H + CO + H2 (25)
Deoxygenation of fatty acids under hydrogen rich conditions has a more complex 
reaction pathway. First, hydrogenation of carboxylic groups occurs, forming aldehydes as 
an intermediate product:
R -C O O H  + H2  ► R -C H O  +  H20  (26)
Then the aldehydes decompose via decarbonylation reaction producing hydrocarbons and 
CO:
R -C H O  ------ ► R - H  +  CO (27)
R -C H O  ► R'— H + CO + H2 (28)
Some of the aldehydes can further be hydrogenated to alcohols (29), which 
decompose via dehydrogenation to aldehydes. After that, the aldehydes are subject to 
decarbonylation over Pd/C catalyst (Cortright, Davda et al. 2002) and form hydrocarbons 
(30,31):
R -C H O  +  H2 -------► R -C H 2— OH (29)
R -C H 2—OH ------► £  R-CHO ]  + H2 ------ ► R -H  + CO + H2 (30)
R -C H 2— OH ------ ► £  R -C H O  ]  + H2 -------► R'— H + CO + 2H2 (31)
The overall reaction network is provided in Fig. 11. In this study, a higher yield o f
hydrocarbons (59 mol%) was obtained in the HDO of the fatty acids under hydrogen 
pressure compared to the process under argon pressure where the yield o f hydrocarbons 
reached 39 mol%.
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Figure  11. Fatty acids deoxygenation pathways over Pd/C catalyst. Reproduced from 
(Davis and Barteau 1990).
In the studies by Immer et al., Pd/C catalyst along with hydrogen and helium as 
carrier gases was used for HDO of lipid-based feedstock (Immer, Kelly et al. 2010). 
Hydrogen prevents Pd from deactivating, helps organic species desorb from the surface 
of the metal, and saturates the double bonds o f the unsaturated FFA (Wang, Thapaliya et 
al. 2012). Compared with the reaction in the inert atmosphere, the conversion of 
unsaturated FFAs improved in the presence of hydrogen (Snare, Kubickova et al. 2008). 
Nevertheless, the increase of H2 partial pressure reduces the rates o f decarboxylation and 
results in lower CO2 selectivity (Immer 2010 ). An increased H2 partial pressure pushed 
the reaction pathway toward decarbonylation and increased the concentration of CO in 
the gaseous product, respectively (Immer, Kelly et al. 2010).
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2.4. Deoxygenation in hydrothermal media
Most of biomass feedstocks contain large amounts of water. In order to make the 
feedstock applicable for biofuel production, the water has to be removed. This can be 
typically done by thermal separation. The separation processes consume a great deal o f 
biomass energy content, thus making the biofuel production less advantageous. However, 
the separation steps can be avoided by performing the thermochemical reactions in 
hydrothermal media near or above the critical point of water (374 °C, 22.1 MPa). In this 
case, the water phase change is avoided, which provides possible energy advantages in 
the thermochemical processing of the biomass. The hydrothermal processing o f lipid-rich 
feedstocks allows producing a wide range o f liquid and gaseous fuels that can be further 
upgraded in existing commercial infrastructures (Peterson, Vogel et al. 2008).
Density and dielectric constant o f the water medium play a major role in 
solubilizing different compounds. Ambient water at 25 °C and 0.1 MPa is a good solvent 
for electrolytes because of the high dielectric constant (78.5), but most organic matters 
are poorly soluble in water at this condition. When water is heated, H-bonds start 
weakening and this allows dissociation of water into acidic hydronium ions (H3 0 +) and 
basic hydroxide ions (OH ). Near the critical point, structure of water changes 
significantly because of the breakage of hydrogen bonds network. At this condition, 
water exists as separate clusters with a chain structure (Kalinichev and Churakov 1999), 
its dielectric constant decreases, which causes a change in the dynamic viscosity and also 
increases self-diffusion coefficient (Marcus 1999).
By operating at sub- or supercritical conditions, interphase mass transfer 
resistances can be significantly reduced or eliminated. Supercritical water has liquid-like
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density and gas-like transport properties and is highly non-polar media that permits 
complete solubility o f oxygen and most organic compounds including FFAs (Fig. 12). 
However, the polar species, such as inorganic salts, are no longer soluble at this condition 
and start precipitating. The physiochemical properties of water in the supercritical region, 
such as viscosity, density, and heat capacity, also change dramatically with only a small 
change in the temperature or pressure, which results in substantial increase in the rates of 
chemical reactions. In addition to the unusual dielectric behavior, transport properties of 
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Figure 12. (a) The solubility o f saturated fatty acids in water at 15 MPa. n is the carbon 
number o f each fatty acid. Adapted from (Khuwijitjaru, Adachi et al. 2002). (b) The 
solubility o f water in fatty acids at the vapor pressure o f the system. Reproduced from 
(Mills and McClain 1949).
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The use o f sub- and supercritical water media has advantages over other biofuel 
production methods (Peterson, Vogel et al. 2008) and is an attractive thermochemical 
process for biomass conversion for the following reasons:
1. The water contents of the biomass feedstock. Since the process is conducted in 
water phase, it is not necessary to separate water from biomass, which increases the 
overall efficiency of the conversion process.
2. Versatility o f chemistry. The hydrothermal technology can be applied to produce 
a variety o f solid, liquid, and gaseous fuels from different types o f biomass. The product 
pathways depend on the density o f hydrothermal media, which is a key parameter in 
deciding the product pathways.
3. Increased reaction rates and easier separations. The mass transfer resistances 
between phases are reduced or eliminated in the hydrothermal media, which results in 
significant increase in the rates o f chemical reactions. The final products can be easily 
separated at lower temperatures.
No research has been conducted on catalytic HDO of lipid-based feedstocks in 
hydrothermal media yet. This can be attributed to the lack o f knowledge about the 
reactions pathways, kinetics, and interactions between the biomass components as well as 
the absence o f efficient catalysts that are resistant to hydrothermal media. However, the 
chemistry behind reactions of TAGs in hydrothermal media is investigated well enough 
(Peterson, Vogel et al. 2008). It is now commonly accepted that rates of chemical 
reactions can be substantially increased due to reduction o f interphase mass transfer 
resistances and the ability o f supercritical water to maintain both ionic and free-radical 
reactions (Antal, Brittain et al. 1987).
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The kinetics of the catalytic HDO of phenolic bio-oils in hydrothermal media has 
also been investigated (Zhao, Kou et al. 2009, Zhao, He et al. 2011). The dual-functional 
catalytic system (Pd/C and H3PO4) has been proven to efficiently convert phenol-based 
bio-oils to the mixture o f cyclic alcohols or alkanes depending on the chosen reaction 
conditions.
In producing renewable fuels from lipid-based feedstocks in hydrothermal media, 
the main objective is to remove oxygen, which can be readily performed by dehydration 
and decarboxylation. Despite the presence o f a large amount of water, dehydration is a 
typical thermochemical reaction that occurs in hydrothermal media at elevated 
temperatures and pressures in the presence o f an Arrhenius acid such as H2SO4 . 
Decarboxylation is another major route of oxygen removal, which is more attractive 
because it also increases H/C ratio. The latter allows producing biofuels with increased 
higher heating values.
TAGs can be readily split to form FFAs and glycerol via Colgate-Emery process 
(Bameby and Brown 1948). The process has been conducted at the conditions similar to 
that of hydrothermal processing (250 °C and 5 MPa) without a catalyst and with oil-to- 
water ratio o f 2:1. These conditions make the process more steam-based hydrolysis than 
subcritical one. King and co-workers found that fast hydrolysis o f TAGs can be 
conducted at the temperatures of 330 to 340 °C and oil-to-water ratios o f 1:2.5 to 5.0. At 
these conditions, the yield of FFAs can be 90 to 100% (King, Holliday et al. 1999). It was 
observed that the phase behavior o f components is crucial for the process and determined 
that the reaction quickly went to completion with almost 100% yield o f FFAs when the 
mixture became a single phase at 339 °C.
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FFAs have been shown to degrade in hydrothermal media producing long-chain 
hydrocarbons. Watanabe and co-workers investigated the decomposition of stearic acid 
(C17H35COOH) in a fixed bed batch reactor to the maximum temperature o f400 °C (Guo, 
Ruan et al. 2012). Two major products, C17H36 and C16H32, were found in the reaction 
products. The authors compared this process to the stearic acid pyrolysis and found that 
stearic acid decomposition under hydrothermal conditions was suppressed and resulted in 
prevailing alkenes over alkanes. The formation o f shorter-chain hydrocarbons was also 
suppressed under the hydrothermal conditions. However, when NaOH or KOH was 
added, decomposition of stearic acid enhanced significantly producing more alkanes than 
alkenes.
The studies o f decarboxylation o f formic (Maiella and Brill 1998, Yu and Savage 
1998) and acetic acids in hydrothermal media (Bell, Palmer et al. 1994, Meyer, Marrone 
et al. 1995) have shown that the reaction is greatly influenced by catalytic effects o f the 
reactor wall (stainless steel) surfaces. The studies of acetic acid and sodium acetate 
decomposition in hydrothermal media at 335 °C and 13.7 MPa by Bell and co-workers 
(Bell, Palmer et al. 1994) showed that numerous mineral surfaces enhanced the reaction 
rates by two orders of magnitude. These findings suggest that investigation of 
heterogeneous catalysts effects on HDO of lipid-based feedstocks is needed.
2.5. Future perspective and potential research areas
The HDO studies on lipid-based feedstocks reviewed in this paper revealed a 
considerable amount of information on different aspects of the process. However, as a 
matter of fact, HDO technologies have not been widely commercialized up to date. This
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is partly because o f high pressures of the HDO process and corrosive environment o f the 
hydrothermal media that require special designs o f the reactor and other equipment 
employed.
There are also a few problems that require more research to be done before the 
process can be scaled up. One of the problems is high consumption o f hydrogen that has 
to be minimized in order to make the process more economically viable. The amount of 
hydrogen used for the conversion of lipids through the dehydration route is significantly 
higher than that through decarbonylation/decarboxylation routes. However, the 
decarboxylation route can theoretically consume more hydrogen than the dehydration 
route due to the secondary reactions such as water-gas shift and methanation (Donnis, 
Egeberg et al. 2009). The amount of hydrogen consumed in those processes is known to 
be sensitive to the process conditions and catalysts used. Therefore, more research needed 
to understand the optimal pathways resulting in minimization o f unnecessary hydrogen 
consumption.
The conventional HDO of lipid-based feedstocks, irrespective of the reaction 
mechanisms involved, mainly leads to formation o f straight-chain alkanes. They are 
highly attractive compound o f renewable diesel as they provide high cetane numbers. 
However, they can also cause cold flow problems of the diesel. Therefore, more research 
on catalytic isomerization and/or dewaxing o f the linear saturated hydrocarbons is 
required in order to optimize the renewable diesel properties (Crossley, Faria et al. 2010). 
In this area, two broad sections have to be further investigated: (1) process optimization 
and (2) improved isomerization catalysts.
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The most important research area of the HDO process is developing an optimal 
catalytic system able to provide adequate activity and stability at the HDO conditions. 
Despite the problem of catalyst stability is well known, few studies have been carried out 
in the area. Conventional hydrotreating catalysts used in the most of HDO studies have 
shorter catalyst lives due to the poor quality o f lipid-based feedstocks in comparison with 
petroleum-based feedstocks. Therefore, it is critical to develop catalysts specifically for 
the HDO of lipid-based feedstocks.
From a commercial applications point of view, an ideal HDO catalyst should 
possess the following qualities:
1. High activity for deoxygenation.
2. Ability to minimize coke formation and/or withstand large amounts o f coke.
3. High tolerance to poisons (phosphorus, nitrogen, and metals (magnesium). It is 
critical from the point of view o f increasing the overall life o f the catalyst load to 
optimize both the level o f purification o f lipid-based feedstocks and the tolerance o f the 
catalysts for the contaminants.
4. High tolerance to water. As it was determined in the previous studies, presence of 
water in the HDO media may have a deactivation effect on the performance of catalysts 
used in the process (Laurent and Delmon 1994, §enol, Viljava et al. 2005). The specific 
of the HDO process, especially in hydrothermal media, is that the catalysts are exposed to 
large amounts o f water. Therefore, high tolerance to water is essential for HDO catalysts. 
The research by Crossley and co-workers showed that nanocatalysts are able to adsorb on 
the surface of emulsified oil particles, thus stabilizing water-oil emulsions and catalyze 
reactions at the water-oil interphase (Crossley, Faria et al. 2010).
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• The paper is first of its kind that reviews the state-of-the-art studies related to the 
catalytic HDO of lipid-based feedstocks for the last decade.
• HDO of lipid-based feedstocks is a very important research area and an attractive 
process to upgrade oil-based feedstocks to liquid transportation fuels.
• The paper reviews the different chemical reactions and reaction mechanisms 
involved in the process.
• The process parameters and the optimized process conditions have been 
discussed.
• The economic and environmental importance of HDO process will continue being 
the motive power o f overcoming the technological challenges and the future research in 
the area o f renewable fuels.
Heterogeneous catalysts
• A number o f various heterogeneous catalytic used in HDO process has been 
reviewed.
• Bimetallic catalysts are found to be more active than monometallic catalysts.
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• The enhanced performance o f bimetallic catalytic systems was attributed to the 
effect of synergy when two or more compounds functioning together provide an effect 
not independently obtainable.
• Nanomaterials have also attracted a great interest in catalyst application as they 
help catalysts to become active, efficient, reusable, stable, and pollutant-free.
Algal lipids
• The application o f aqueous HDO has been discussed for the first time which can 
be more suitable for the HDO of algal based lipids.
• Advantages o f using aqueous HDO for the wet feedstocks such as microalgae 
have been reviewed.
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CHAPTER 3 
HYDROTHERMAL CATALYTIC LIQUEFACTION OF UNHYDROLYZED 
SOLIDS
Note: the contents o f  this chapter have been published in Biofuels. Popov, S., Ruhl, I., 
Uppugundla, N., da Costa Sousa, L., Balan, V., Hatcher P.G., Kumar, S. Bio-oil via 
catalytic liquefaction of unhydrolyzed solids in aqueous medium. Biofuels, 5 (4), 431- 
446, (2014). DOI:l 0.1080/17597269.2014.987099.
Bioethanol can be produced from lignocellulosic feedstock using a biochemical 
route involving enzymatic hydrolysis followed by microbial fermentation. During these 
processes, about 30 to 40% of the biomass is left behind as wet unhydrolyzed solids 
(UHS), depending on the type of biomass, enzyme loading, and duration o f enzymatic 
hydrolysis. The UHS is mostly composed o f lignin, bound enzymes, undigested 
recalcitrant carbohydrates and ash. The efficient conversion o f UHS into bio-oil will 
increase overall conversion efficiency o f biomass to liquid fuels (bioethanol and bio-oil) 
and has potential to reduce the cost of biofuel production from lignocellulosic biomass. In 
this paper we report the results of bio-oils production from UHS via hydrothermal 
liquefaction (HTL) under varying temperatures (280-350°C) and subcritical water 
conditions. The effects o f K2CO3 and supported bimetallic C0 M0 /AI2O3 catalysts during 
HTL process were investigated. The UHS used in this study was produced after 
enzymatic hydrolysis of pretreated by Ammonia Fiber Expansion (AFEX™) method com 
stover (ACS). Bio-oil yields at different HTL temperatures were quantified and 
characterized using 'H-NMR, l3C-NMR, GC-MS, and elemental analysis. The yield o f
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bio-oil was higher in the presence o f 5 wt% of K2CO3 during HTL in comparison to 
C0 M0 /AI2O3 catalyst. The highest degree of liquefaction and bio-oil yield were 
respectively 43.4% and 30.1 wt% at 350 °C in the presence o f K2CO3 while the highest 
ECR was 57.1% at 320 °C in the presence of K2CO3 . The study is one of the first of its 
kind where unhydrolyzed solids left behind after bioethanol production were used for 
making bio-oils with traditional and reduced bimetallic C0 M0 /AI2O3 catalysts in aqueous 
medium. The results o f the study can contribute to development of lignocellulosic 
biomass-based biorefmery concept.
3.1. Introduction
The U.S. Energy Independence and Security Act o f 2007 (EISA) mandates 36 
billion gallons per year (BGY) of bio fuels production by 2022, of which 16 BGY of 
advanced biofuels are to be produced from lignocellulosic biomass. In order to meet these 
requirements, a number o f biochemical and thermochemical methods are being 
developed and evaluated to efficiently produce biofuels from lignocellulosic biomass. 
The bioethanol production from lignocellulosic biomass has been successfully 
demonstrated at pilot/demo scale but a cost-effective commercial production is still 
significantly below the EISA envisioned target of 2 BGY lignocellulosic biofuels by year 
2014 (Balan, Chiaramonti et al. 2013). At present, the majority o f bio fuel production 
technologies in the U.S. are aimed at producing cellulosic ethanol using biochemical 
routes (Balan, Chiaramonti et al. 2013, Kumar 2013) that use enzymes to decompose 
complex carbohydrates into sugars, which can then be fermented into ethanol molecules 
by yeasts and other microorganisms. Due to recalcitrance of lignocellulosic biomass, a
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pretreatment step is required prior to enzymatic hydrolysis in order to improve enzyme 
accessibility to the carbohydrate substrates. Ammonia fiber expansion (AFEX) 
pretreatment is one of the leading alkaline pretreatment processes that employ liquid or 
gaseous ammonia as a pretreatment agent to produce highly digestible biomass, which 
can be used as an animal feed or a biofuel feedstock (Balan, Bals et al. 2009). In an 
AFEX-based biochemical refinery, about 30-40% of the biomass remains unconverted 
into ethanol, resulting in a residue called unhydrolyzed solids (UHS) (Jin, Gunawan et al. 
2012). A typical commercial biorefinery would use about 2000 metric tons (MT) of 
biomass per day (Tao, Aden et al. 2011), generating 600-800 MT of UHS per day. It is 
widely accepted that the energy requirements for the biorefinery can be satisfied by 
combusting the UHS to generate heat and power (Kumar and Murthy 2011). However, a 
large amount o f energy is required for drying wet biomass (moisture content >150% on a 
dry weight basis) before it can be used for combustion and producing heat and electricity. 
Heat and electricity can be obtained from less costly renewable energy sources (e.g. 
wind, solar, geothermal, etc.) while the fixed carbon present in UHS could be better 
applied to produce value-added products in a future biorefinery. UHS composition from 
AFEX pretreated com stover included lignin, bound enzymes, undigested recalcitrant 
carbohydrates, and ash. To improve the overall carbon and energy utilization in a 
biochemical bio refinery, it is important to evaluate the technologies that are capable o f 
efficiently converting wet UHS into value-added products such as fuels and chemicals.
The conversion of biomass under subcritical water medium is considered an 
efficient and environmentally benign method for advanced biofuel production that can 
utilize wet biomass (Savage 2009). Hydrothermal liquefaction (HTL) is one o f the viable
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processing strategies to convert wet biomass into bio-oil or liquid hydrocarbons (Delrue, 
Li-Beisson et al. 2013). HTL technology capitalizes on the extraordinary properties of 
water as a solvent and reaction medium to convert biomass components with high oxygen 
content into petroleum-like products (bio-oil) that contain significantly lower amount of 
oxygen heteroatoms. HTL is especially suitable for converting wet biomass into high 
energy density bio-oil and biochar without drying o f the feedstock at relatively low 
temperatures when compared to other thermal processes such as pyrolysis (Jena and Das 
2011, Vardon, Sharma et al. 2012). HTL technology was first suggested by Berl in 1944 
as a method to readily convert biomass into bio-oil in aqueous medium (Berl 1944). In 
his studies, Berl treated alkaline solutions of biomass under hydrothermal conditions at 
about 230°C to produce bio-oils containing up to 60% of the feedstock’s carbon content 
and 75% o f its heating value. HTL studies continued during the second half o f the 20th 
century focusing mainly on improving the carbon conversion efficiency and reducing the 
oxygen content of bio-oils, which typically accounts for 10-20 wt% of the bio-oil (Kruse, 
Funke et al. 2013). Several thermochemical biomass conversion technologies and 
mechanisms have been reported over the recent years (Peterson, Vogel et al. 2008) and a 
number of different approaches for HTL of biomass have been reported up to date 
(Kruse, Funke et al. 2013). HTL conditions cover a range o f temperatures 280-380 °C, 
pressures 7-30 MPa, and reaction times 10-60 min. (Peterson, Vogel et al. 2008). Most of 
the HTL processes involve various catalysts, reducing gases, and other additives (Hicks 
2011) attempting to improve deoxygenation reaction and reduce the oxygen content of 
the bio-oil. HTL of a typical lignocellulosic biomass (forest products and residues, 
agricultural residues, and dedicated energy crops) with an oxygen content o f 30-50% and 
higher heating values (HHV) of 10-20 MJ/kg is capable o f producing bio-oils containing
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10-20 wt% oxygen with HHV of 30-36 MJ/kg (Peterson, Vogel et al. 2008). Although 
significant deoxygenation occurs during the liquefaction process, HTL alone is not able 
to produce typical hydrocarbon fuels because o f the presence o f residual oxygen 
heteroatoms. Therefore, further deoxygenation o f bio-oils is required for this purpose (Li, 
Garedew et al. 2012).
Most of the studies related to catalytic HTL of lignocellulosic biomass employed 
alkali catalysts to increase bio-oil yields and suppress biochar formation (Minowa, Zhen 
et al. 1998, Karagoz, Bhaskar et al. 2004). In some studies, heterogeneous catalysts 
(noble metals, mono-, and bimetallic oxides on different supports) were used for direct 
liquefaction of algal biomass in hydrothermal media (Duan and Savage 2011). However, 
these catalysts seem to be more efficient for deoxygenation of resulting bio-oils 
(Furimsky 2000). Presence of-transition metal oxides increases yields o f gaseous products 
and reduces oxygen and nitrogen contents of bio-oil. However, these catalysts provide 
lower bio-oil yields and recover less energy in the form of bio-oil compared to the 
homogeneous ones (Jena, Das et al. 2012).
C0 M0 /AI2O3 and NiMo/ALCb catalysts are commonly used for removal o f N and 
S heteroatoms from crude oil and therefore can also be efficient for removal o f N, S, and 
O from bio-oils. Those catalysts have received an increased attention for upgrading bio­
oils (Furimsky 2000, Elliott 2007) but a number of alternative catalysts have also been 
reported for upgrading bio-oils and lignin-derived compounds (Choudhary and Phillips 
2011, Hicks 2011). Bimetallic catalysts are more active in the reduced form for some 
types o f reactions while the sulfided counterparts are more active for others. Typically, 
the C0 M0  or NiMo catalysts are used in a sulfided form in the presence of H2S. It is
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believed that sulfiding is necessary to protect the metal oxides species from being 
reduced to the metal form, which are more active for hydrogenolysis reactions and can 
lead to coke deposition and deactivation o f the catalyst. However, there are some 
disadvantages o f using sulfided catalysts for processing biomass such as (1) additional 
cost of the sulfiding agent, storage tank, pumps, and additional equipment; (2) formation 
o f mercaptans that may lead to the presence o f sulfur in the product streams; (3) sulfiding 
agent (H2S) must be removed from the products and the sulfur must be recovered from 
the H2S; (4) corrosive effects of H2S (Krar, Kovacs et al. 2010). To prevent these 
problems, the reduced form of the catalysts (also in the presence o f H2) would be a more 
attractive option for hydrothermal processing/deoxygenation o f biomass. It was proposed 
that reduced Mo-based catalysts might exhibit behavior similar to that o f sulfided forms 
(Vogelzang, Li et al. 1983, Wang and Ozkan 2005). The active sites o f both reduced and 
sulfided CoMo catalysts were the same for hydrotreating reactions, however, reaction 
mechanisms were different (Wang and Cai 2013). A reduced form of C0 M0 /AI2O3 and 
other bimetallic catalysts have been widely used for hydrothermal treatment of biomass 
(Roberts, Daage et al. 2013), upgrading products of fast pyrolysis (Fivga 2011), 
upgrading lipids to alkanes (Krar, Kovacs et al. 2010, Hancsok, Kasza et al. 2012), 
hydrodeoxygenation of model compounds (Bunch, Wang et al. 2007), water-gas shift- 
and hydrotreating reactions (Wang and Cai 2013). Similarly, homogeneous (water- 
soluble) catalysts such as Na2CC>3, K2CO3, Ni(NC>3)2 were used for increasing bio-oil 
yield at lower temperatures (Tungal and Shende 2013).
The objectives o f this research were to: (i) study the HTL of ACS-UHS with 
homogeneous (K2CO3) and heterogeneous (C0M0/AI2O3) catalysts (without adding sulfur
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to the reaction media) and understand the effect of the reduced bimetallic catalyst as a 
function o f temperature and reaction time on the HTL process; (ii) maximize the overall 
bio-oil and energy yields by optimizing the process conditions and develop the mass 
balance for the integrated bioethanol and bio-oil production from com stover. To the best 
of our knowledge, there are no reported studies on HTL of ACS-UHS. The integration o f 
biochemical and thermochemical conversion of lignocellulosic biomass could be 
important for the future of the biorefmery concept in terms of maximizing the carbon 
utilization to produce fuels and chemicals in an economically viable way.
3.2. Experimental part
In the current study, ACS-UHS was subjected to HTL in a 500 mL batch reactor 
equipped with Parr 4848 controller at three different temperatures (280, 320, and 350 °C) 
in the absence and at the presence of K2CO3 and reduced C0 M0 /AI2O3 catalysts for 30 
min. The preheating time ranged between 30 to 40 min depending on the required 
reaction temperature. Reaction temperatures were selected based on the typical HTL 
conditions reported elsewhere for the similar applications (Karagoz, Bhaskar et al. 2005, 
Choudhary and Phillips 2011). The homogeneous catalyst was dissolved in the reaction 
medium. The pelletized heterogeneous catalyst was suspended in a stainless steel cage 
installed in the reactor. The liquid and solid phases were separated after the completion of 
an experiment and bio-oils were extracted from the both phases.
Extraction o f bio-oils from the liquid and solid phases was performed with diethyl 
ether and acetone, respectively, as described by Karagoz et al. (Karagoz, Bhaskar et al. 
2004, Karagoz, Bhaskar et al. 2005, Karagoz, Bhaskar et al. 2005). Diethyl ether and
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dichloromethane are the two non-polar solvents most commonly used for extractions o f 
organic substances from aqueous solutions. However, diethyl ether has the highest 
dielectric constant from all non-polar solvents (4.3) and is therefore capable o f extracting 
a wider range o f HTL products (both non-polar and slightly polar) from the aqueous 
phase. It also has the lowest boiling point from all non-polar solvents (34.6 °C) and so 
can be easily removed after the separation o f the ether and water phases.
The gaseous products were collected after cooling the reactor down to the ambient 
temperature and analyzed using GC. The aqueous phase was analyzed for pH using a 
probe and for total organic carbon (TOC) using Shimadzu T O C -V cp h  analyzer. Biomass, 
bio-oils, and biochar were subjected to elemental analysis (C, H, and N) and higher 
heating values (HHV) of the products were calculated using Dulong's formula (Akdeniz 
and Gundogdua 2007). The composition of bio-oils was studied using GC-MS, 'H NMR 
and 13C NMR spectroscopy. All the analyses were done in triplicate.
3.2.1. Materials
The biomass degrading enzymes (Cellic CTec2 and Htec2) used in the 
preparation of the ACS-UHS were a generous gift from Novozymes (Franklingon, NC, 
USA) while the Multifect Pectinase (MP) enzymes were a generous gift from Genencor 
(currently DuPont, Palo Alto, CA, USA). The solvents (diethyl ether, acetone), chemicals 
(K2CO3 (lab grade, > 99%) and anhydrous Na2S04) were purchased from Fischer 
Scientific Inc., USA, and used as received. SCOTTY gas calibration standard containing 
50 wt% H2, 10 wt% CH4, 10 wt% CO, 20 wt% CO2, 5 wt% ethylene, and 5 wt% propane 
was purchased from Air Liquid America Specialty Gases LLC, USA, for calibrating GC.
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Pelletized (1/8" extrusions) C0 M0 /AI2O3 catalyst (3.5% CoO, 14% M0 O3, surface area 
-244 m2/g) was purchased from Strem Chemicals, Inc., USA and reduced under the flow 
hydrogen atmosphere (1 L/min) at 500 ± 5 °C for 2 h before being used.
3.2.2. Feedstock
ACS-UHS was produced using a high pressure stainless steel vessel (Parr 
company, IL) using the following pretreatment conditions; anhydrous ammonia to 
biomass loading - 1:1, moisture - 60%, temperature - 100°C, reaction time - 30 min as 
described in (Balan, Bals et al. 2009). Residual ammonia present in the pretreated 
biomass was removed by keeping the biomass in the hood overnight. The ACS-UHS with 
< 10% moisture content was stored in a Ziploc bag at 4°C until further use. High solid 
loading (18%) enzymatic hydrolysis was performed under sterile conditions in a 2 L 
baffled shake flask. Commercial enzymes (Ctec2, Htec2, and Multifect Pectinase) at 15 
mg/g of glucan and autoclaved water were added to ACS-UHS in a baffled flask. This 
addition was performed in a laminar flow chamber to avoid microbial contamination 
during the enzymatic hydrolysis, which was carried out at 50 °C, pH 5.0 (adjusted with 6 
M HC1), for 24 h. The hydrolyzed biomass was then transferred to a centrifuge tube and 
centrifuged at 10,000 rpm using a Beckman Coulter (Brea, CA, USA) centrifuge for a 
period of 30 min. The supernatant (hydrolysate) was transferred to another vessel and the 
residual sugars bound to the ACS-UHS were removed by washing two times with water 
(10 time v/w) followed by repeated centrifugation and supernatant removal. Most o f the 
wet ACS-UHS (-70.5% moisture) was transferred into a Ziploc bag and stored at -20 °C
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until further use. Some amount of this ACS-UHS was dried in an oven at 45 ± 2°C for 72 
h, ground, and used as a feedstock in the study.
3.2.3. ACS-UHS composition analysis
Extractive-based compositional analyses o f the ACS-UHS were performed 
according to NREL Laboratory Analytical Procedures (LAPs): ‘ ‘Preparation o f samples 
for compositional analysis ’ ’ and ‘ ‘Determination o f structural carbohydrates and lignin 
in biomass ” (NREL/TP-510-42618). The biomass was subjected to extraction with water 
and ethanol prior to the acid hydrolysis step. The sugar concentrations o f the extracts 
were included in the composition. Monomeric sugars were quantified using Shimadzu 
HPLC system equipped with an Aminex HPX-87P carbohydrate analysis column 
(Biorad, Hercules, CA) and Waters 410 refractive index detector (RID). Degassed HPLC 
grade water with 5 mM H2SO4 was used as a mobile phase at 0.6 mL/min. Injection 
volume was 20 pL with a run time of 20 min. The products after microbial fermentation 
of ACS hydrolysate were analyzed for ethanol and residual sugars with the above 
mentioned HPLC system equipped with an Aminex HPX-87H column (Biorad, Hercules, 
CA). The elemental analysis o f ACS-UHS was done using Thermo-Finnigan Flash EA 
1112 elemental analyzer. The composition and results of the elemental analysis o f ACS- 
UHS used in this study are provided in Table 10.
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C H N O* MJ/kg
ACS-
UHS
13.90 5.79 1.05 52.49 12.32 44.64 4.92 2.94 47.50 14.21
RSD,
%
<1.5 <1.2 <1.0 <2.0 <2.0 <1.9 <1.9 <1.9 <1.9 -
*0 percentage was calculated based on the difference assuming that biomass contains 
only C, H, O, and N elements
**HHV was calculated using Dulong’s formula: HHV (MJ/kg) = 33.5 (C%) + 142.3 
(H%) -  15.4 (0% ) -  14.5 (N%) (Akdeniz and Gundogdua 2007)
3.2.4. Apparatus and experimental procedure
HTL experiments were carried out in a 500 mL batch reactor equipped with a Pan- 
4848 controller (Parr Instrument, Moline, IL, USA) at 280 ± 1 °C, 320 ± 1 °C, and 350 ± 
1 °C for 30 min, both in the absence and at the presence of the catalysts. The heating rate 
was 10-15 °C/min depending on the required reaction temperature. The reaction time did 
not include the preheating and cooling time. The autogenously obtained pressures were 
950 ± 5 psi, 1640 ± 5 psi, and 2400 ± 5 psi, respectively. In a typical experiment, 50 g of 
UHS (dry basis) and 200 mL of deionized water were loaded into the reactor. For the 
catalytic runs, 5 wt% (2.5 g) of K2CO3 or 5 g o f reduced C0 M0 /AI2O3 were added to the 
reaction media. After loading, the reactor was purged with helium for 5 min. The reaction 
medium was continuously stirred at 100 rpm. After completing an experiment, the reactor 
was rapidly cooled down to the room temperature. The experimental conditions used for 
HTL experiments are shown in Table 11.







1 280 No catalyst
2 320 No catalyst
3 350 No catalyst
4 280 k 2c o 3
5 320 k 2c o 3
6* 350 k 2c o 3
7 280 CoM o/A120 3
8 320 CoM o/A120 3
9* 350 CoM o/A120 3
* Experiments conducted in duplicate
3.2.5. Bio-oil separation protocol
The overall procedure for the separation of the HTL products is shown in Fig. 13. 
In the current study, bio-oils from the liquid and solid phases were extracted with diethyl 
ether and acetone, respectively. After cooling the reactor down to the ambient 
temperature, the temperature and pressure were recorded and used for quantifying the 
gaseous products. The gaseous products from runs 6 and 9 (the catalytic HTL with 
maximum bio-oil yields) were collected and analyzed using SRI 86IOC GC equipped 
with a 10' x 1/8" SS Hayesep-D packed column and a thermal conductivity detector.
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Helium at 10 mL/min was used as the carrier gas. The temperature program was set up as 
follows: initial temperature 40 °C, hold for 5 min, ramp at 10°C/min, final temperature 
120 °C.
The stainless steel cage with the heterogeneous catalyst pellets was removed from 
the reactor. The homogeneous catalyst was not recovered from the aqueous phase. The 
solid and liquid products were rinsed from the reactor to a flask using 100 mL of 
deionized water, acidified with 1 M HCL to obtain pH of approximately 1-2, kept 
overnight at 4 °C (12 h), and separated by vacuum filtration. Acidification was used for 
precipitating o f organic acids and soluble lignin and, therefore, for better separation of 
the solid and liquid phases (Radoykova, Nenkova et al. 2013). Before acidification, the 
total organic carbon (TOC) and pH of the aqueous phase were measured for all the 
experiments. The solid products were dried in an oven at 65 ± 2 °C for 24 h and 
quantified.
After that, 200 mL of diethyl ether was added to the aqueous portion, and the 
mixture was shaken vigorously for about 10 min. The water-ether mixture was then 
separated using a separating funnel. The ether phase was dried over anhydrous Na2S04, 
filtered, and evaporated in a vacuum rotary evaporator at room temperature. After 
removal o f the ether, the remaining fraction was quantified and labeled as light bio-oil 
(LBO). The oven-dried solid portion was washed several times with 300 mL of acetone, 
after which the solids were separated from the extract by vacuum filtration. After removal 
of acetone from the extract in a vacuum rotary evaporator at 40 °C, the obtained product 
was quantified and labeled as heavy bio-oil (HBO). The sum of LBO and HBO was 
labeled as total bio-oil (TBO). The remaining solids were dried in an oven at 105 ± 2 °C 



















Figure 13. Products separation procedure that was followed to produce light bio-oil 
(LBO), heavy bio-oil (HBO), biochar, and aqueous-soluble products from ACS-UHS.
After deactivation, C0 M0 /AI2O3 catalyst can be regenerated by burning out the coke in a 
muffle furnace at 575 °C for 4 h, reduced by hydrogen as described above, and reused in 
the HTL process.
3.2.6. Bio-oil characterization
One dimensional 'H and 2D hetero nuclear 'H -i3C single quantum coherence 
(HSQC) experiments o f liquid bio-oils from experiments 6 and 9 were obtained using a 
Bruker AVANCE III NMR spectrometer. Solid-state l3C NMR of biochar was obtained 
with a Bruker AVANCE II 400 MHz NMR spectrometer with a 4 mm cross polarization
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(CP) magic angle spinning (MAS) probe (spin=12kHz). Bio-oils were dissolved in 
methanol and analyzed with a Hewlett Packard 6890 gas chromatography system with a 
Restek Rtx-5 column (30 m x 0.25 mm x 0.25 pm) and a Pegasus III time-of-flight mass 
spectrometer (LECO Corporation). The oven was held at 50 °C for 2 min. ramped up to 
200 °C at a rate o f 5 °C/min, and then ramped to 300 °C at a rate of 20°C/min. Samples 
were injected in the split mode at 250 °C with helium as the carrier gas. The compounds 
were identified using the NIST library o f  mass spectra.
3.3. Results and discussion
3.3.1. Product distribution
The pH and TOC of the aqueous products produced immediately after HTL 
process are shown in Fig. 14 a, b.
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Figure 14. (a) pH and (b) TOC o f the aqueous phase as functions o f temperature. RSD
(a) < 2.8%, RSD (b) < 2.2%.
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A slight increase in pH was observed for all the experiments with K2CO3 in this 
study. The TOC of the aqueous phase was also higher for all the runs in the presence o f 
K2CO3 for all the temperatures studied. These observations can be explained by the 
known effect of alkali solutions that inhibit the formation o f char while favoring the 
formation o f bio-oil (Minowa, Zhen et al. 1998). The TOC content of the aqueous phase 
most likely included glucopyranose, benzenediol, and other glucan-and lignin-derived 
compounds (3-methyl- 1,2-benzenediol, 4-methyl-1,2-benzenediol, 4-ethyl-1,2- 
benzenediol, etc.) that are soluble in water at the ambient conditions (Ba, Chaala et al. 
2004).
The gas composition from runs 6 and 9 (350 °C with K2CO3 and C0 M0 /AI2O3, 
respectively) is shown in Table 12. As can be seen from the table, CO2 yield in the 
experiment with C0 M0 /AI2O3 catalyst was higher than in the one with K2CO3 . This effect 
can be explained by the high deoxygenation activity o f this catalyst that can promote 
decarboxylation at the reaction temperatures above 300 °C (Laurent and Delmon 1994). 
The gaseous phase consisted of CO2 (major component), CO, CH4, and trace amount of 
C2H4 . The highest amounts o f gaseous products was also observed when C0 M0 /AI2O3 
was used as a catalyst, which can be explained by the high 
deoxygenation/decarboxylation activity of this catalyst as well as by the steam reforming 
of the aqueous product intermediates, lower-temperature water-gas shift reaction, and 
methanation reaction (Demirbas 2011).
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°C CH4, wt% CO, wt% COz, wt%
6* 350 K2CO3 1.5 ±0.5 9.6 ±0.8 88.9 ± 1.2
9* 350 C0 M0 /AI2O3 1.8 ±0.5 4.2 ± 0.8 94.0 ± 1.2
* Experiments conducted in duplicate
Bio-oils; Visually, LBO was dark viscous liquid and HBO was dark tarry 
substance under the ambient conditions. Bio-oils (LBO and HBO) yields obtained during 
all the liquefaction experiments are shown in Fig. 15. The increase o f the reaction 
temperature from 280 to 350 °C resulted in higher LBO yields and lower HBO yields for 
all the runs. Maximum TBO yield was observed at 350 °C (30.1 wt%) in the presence of 
homogenous catalyst. The further increase of the reaction temperature might lead to a 
degradation of bio-oils and increase in producing gaseous products for all the 
experimental conditions. These results were similar to the results o f HTL of biomass 













Figure 15. Bio-oil yields for all the HTL experiments (RSD < 2.5%).
Table 13 provides the distribution o f all the products obtained during the HTL of 
ACS-UHS.




















1 No catalyst 280 50.6 8.8 17.8 26.6 31.6 0.8 41.0 31.9
2 No catalyst 320 54.6 11.7 15.4 27.1 30 8.1 34.8 35.8
3 No catalyst 350 60.0 13.9 13.7 27.6 26.2 11.4 34.8 40.1
4 K2CO3 280 57.7 11.9 15.5 27.4 26.8 3.9 41.9 34.2
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5 K2CO3 320 64.6 16 13 29 22.4 5.9 42.7 38.3
6 K2CO3 350 68.7 18.8 11.3 30.1 20.1 11.4 38.4 43.4
7 C0 M0 /AI2O3 280 60.6 10.3 11.6 21.9 27.9 0.1 50.1 25.9
8 C0 M0 /AI2O3 320 66.4 12.0 10.7 22.7 23 11.9 42.4 32.4
9 C0 M0 /AI2O3 350 73.7 15.6 8.5 24.1 17.8 21.6 36.5 41.3
RSD < '1 .5 ,21.5,32 .0 ,42.3%
*Water-soluble products
Conversion was calculated using Eq. (32)
Degree of liquefaction was calculated using Eq. (33)
It can be seen from the table that the biochar formation in the catalytic runs was 
lower than that in the thermal (non-catalytic) runs. The homogeneous catalyst inhibited 
the formation o f biochar more efficiently and favored the formation o f bio-oils. Minowa 
et al. studied the liquefaction of cellulose in hot compressed water using Na2CCb as a 
catalyst. They observed that the alkali catalyst inhibited the formation of char and favored 
the formation of bio-oils (Minowa, Zhen et al. 1998). Our results are in good agreement 
with their observations. The conversion and degree of liquefaction shown in Table 13 
were calculated according to the formulae:
m UHS * m Biochar





Degree of Liquefaction = — ^ ----------- 100% @3)
'-'UHS
Where h iu h s -  mass o f unhydrolyzed solids (dry basis), msiochar -  mass o f biochar 
(dry basis), TOC -  mass of total organic carbon in the aqueous phase, C uh s -  mass of 
elemental carbon in unhydrolyzed solids, g.
As can be seen from Table 13, the maximum degree o f liquefaction (DL) was
43.4 wt% at 350 °C with the use o f K2CO3 catalyst, which is similar to what was reported 
for an alkali catalyzed HTL of biomass (Karagoz, Bhaskar et al. 2004). C0 M0 /AI2O3 
catalyst turned out to be relatively less efficient for HTL o f this type o f biomass. This 
might be due to the high decarboxylation activity of the heterogeneous catalyst that 
resulted in extensive gas formation and removal o f carbon from the biomass mainly in the 
form of CO2 (Laurent and Delmon 1994).
The optimal conditions for ACS-UHS liquefaction were in the range o f reaction 
temperatures from 320 to 350°C with the use o f the homogeneous (K2CO3) catalyst. 
Although TBO yield was higher at 350°C, the TBO produced at 320°C had higher carbon 
and hydrogen contents. This phenomenon is consistent with the higher heating values and 
the energy conversion ratios discussed below. TBO yield for run 6 (350°C with K2CO3 
catalyst) was 30.1 wt%, which was the highest bio-oil yield obtained in the study.
The highest conversion of ACS-UHS (73.7 wt%) was observed for the run 9 (350 
°C with C0 M0 /AI2O3 catalyst) vs. 60.0 and 68.7 wt%. for runs 3 and 6 (350 °C with no 
catalyst and with K2CO3 catalyst). However, this was mainly due to the higher gas 
formation than in the respective runs 3 and 6 while bio-oil formation in run 9 was lower.
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3.3.2. Energy contents of bio-oils and biochar
The elemental analysis, H/C and O/C ratios, and higher heating values (HHV) of 
the raw biomass as well as bio-oils and biochar produced at 280, 320, and 350 °C in the 
absence and at the presence o f both the homogeneous and heterogeneous catalysts are 
provided in Table 14.
























- - 44.6 4.9 2.9 47.5 1.32 0.80 14.2
1 Biochar No catalyst 280 46.7 3.4 3.1 46.8 0.88 0.75 12.9
2 Biochar No catalyst 320 45.5 2.9 3.2 48.3 0.77 0.80 11.5
3 Biochar No catalyst 350 48.9 3.0 3.3 44.9 0.73 0.69 13.2
4 Biochar K2CO3 280 48.6 3.7 3.2 44.4 0.92 0.68 14.3
5 Biochar K2CO3 320 48.5 3.4 3.2 44.9 0.85 0.69 13.7
6 Biochar K2CO3 350 49.5 3.3 3.0 44.2 0.80 0.67 14.0
7 Biochar C0M0/AI2O3 280 51.0 3.9 3.4 41.7 0.91 0.61 15.7
8 Biochar C0M0/AI2O3 320 49.7 3.4 3.5 43.4 0.81 0.65 14.2
9 Biochar C0M0/AI2O3 350 47.4 2.8 3.4 46.4 0.72 0.73 12.3
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1 LBO No catalyst 280 63.3 7.2 1.2 28.3 1.37 0.34 26.9
2 LBO No catalyst 320 54.7 6.7 0.8 37.8 1.47 0.52 21.9
3 LBO No catalyst 350 54.6 6.7 0.7 38.0 1.47 0.52 21.9
4 LBO K2CO3 280 56.3 7.0 1.1 35.7 1.48 0.48 23.1
5 LBO K2CO3 320 62.5 6.9 0.9 29.6 1.33 0.35 26.1
6 LBO K2CO3 350 54.1 6.9 0.9 38.1 1.53 0.53 21.9
7 LBO C0 M0 /AI2O3 280 59.7 6.2 1.2 32.9 1.24 0.41 23.5
8 LBO C0 M0 /AI2O3 320 60.7 6.6 1.0 31.7 1.30 0.39 24.7
9 LBO C0 M0 /AI2O3 350 54.8 6.0 0.8 38.5 1.32 0.53 20.9
1 HBO No catalyst 280 67.1 7.7 1.9 23.3 1.37 0.26 29.5
2 HBO No catalyst 320 70.7 7.6 2.0 19.8 1.28 0.21 31.1
3 HBO No catalyst 350 72.3 8.3 2.2 17.2 1.38 0.18 33.0
4 HBO K2CO3 280 67.0 7.7 2.0 23.4 1.37 0.26 29.4
5 HBO K2CO3 320 69.1 7.5 2.1 21.3 1.31 0.23 30.3
6 HBO K2CO3 350 72.4 7.9 2.1 17.6 1.31 0.18 32.5
7 HBO C0 M0 /AI2O3 280 66.1 7.7 1.6 24.6 1.40 0.28 29.1
8 HBO C0 M0 /AI2O3 320 69.0 7.6 1.7 21.7 1.33 0.24 30.4
9 HBO C0 M0 /AI2O3 350 69.9 8.1 1.8 20.1 1.40 0.22 31.6
*Oxygen percentage was calculated based on the difference assuming that the biomass 
contains only C, H, O, and N elements
**Higher Heating Value (HHV) was calculated using Dulong’s formula: HHV (MJ/kg) =
33.5 (C%) + 142.3 (H%) -  15.4 (0% ) -  14.5 (N%) (Akdeniz and Gundogdua 2007)
1 0 2
It can be seen from Table 14 that HHVs o f both LBO and HBO were higher for 
all the runs, H/C ratios o f LBOs were higher for the thermal and homogeneous catalytic 
runs, and O/C ratios of both LBO and HBO were lower for all the runs than the 
respective values o f the raw biomass. The HHVs o f the extracted biochar did not show a 
significant difference in comparison to the raw biomass. This might be due to the prior 
extraction o f HBO, which reduced the HHVs of the solid residue to the reported values. 
The HHV o f 26.1 MJ/kg and 30.3 MJ/kg were respectively observed for LBO and HBO 
obtained at 320°C in the presence o f the homogeneous catalyst (run 5). For comparison, 
Fig. 16 a, b shows the energy distribution o f the products obtained from runs 6 and 9 (350 
°C with K2CO3 and C0 M0 /AI2O3 , respectively). HHVs o f the water-soluble products 
were calculated based on the difference.
Figure 16. (a) Energy (HHV) distribution o f the products from runs 6 (350 °C with 
K2CO3) and (b) -  from run 9 (350 °C with C0 M0 /AI2O3).
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Energy conversion ratio is defined as a ratio between the useful output o f an 
energy produced during the HTL process o f biomass and the input, in energy terms. 
ECRs o f ACS-UHS for bio-oils were calculated for all the runs using the following o f 
formula (Ramsurn and Gupta 2012):
m LBO* HHVlbo + JTIhbo* HHVhbo 
ECR = ----------------------------------------------100% ( '
m uHs* H H V uhs
where mi,BO. mHBO, muHs -  masses o f LBO, HBO, and UHS, g, respectively; H H V lb o ,  
H H V h b o ,  H H V u h s  -  higher heating values o f LBO, HBO, UHS, kJ/g, respectively.
The distribution o f ECRs for all the runs is compared in Fig. 17.
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Figure 17. Energy conversion ratios for all the HTL experiments.
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The highest ECR of 57.1% was observed for the bio-oils obtained at 320 °C in the 
presence of the homogeneous catalyst. Ramsurn and Gupta reported 66.6% of ECR for 
switchgrass to biocrude via a two-stage process and compared their results with various 
feedstock including microalgae using the same equation (3) (Ramsurn and Gupta 2012). 
The majority o f lignocellulosic biomass had less than 53% of ECR whereas one of the 
studies on microalgae (Nannochloropsis sp.) reported 85.8% of ECR. The particularly 
high conversion of the microalgae may be attributed to the application of higher pressure 
(350 bar) and the fact that the feedstock contained only 25.1 wt% of oxygen as compared 
to ACS-UHS having 47.5 wt% of oxygen (Brown, Duan et al. 2010). Generally, 
herbaceous lignocellulosic biomasses (switchgrass, rice husk, and com stover) have been 
reported to have low ECRs to bio-oils irrespective o f the different thermochemical 
liquefaction methods. However, in this study, we demonstrated ECR of bio-oils produced 
from ACS-UHS can be 57.1%, which is significantly higher than 45% of ECR obtained 
from pyrolysis o f similar feedstock (switchgrass). The highest TBO yield with slightly 
lower HHV (21.9 MJ/kg for LBO and 32.5 MJ/kg for HBO) was observed for run 6 (350 
°C with K2CO3) and these process conditions were considered as the optimal for ACS- 
UHS liquefaction.
3.3.3. Composition of bio-oils and biochar
Runs 6 and 9 were selected for compositional analyses o f the products because 
they provided the highest bio-oil yields for the catalytic runs. Even though C0 M0 /AI2O3 
did not demonstrate the high liquefaction activity, it provided an opportunity to observe 
the difference in bio-oil compositions produced in the presence o f homogeneous and
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heterogeneous catalysts. Table 15 shows the composition o f the LBOs from run 6 and 9 
as identified by GC-MS.
Table 15. Identification o f compounds in LBO from runs 6 (350 °C, Na2C03) and run 9 
(350 °C, C0 M0 /AI2O3) by GC-MS (RSD <2%)
Peak No. RT, min Compound Peak area, %
Run 6 Run 9
1 6.94 2-Methyl-2-cyclopenten-1 -one 1.79 2.59
2 9.09 Phenol 52.20 40.99
3 11.83 4-Methyl-phenol 1.90 3.95
4 12.31 2-Methoxy-phenol 16.53 15.17
5 14.54 4-Ethyl phenol 9.78 14.02
6 15.48 1,2-Benzenediol 14.83 9.45
7 17.27 3-Methoxy-1,2-benzenediol - 3.46
8 17.75 4-Ethyl-2-methoxy phenol 2.98 3.96
9 19.72 2,6-Dimethoxy-phenol 0.00 5.17
10 20.50 4-Ethyl-1,3-benzenediol - 1.25
Total 100.00 100.00
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It can be seen from the table that LBO is a complex mixture o f phenol and 
benzenediol derivatives with phenol, 2-methoxy-phenol, 4-ethyl phenol, 1,2-benzenediol, 
and 4-ethyl-2-methoxy phenol being the major compounds. Dominance o f phenol and 
benzenediol derivatives can be explained by breaking (1-aryl and benzoyl-ether bonds of 
lignin resulting in production o f phenolic compounds that might further decompose to 
benzenediol derivatives. The recent study by Singh et al. also reported the presence of 
substituted phenols and aromatic ethers present in bio-oils due to the breakage of various 
C-C and C-O-C ether bonds ((1-0-4 or/and a-0-4) present in lignin (Singh, Prakash et al. 
2014). The results of the chromatographic analysis o f LBO are similar to the results 
reported by other researchers for hydrothermal or pyrolytic treatments of lignocellulosic 
biomass (Kruse and Gawlik 2003, Karagoz, Bhaskar et al. 2005).
The compounds were clearly derived from the lignin-rich starting material that 
was partially depolymerized. Phenolic compounds dominated the LBO fractions by over 
98% of the total peak area. This is consistent with the composition o f the liquefaction 
products observed by Karagoz et al. (Karagoz, Bhaskar et al. 2005). Furthermore, these 
researchers described a likely pyrolytic mechanism of formation of phenol, 2-methoxy- 
phenol, and 1,2-benzenediol from lignin monomers (Filley, Hatcher et al. 2000, Karagoz, 
Bhaskar et al. 2004, Pandey and Kim 2011, Kibet, Khachatryan et al. 2012). Based on the 
results from Table 15 and the results o f non-catalytic runs reported by Karagoz et al. for 
the similar application (Karagoz, Bhaskar et al. 2005), the main difference between non- 
catalytic and catalytic runs was the presence o f variety of benzenediol derivatives in the 
products from the catalytic runs. However, in non-catalytic runs, only 1,2-benzenediol in 
was observed. The use of catalysts increased the amount o f 2-methoxy-phenol and
107
significantly reduced the amounts o f 4-methy 1-phenol and 1,2-benzenediol in LBO 
compared to the non-catalytic runs. The heavy bio-oil fractions were not readily ionized 
with GC-MS and, therefore, NMR analysis was employed to broaden our molecular 
understanding o f the bio-oils’ composition.
Bio-oils obtained in this study can be further upgraded into drop-in fuels. LBO 
contained 25-35 wt% of oxygen and HBO -  20-25 wt% of oxygen (HBO) (Table 14) 
while conventional fuels have less than 1 wt%. The main objective of upgrading bio-oils 
into fuels is removal o f oxygen heteroatoms by hydrogenation, dehydration (removal 
oxygen in form o f water), decarboxylation (removal of oxygen in form o f CO2), and 
decarbonylation (removal o f oxygen in form of CO). These reactions occur at 250-350°C 
and 10-18 MPa in the presence o f various catalysts such as C0 M0 , NiMo, NiW, Ni, Co, 
Pd, and CuCrO on different supports such as AI2O3, y- AI2O3, Si0 2 -Ab0 3 , zeolite Y/ 
AI2O3, C under the hydrogen atmosphere. In a catalytic hydrodeoxygenation (HDO) of 
bio-oils, oxygen content can be reduced to 0.1 wt% with hydrogen consumption of 4 wt% 
(Goudriaan and Peferoen 1990, Peterson, Vogel et al. 2008, Demirbas 2011). HDO 
allows obtaining liquid products similar to diesel and jet fuel with a cetane numbers o f > 
50.
3.3.3.I. ’H NMR analysis
The proton NMR spectra of LBO from run 6 and 9 indicated no major differences 
in chemical composition between these bio-oils (Fig. 18).
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Figure 18. ID 'H NMR spectra o f LBO and HBO from runs 6 and 9 in CDCb.
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The chemical shift region from 0.5 to 1.5 ppm represent aliphatic protons attached 
to carbon atoms at least two bonds removed from a C=C double bond or a heteroatom (O 
or N). The normalized integrated area from 0.5 to 1.5 ppm for Runs 6 and 9 are 41% and 
43%, respectively, o f the entire spectrum area. Contrastingly, the proton spectra of HBO 
of run 6 and 9 contain more aliphatic protons (77% and 81%, respectively when 
normalized to 100%) than the LBO. The chemical shift region from 1.5 to 3.0 ppm 
represents protons on aliphatic carbon atoms that are bonded to an aromatic or olefmic 
(C=C) bond or two bonds away from a heteroatom. LBO spectra contain more protons in 
this region relative to the entire integrated signal than the HBO spectra.
The chemical shift region from 3.0 to 4.5 ppm is representative of hydrocarbons 
adjacent to alcohols, methoxy phenols and methylene groups attached to a benzene- 
carboxylic ester. The chemical shift region from 4.5 to 6.1 ppm is typical for side-chain 
carbons in lignin molecules. The region of spectra from 6.1 to 8.5 ppm contains aromatic 
protons and possibly hetero-aromatics (O and N). LBO contains more resonances in this 
region suggesting that the aromatic diversity is much greater than HBO. However, the 
proton spectra contain many overlapping signals that make interpretation difficult and 
limit it to general functional group descriptions. A two dimensional experiment, such as 
Heteronuclear Single Quantum Coherence (HSQC), acquires significant resolution 
improvement by correlating 'H directly bonded to I3C (Koenig, Sleighter et al. 2010).
3.3.3.2. 'H-I3C two dimensional NMR analyses
The 1H-UC HSQC NMR demonstrates the superior resolution o f two-dimensional 
spectra o f LBO of run 6. This resolution of the two-dimensional spectra allows observing
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four distinct peaks at 1.2, 8.8 ppm (*H, 13C), 1.2, 16 ppm, 1.2, 16 ppm, 1.2, 22 ppm, and
1.2, 30 ppm respectively. In the 'H spectra (Fig. 18) at 1.2 ppm, the 4 peaks all overlap, 
but in the 2D spectrum, the cross peaks are clearly resolved.
Both LBO and HBO contain common moieties assigned to phenols (6.8, 115 
ppm, 6.7, 121 ppm, 6.8, 121 ppm), methoxy phenols (3.8, 56 ppm, 6.8, 112 ppm, 6.8, 120 
ppm) and alkyl-substituted benzenes. Contrastingly to LBO, HBO does not exhibit 
signals from a diversity of aromatic compounds. Cross peaks indicate parabens and 
alkylphenolic compounds and are consistent with p  -hydroxybenzoate (3.8, 56 ppm; 4.2, 
68 ppm; 7.7, 129 ppm; 7.5, 131 ppm) and benzene-di-carboxylic acid, di-isooctyl ester 
with a C6 branched chain substituent (1.7, 39 ppm; 4.2, 68 ppm; 7.7, 129 ppm; 7.5, 131 
ppm).
LBO contains much more oxygenated aromatic compounds including hydroxy- 
phenyls, benzene-diols, phenols, methoxy phenols and alkyl-substituted benzenes. Not 
only is this clearly seen in the number of cross peaks in the aromatic region (Fig. 18) 
from 6 to 8 ppm in the 'H dimension and 100 to 145 in the 13C dimension, but it is also 
evident in the number of cross peaks from 2.0 to 3.0 ppm ('H  dimension) and 15 to 50 
ppm (13C dimension) resulting from methyl- and ethyl-phenols and cyclic ketones. The 
cross peaks at 3.8, 56 ppm and 3.7, 58 ppm are assigned to methoxyl and di-methoxyl 
groups attached to lignin-like aromatic structures such as guaiacyl, syringyl, /?-coumarate, 
and ferulate (Koenig, Sleighter et al. 2010).
3.4. HTL mechanism
HTL of biomass using subcritical water is potentially more advantageous over 
other thermochemical processes such as pyrolysis. It allows utilizing a wide variety o f
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wet biomass feedstocks without the need of its energy intensive drying. Under the 
reaction conditions (temperature 280-400 °C, pressure 20-25 MPa, time from few 
minutes to few hours, water-to-biomass ratio from 2 to 50), water serves as a reactant and 
reaction medium with a low viscosity and high solubility o f organic substances. These 
conditions provide fast, homogeneous, and efficient reactions. The high concentration o f 
H+ and OH" accelerates many acid- or base-catalyzed reactions, such as hydrolysis 
(Hunter and Savage 2004). Due to these advantages, feedstock macromolecules are 
decomposed into fragments that are reactive, unstable, and tend to repolymerize into oily 
compounds with heavier molecular weights.
ACS-UHS used as a feedstock in this study, contains mainly lignin (53 wt%) and 
undigested recalcitrant carbohydrates. Hydrothermal treatment of lignin was investigated 
by many authors in in the late 80’s. HTL reactions result in formation o f a liquid product 
that can be easily stored, transported, and used for hydrogenation/deoxygenation 
upgrading. During HTL of lignin-based feedstock, a variety o f soluble phenols, catechol-, 
guaiacol-, and other methoxy phenols are produced by hydrolysis o f the feedstock’s ether 
bonds. These products can further degrade by hydrolysis o f methoxy groups while their 
benzene rings remain stable. It was also reported that repolymerization of these products 
occurred leading to formation o f heavier insoluble products such as condensed phenols 
and phenolic biochar deposits (Barbier, Charon et al. 2012).
Catalysts play an important role in reducing biochar formation and increasing bio­
oil yield. The presence o f alkali catalysts (Na-, K-, and Ca2+ hydroxides and carbonates) 
facilitates solubility of lignin and suppresses condensation/repolymerization reactions 
(Ramsum and Gupta 2012). Metallic and bimetallic oxide or sulfide- or noble metal-
1 1 2
based catalysts (often under the hydrogen atmosphere) may assist in depolymerization of 
lignin-based feedstock by cracking, hydrogenolysis, and hydrodeoxygenation reactions 
and improve bio-oil yield (Oasmaa, Alen et al. 1993, Zakzeski, Bruijnincx et al. 2010). 
They seem to be an attractive option since they allow producing hydrocarbon-like 
products with lower oxygen content. However, heterogeneous catalysts typically provide 
lower bio-oil yields than homogeneous (alkali) catalysts. It seems to be more promising 
to depolymerize lignin-based feedstock by basic catalysts in the first stage followed by 
hydroprocessing with the objective to produce alkylbenzenes on sulfided hydrotreating or 
hydrocracking catalysts in the second stage (Shabtai, Zmierczak et al. 2003).
We assume that unlike alkali catalysts, the reduced C0 M0 /AI2O3 used in our study 
does not significantly contribute to stabilization o f bio-oil and inhibiting the formation of 
biochar from bio-oil, which results in lower bio-oil yield. Instead, it promotes 
decarboxylation o f the aqueous products and probably their steam reforming as well as 
the methanation reaction, which leads to an extensive gas formation.
3.5. Overall mass balance for a conceptual biorefinery
To determine the process yields, mass balance around pretreatment, enzyme 
hydrolysis, fermentation, and HTL and was developed and summarized in Fig. 19.
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F ig u re  19. The overall mass balance for four different unit operations o f  a conceptual 
biorefinery to produce bioethanol and bio-oil from ACS-UHS. All the weights are 
reported on a dry basis.
Corn stover subjected to AFEX pretreatment (dry to dry process) was not altered 
in terms o f carbohydrate composition. The ammonia released after AFEX pretreatment 
can be recycled and reused in a biorefmery. After 24 h o f enzymatic hydrolysis o f the 
ACS at 18% solid loading using the best combination o f commercial enzymes (Ctec2, 
Htec2, and Multifect pectinase) approximately 70% giucan and 80% xylan were 
converted into soluble sugars. The rate o f enzyme hydrolysis was fast during the first 24 
h but after that slowed down considerably due to the substrate crystallinity, accessibility 
o f unhydrolyzed polysaccharides, product inhibition, enzyme deactivation etc. (Hall, 
Bansal et al. 2010. Qing, Yang et al. 2010). For this reason, 24 h enzymatic hydrolysis 
was preferred to increase the efficiency o f the whole process.
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The residual UHS composed of 20.7% carbohydrates, 52.5% lignin and 5% 
protein was catalytically converted into bio-oil (30.1%), biochar (20.1%), gas (11.4%) 
and water-soluble organies (38.4%) through the HTL process, adding further value to the 
biorefmery. Saccharomyces cerevisiae (424A) produced 18 kg of ethanol with 95% 
metabolic yield consuming 99% of glucose and 88% of xylose without the addition of 
nutrients during the microbial fermentation o f ACS hydrolysate. Since 424A strain can 
consume only monomeric sugars, about 9.5 kg of oligomeric sugars were left behind after 
the fermentation. The low carbohydrate conversion o f ACS was compensated by the high 
metabolic yields during fermentation. The viability o f the biorefmery ultimately depends 
on the cost of pretreatment, carbohydrate conversion, and ultimately ethanol yields and 
value added product streams (bio-oil, biochar, etc). About 41 kg of UHS was produced 
after 24 h of hydrolysis o f 100 kg o f ACS-UHS. Subjecting the 41 kg o f UHS to the HTL 
process may conceptually result in the formation o f 12.3 kg bio-oil, 4.6 kg gaseous 
products, 8.2 kg biochar, and 15.7 kg water-soluble organies. ECR for bio-oil produced at 
320°C with K2CO3 catalyst was 57.1%. Bio-oil can be fiirther upgraded to obtain stable 
liquid compounds that can be used as transportation fuels or fuel additives through zeolite 
upgrading or catalytic hydrodeoxygenation (Hicks 2011). Biochar can be used as a solid 
fuel or a soil amendment additive. It is interesting to note that ECR for just bioethanol 
production from com stover by AFEX pretreatment, enzymatic hydrolysis, and 
fermentation was 32.7%. Therefore, when HTL of ACS-UHS is integrated with 
bioethanol production from com stover, the overall ECR can be increased up to 89.8%.
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3.5.1. Energy requirements for HTL process
Estimation of energy requirements for HTL process was done by calculation the 
energy return on energy invested (ERoEI) by dividing the amount o f energy in the 
produced bio-oils with the amount of energy required to bring the ACS-UHS suspension 
from 20°C and 1 atm to the best liquefaction conditions (320°C and 1640 psi (112 atm)) 
as described by (Valdez, Nelson et al. 2012). In order to determine the enthalpy o f the 
reaction medium, the tables of thermodynamic properties o f water were used assuming 
that the ACS-UHS-water mixture had the same enthalpy as the subcritical water under 
the above conditions. The enthalpy of the reaction medium was 1.46 MJ/kg. The bio-oil 
energy content was 57.1% of ACS-UHS that had HHV 14.21 MJ/kg. In a typical 
experiment, 0.2 kg of water and 0.05 kg o f biomass were used. Therefore, the energy 
invested in HTL process was 1.46 MJ/kg * 0.2 kg = 0.29 MJ. The energy return with the 
produced bio-oils was 14.21 MJ/kg * 0.05 kg * 0.571 = 0.406 MJ. Therefore, ERoEI for 
the optimal HTL conditions was 1.40 (energy positive HTL). This calculation was based 
only on the liquefaction reactor. The ERoEI for the entire process would be higher 
because biochar with the energy content of 21.7% of ACS-UHS was also produced. In 
this case, ERoEI would be 1.93. In a properly designed HTL process, heat recovery 
should be incorporated so that the hot reactor effluents would be used to heat the feed 
stream. In this way, up to 80% of the heat can be recovered (Valdez, Nelson et al. 2012).
3.6. Future perspective and potential research areas
The study of catalytic liquefaction of ACS-UHS showed that this feedstock can be 
efficiently utilized for producing bio-oils with high energy density that can be further
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upgraded to renewable transportation fuels. However, production o f bio-oils through 
hydrothermal liquefaction and their upgrading to liquid fuels have not been 
commercialized up to date. Those processes require robust and selective catalysts 
developed specifically for liquefaction and conversion o f bio-oils into liquid fuels. A 
number o f studies have been done in this area that include C -0 bonds cleavage through 
zeolite upgrading, hydrodeoxygenation, multi-step upgrading, unsupported 
organometallic catalysts upgrading (Hicks 2011), electrocatalytic hydrogenation and 
hydrodeoxygenation (Singh, Prakash et al. 2014), etc. The results o f these studies show a 
good progress toward the potential commercialization of the liquid fuel production from 
bio-oils. However, further research is required to determine the optimal conditions and 
catalysts for bio-oil production/ upgrading.
Another area that can be further investigated is increasing degree of liquefaction 
and ECR of bio-oil production from lignin-based feedstock. A number of efficient 
liquefaction technologies exist up to day (Peterson, Vogel et al. 2008). However, further 
research is required to maximize the liquid product yield for the transportation fuels 
production. In this respect, using alcohols for HTL of lignin-based feedstock seems to be 
a promising way of maximizing bio-oil yield (Singh, Prakash et al. 2014).
The efficiency o f different solvents for extraction of bio-oil from the aqueous 
phase might be a research area o f interest. To our knowledge, no systematic information 
on solvent selectivity toward LBO was reported. Diethyl ether was used for LBO 
extraction in our study. However, a number o f other non-polar solvents might be used for 
this extraction providing the higher bio-oil yield and/or lower oxygen content.
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3.7. Executive summary
• Hydrothermal processing of ACS-UHS can provide an efficient method of bio-oil 
production. It is advantageous over pyrolysis as it allows converting biomass into 
bio-oils with higher energy and separation efficiency.
• Subcritical water technologies require less energy consumption since no phase 
change occurs (water remains in the liquid state). HTL allows producing liquid, 
solid, and gaseous products from wet and mixed feedstock with reduced mass 
transfer resistance.
• The use of 5 wt% K2CO3 during HTL provided the higher degree o f liquefaction 
(43.4%), higher total bio-oil yield (30.1 wt%), and higher ECR (57.1%) compared to 
HTL with no catalyst and C0M0/AI2O3 catalyst.
• The formation o f gaseous products was favored when C0 M0 /AI2O was used. GC- 
MS and NMR results showed that the bio-oil contained mainly lignin-derived 
phenolic compounds.
• LBO contained a more diverse suite o f phenolic compounds derived from lignin 
monomers while HBO contained a less complex mixture o f compounds such as 
parabens and alkylphenols.
• Integration o f bio-oil production from wet unhydrolyzed solids with bioethanol 
production in a second generation lignocellulosic-based biorefinery can increase the 
overall ECR from 57.1% to 89.8%.
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CHAPTER 4
HYDROTHERMAL TREATMENT FOR ENHANCING OIL EXTRACTION AND 
BIOCHAR PRODUCTION FROM OILSEEDS
Note: the contents o f this chapter have been submitted fo r  publication in the journal 
Renewable Energy in August 2014 and included into the international patent application.
Popov, S., Abdel-Fattah, T., Kumar, S. Hydrothermally assisted oil extraction and 
hydrochar production from oilseeds. Submitted to Renewable Energy, ref. # RENE-D-14- 
01661R3. The status o f the manuscript at the time is under revision.
Kumar, S., Popov, S., Majeranowski, P.J., Kostenyuk, I. Subcritical water assisted oil 
extraction and green coal production from oilseeds. International patent application 
PCT/US2013/064966, October 23, 2012.
A novel integrated oil extraction process that includes hydrothermal pretreatment 
and oil extraction (HPOE) from whole oilseeds followed by hydrothermal carbonization 
(HTC) of the extracted seedcake to biochar was developed. Five different types of 
oilseeds including cotton-, flax-, mustard-, canola-, and jatropha seeds were used in the 
study. The seeds were subjected to hydrothermal pretreatment in the range of 
temperatures from 120 to 210 °C for 30 min. Oils were extracted from the pretreated 
seeds using «-hexane in a Soxhlet apparatus for 120 min. The crude oil yields from the 
pretreated seeds at 180 °C and 210 °C were significantly higher (up to 30 wt%) than 
those from the respective untreated ground seeds. The seedcake after oil extraction was
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subjected to HTC at 300 °C with the recycled aqueous phase collected from the 
pretreatment step. The produced biochar had higher heating value of 26.5 kJ/g 
comparable to that of bituminous coal. BET surface area and pore volume analysis 
showed that the pretreated seeds had larger surface area and pore volume/size than the 
respective raw seeds, which resulted in better extractability o f oil, shorter extraction time, 
and overall efficiency o f HPOE process. Analyses of the crude oil did not show 
significant signs o f degradation after the hydrothermal pretreatment o f oilseeds. The 
study is the first of its kind where integrated oil extraction and biochar production from 
oilseeds have been studied with the objective o f minimizing feedstock preparation and 
maximizing oil extraction and overall energy conversion using environmentally benign 
hydrothermal processes.
4.1. Introduction
Oilseeds are a valuable source o f oil that can be readily extracted and used in a 
number of applications. The oil content of various oilseeds typically accounts for 15-50 
wt% the total seed mass. Oilseeds are primarily used for the production o f vegetable oil 
and oilseed meal for food and animal feed. Oils of non-food quality are being envisioned 
as a valuable renewable feedstock for producing biodiesel or other alternative fuels that 
provide national energy security, reduce impact on the environment, and stimulate rural 
economic growth without affecting the food market (Demirbas and Demirbas 2007). The 
advantages o f using oils from non-food-based resources for biofuel production include 
their availability, high energy density, biodegradability, near-zero aromatic and sulfur
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content, and non-toxicity. The liquid nature of the oils makes them a convenient 
feedstock for transportation and processing.
One o f the most costly stages in the production o f fuels from oil-based feedstock 
is the extraction and purification o f oils derived from the biomass (Naik, Goud et al. 
2010). Therefore, developing efficient and robust oil extraction methods is a major 
challenge facing biofuels industries. A variety of methods o f extracting oils from oilseeds 
exist to date. The oils are typically extracted using either mechanical pressing or different 
organic solvents. Mechanical extraction is simple but leaves behind up to 5-6 wt% 
unextracted oil (O'Brien, Farr et al. 2000). Solvent extraction provides better oil recovery 
but requires thorough preparation o f the feedstock including drying, cleaning, dehulling, 
conditioning, flaking, cooking/tempering, and pre-pressing (Dunford 2012). A number of 
solvents can be used for oil extraction from oilseeds. However, n-hexane is the only 
solvent that has been used on a commercial scale and has demonstrated high efficiency 
for extraction o f neutral lipids (triglycerides) from various oil crops (Safari 2011). For 
these reasons, «-hexane was employed as a solvent for extraction o f oils in this study.
Hydrothermal pretreatment of oilseeds might be a promising way o f increasing 
the extractability of oils without prior grinding and/or dehulling oilseeds (Go, Liu et al. 
2013). Processing biomass under hydrothermal (subcritical water) conditions is 
considered an efficient and environmentally benign method that capitalizes on the 
extraordinary properties of water as a solvent and reaction medium. In subcritical water- 
based processes, water is kept in a liquid phase by applying pressure greater than the 
vapor pressure o f water. In this way, the latent heat required for phase change of water is 
avoided, which requires less energy than steam generation (Kumar 2013).
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A few types of oilseeds with different morphologies were used in this study. The 
hydrothermal pretreatment of the oilseeds was performed in a wide range of subcritical 
temperatures in order to determine the optimal conditions o f the HPOE process. The 
process was aimed at maximizing extractability of oils mostly from inedible/non-food 
quality crops for biodiesel production. HPOE can also be used for extraction o f oils from 
edible crops under milder conditions in order to minimize changes o f the oil quality. In 
this case, carbonization o f the extracted seedcake is not necessary; instead, it can be used 
as an animal feed. However, additional research is required for using HPOE for food 
applications.
Biochar is a valuable co-product that can be used as solid fuel, co-fired with coal, 
or as a soil amendment agent for growing oil crops. After a simple activation step, it can 
also be used for industrial wastewater treatment (Regmi, Garcia Moscoso et al. 2012). 
For some types o f oilseeds like jatropha, which are highly toxic, utilization o f the 
seedcake poses a challenge. Therefore, biochar production can be a feasible option that 
adds value to the overall process. Shackley et al. estimate the cost o f biochar produced 
from green waste from $91 to $329 per ton depending on the type o f storage and 
production facility (Shackley, Hammond et al. 2011).
The focus of this study was to develop and investigate an integrated oil extraction 
process that employs HPOE of the whole oilseeds followed by HTC of the extracted 
seedcake. The schematic o f the integrated process is shown in Fig. 20. To the best of our 
knowledge, no research has been done on oil extraction and biochar production from 










Figure 20. Schematic o f the integrated HPOE process.
The novelty o f the proposed process are: (i) using environmentally benign 
hydrothermal processes for maximizing oil yield without feedstock preparation, (ii) 
studying the effect of hydrothermal pretreatment on the oil yield from oilseeds with 
different morphologies and in a wide range of temperatures (120-210 °C), (iii) integrating 
oil extraction with biochar production, which increases the overall energy conversion o f 
the feedstock.
The objectives of this study were as follows: (i) to evaluate the effect of 
hydrothermal pretreatment of oilseeds on the crude oil yields in the range of temperatures 
from 120 to 210 °C, (ii) to study the kinetics o f Soxhlet extraction from both ground raw 
and whole pretreated seeds, (iii) to compare the composition and quality of the extracted 
crude oils, (iv) to utilize the extracted seedcake for biochar production using the aqueous 
phase obtained after the pretreatment step, and (v) to develop the overall mass balance of 
the HPOE process and evaluate its energy requirements.
The integrated process provides several major advantages over conventional 
processes including better extractability of oil, shorter extraction time, tolerance to high 
moisture content of the feedstock, avoidance o f preparation stages, and utilization of
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extracted seedcake for biochar production. The proposed HPOE process can potentially 
be integrated with biodiesel productions.
4.2. Materials and methods
4.2.1. Materials
Five types o f oilseeds including cotton-, flax-, yellow mustard-, canola-, and 
Jatropha curcas seeds were purchased and used as received. The cottonseeds were 
obtained from a local farm in Virginia (white fuzzy seeds), the flax-, mustard-, and 
canola seeds were purchased from Superior Nut Company, Cambridge, MA, Penzeys 
Spices, Wauwatosa, WI, and Seedland, Wellborn, FL, respectively. Jatropha curcas 
seeds were purchased from Tree Seeds Plus eBay store. «-hexane 95% (Optima), 
methanol 99.9% (Optima LC/MC), ethanol 190 proof (95%), sodium hydroxide >  97% 
(Pellets/Certified ACS), potassium hydroxide >  95% (Pellets/Certified ACS), 
dichloromethane 99.5% (Pfaltz & Bauer Inc.), 2,2-diphenyl-1-picrylhydrazyl (95%), 
gallic acid (Powder/Certified), toluene >  99.5% (Certified ACS) were purchased from 
Fischer Scientific USA and used as received.
For oil quality analysis, MXT-WAX capillary column (30 m x 0.53 mm x 1 pm) 
and FAME standards #1 and #3 containing 20 wt% methyl esters of caprylic (8:0), capric 
(10:0), lauric (12:0), myristic (14:0), palmitic (16:0), stearic (18:0), oleic (18:1), linoleic 
(18:2), and linolenic (18:3) acids (20 wt% each) were purchased from Restek, Bellefonte, 
PA. Rtx-65TG capillary column (30 m x 0.25 mm x 0.1 pm) was purchased from Restek, 
Bellefonte, PA. SCOTTY gas calibration standard containing 50 wt% H2, 10 wt% CH4,
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10 wt% CO, 20 wt% CO2, 5 wt% ethylene, and 5 wt% propane was purchased from 
Sigma-Aldrich.
4.2.2. Experimental part
4.2.2.I. Hydrothermal pretreatment of oilseeds
The seeds for hydrothermal pretreatment experiments were used as received 
(without dehulling and grinding). All the oilseeds were dried for 24 h in an oven at 65 ± 3 
°C, packed in plastic bags, and stored in a dark and dry place at room temperature before 
being used. The moisture content of the seeds was determined with a moisture meter 
Denver Instrument IR 35 by drying them at 105 °C to constant weight. The moisture of 
oilseeds was < 1 ± 0.2 wt%.
The temperatures between 150 and 200 °C are typically used for hydrolysis o f 
different types o f biomass. Subcritical water treatment at the above temperatures was 
successfully employed for improving lipid extraction from yeast, activated sludge, and 
some oilseeds (Go, Liu et al. 2013). We used a broader range of pretreatment 
temperatures and longer times because oilseeds with very different morphologies were 
used as a feedstock in the study.
Hydrothermal pretreatment of the seeds was carried out in a 500 mL batch reactor 
equipped with a Parr 4848 controller at 120 ± 1, 150 ± 1, 180 ± 1, and 210 ± 1 °C (the 
respective autogenous pressures were 205, 690, 1725, and 3500 ± 10 kPa) for 30 min 
with continuous stirring at 300 rpm. In a typical experiment, the reactor was loaded with 
30 g of seeds and 300 mL of deionized water, sealed, and kept under the above
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conditions. The preheating time ranged between 10 min to 20 min (-10 °C/min) 
depending on the required reaction temperature.
After cooling the reactor down to the ambient temperature, the solid and liquid 
phases were separated by vacuum filtration. The pretreated seeds were dried in an oven at 
65 ± 3 °C for 24 h until the moisture content was below 1 wt%. After that, these 
pretreated seeds were gravimetrically quantified and stored at 4 °C for further analyses 
and solvent extraction. The aqueous product was stored at 4°C for further analyses and 
use in HTC experiments for biochar production. At least two replicates were done for 
each type of seed under different experimental conditions.
4.2.2.2. Oil extraction
The next step of the study was Soxhlet extraction of all the oilseeds with w-hexane 
as described elsewhere (Lawson 2010). The seeds having undergone hydrothermal 
pretreatment were used for the solvent extraction without grinding. The raw (untreated) 
seeds were ground into a fine fraction (< 0.71 mm) with a food grinder for 60 s before the 
extraction step. 10 g of ground raw and pretreated at 120, 150, 180, and 210 °C seeds o f 
each type was extracted with 300 mL of «-hexane in a Soxhlet apparatus for 120 min (8 
cycles). Here, an extraction cycle is the filling of the Soxhlet apparatus chamber (250 
mL) with rc-hexane and the emptying of the solvent into a flask. One cycle o f extraction 
took about 15 min. After extraction, n-hexane was removed by vacuum evaporation, and 
the crude oils were kept in an oven at 70 ± 3 °C for 4 h to remove the remains o f the 
solvent. Subsequently, the oils were gravimetrically quantified and stored at 4 °C. The
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extracted seedcake was dried in an oven at 65 ± 3 °C for 24 h until the moisture content 
was below 1 wt%, gravimetrically quantified, and stored at 4 °C.
4.2.2.3. Kinetics of oil extraction
Since canola seeds provided the highest oil yield, they were used for the kinetic 
study of oil extraction efficiency. The kinetic study on both ground raw and pretreated at 
210 °C canola seeds was carried out with 1, 2, 4, 6, and 8 cycles o f Soxhlet extraction 
with w-hexane.
Kinetics o f oil extraction processes is most often modeled by using the film 
theory (Veljkovic and Milenovic 2002), the theory of unsteady diffusion through plant 
material (Velickovic, Milenovic et al. 2006), and the empirical Ponomaryov’s equation 
(Ponomaryov 1976). Derivations of the model equations can be found elsewhere 
(Veljkovic and Milenovic 2002). All the models are two-parametric and are based on the 
two-stage extraction mechanism. One parameter characterizes the washing stage (so- 
called washing coefficient, b) and the second one characterizes the slow extraction stage 
(so-called slow extraction coefficient, k).
For the purpose o f mathematical modeling o f the oil extraction from the seeds, 
Ponomaryov’s model was applied to the kinetic study. The basic equation o f this kinetic 
model is provided below:
(1 - q/qo) = kt + b (35)
where: q -  oil content o f the seeds during the extraction, g/100 g 
qo -  oil content present in the seeds, g/100 g
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k -  specific rate o f slow extraction, i.e., slope of the dependence o f (1 - q/qo) 
versus time (slow extraction coefficient), min'1
b -  washing coefficient, 1
t -  time, min
The parameters of the kinetic model were calculated from the experimental data by 
means of linear regression using equation (35).
4.2.2.4. HTC of the seedcake
In order to add value to the oils, extracted canola and jatropha seedcakes 
pretreated at 210°C were subjected to HTC in a 500 mL batch reactor equipped with Parr 
4848 controller. 20 g o f the extracted seeds and 300 mL o f the aqueous phase obtained 
after their pretreatment were loaded into the reactor. The reactor was sealed, purged with 
nitrogen for 5 min, and kept at the temperature of 300 °C and autogenous pressure of 
8600 ± 10 kPa for 60 min with continuous stirring at 300 rpm. The preheating time was 
30 min (~10°C/min). After the reactor cooled down to the ambient temperature, the gas 
phase was volumetrically quantified and collected for analysis, and the solid and liquid 
phases were separated by vacuum filtration. The produced biochar was dried in an oven 




4.2.3.1. Aqueous phase analyses
The aqueous phase collected after the pretreatment step was volumetrically 
quantified and analyzed for pH, total organic carbon (TOC), and total nitrogen (TN) with 
Shimadzu TOCvpn analyzer. All the analyses were done in triplicate.
4.2.3.2. Crude oil analyses
The oil yield (in g/100 g of dry seeds) after each extraction was determined as a 
ratio of the mass o f the extracted crude oil to the mass of the seeds used for extraction. 
Evaluation of any possible degradation of canola and jatropha oils after their 
hydrothermal pretreatment was performed by free fatty acid (FFA) titration, gas 
chromatography (GC-FID), gas chromatography-mass spectrometry (GC-MS), and 
Fourier transform infrared spectroscopy (FTIR). The unsaponifiable matter and 
antioxidant activity o f the crude oils extracted from the raw and pretreated at 210 °C 
canola and jatropha seeds were also determined. All the analyses were done in triplicate.
FFA titration: The oils obtained from raw and pretreated at 120, 150, 180, and 210 °C 
canola and jatropha seeds were dissolved in isopropanol (1:10) and titrated against 0.1 N 
NaOH solution with phenolphthalein indicator to determine their FFA concentrations.
GC-FID: The oils extracted from raw and pretreated canola and jatropha seeds were 
analyzed with SRI-GC8610C gas chromatograph equipped with a flame ionization 
detector (FID) to compare their chromatograms/FFA profiles. External calibration curves
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were generated using 0.2-20 mg o f pure standards dissolved in dichloromethane. Each 
calibration curve was generated by fitting a straight line with the y-intercept passing 
through zero (R2 > 0.98). The oils were converted into fatty acid methyl esters (FAMEs) 
with methanol and NaOH as a catalyst (0.35% methoxide). The obtained FAMEs were 
washed with deionized water, re-dissolved in n-hexane, separated from the water phase, 
dried over anhydrous Na2SC>4, recovered by vacuum evaporation, and dissolved in 
dichloromethane. Helium at 130 kPa (10 mL/min) was used as a carrier gas. The 
temperature program was set up as follows: the initial oven temperature 120 °C, hold for 
3 min, ramp at 20 °C/min to 220 °C, hold for 10 min; injector temperature 230 °C, 
detector temperature 250 °C. 1 pL of each sample was injected into the column. FAMEs 
were identified by comparing their retention times and peak areas with the standards.
GC-MS: The oils extracted from raw and pretreated canola and jatropha seeds were 
analyzed with Shimadzu GCMS-QP2010 gas chromatograph-mass spectrometer to 
compare their chromatograms/compositions. The oils were dissolved in dichloromethane 
and 1 pL of each sample was injected into the column with the split ratio 1:80. Helium at
82.5 kPa (0.7 mL/min) was used as a carrier gas. The temperature program was set up as 
follows: the initial oven temperature 220 °C, hold for 2 min, ramp at 5 °C/min to 350 °C, 
hold for 37 min; injector temperature 350 °C, detector temperature 350 °C.
FTIR: FTIR analysis o f oils extracted from the raw and pretreated at 210 °C canola and 
jatropha seeds was done with a Shimadzu IR Prestige-21 spectrophotometer in the range 
of wavenumbers o f 4000-400 cm'1 to compare the absorbance spectra of the oils and 
detect any changes in their functional groups.
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Unsaponifiable matter: The amount of unsaponifiable matter in the crude oils extracted 
from all the raw and pretreated at 210 °C seeds was determined using an official method 
ISO 18609 (2000).
Antioxidant activity: Antioxidant activity o f the crude oils extracted from the raw and 
pretreated at 210 °C canola and jatropha seeds was determined using the 2,2-diphenyl-1- 
picrylhydrazyl (DPPH) radical scavenging capacity method as described elsewhere 
(Karadag, Ozcelik et al. 2009). The DPPH method is widely used to test the ability o f 
compounds to act as free radical scavengers or hydrogen donors and to evaluate the 
antioxidant activity of foods. The oil samples (50-400 mg/mL) were dissolved in toluene 
and DPPH reagent (0.8-6.4 mg/mL) was added to the samples. Absorbance o f the oil 
samples was measured with UV-spectrophotometer at 520 nm. Gallic acid was used as a 
reference standard.
4.2.3.3. Gaseous products analysis
The gaseous products obtained after HTC of canola and jatropha seedcakes were 
volumetrically quantified, collected, and analyzed with SRI-GC8610C gas 
chromatograph equipped with 10' x 1/8" SS Hayesep-D packed column and a thermal 
conductivity detector (TCD). Helium at 145 kPa (10 mL/min) was used as a carrier gas 
for the analysis. The temperature program was set up as follows: initial temperature 40 
°C, hold for 7 min, ramp at 10 °C/min to 120 °C. External calibration curves were 
generated using a SCOTTY gas calibration standard mixture. The analysis was done in 
triplicate.
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4.2.3.4. Solid phase analyses
At different stages o f processing, oilseeds were subjected to Brunauer-Emmett- 
Teller (BET) surface area and pore volume/size analysis, scanning electron microscope 
(SEM) analysis, ash analysis, and elemental analysis. All the analyses were done in 
triplicate.
BET: BET analysis was carried out with a NOVA 2000e surface area and pore size 
analyzer (Quantachrome Instruments). Ground raw and pretreated at 210 °C canola and 
jatropha seeds after the Soxhlet extraction were used for the analysis. In order to avoid 
volatilization, the samples were subjected to degassing at 70°C with continuous flow of 
nitrogen and helium at 70 kPa prior to the analysis. Liquid nitrogen was used as an 
adsorbent during the analysis. Multi-Point BET method was used to determine the 
surface area and BJH method was used as the most common and accurate method to 
compute the pore volume and size o f the samples.
SEM: SEM images of the samples o f the ground raw and pretreated at 210 °C jatropha 
seeds were obtained using a JEOL JSM-6060 LV environmental electron microscope. 
The samples were placed on an adhesive carbon tape attached to an aluminum stub and 
sputtered with gold plasma. The surface morphology of the samples was studied at 450- 
480x magnification.
Ash analysis: Ash analysis of the raw, pretreated, extracted, and carbonized canola and 
jatropha seeds was done according to NREL/TP-5100-60956 standard method. The 
samples were placed in ceramic crucibles and kept in a muffle furnace at 575 ± 5 °C for 4
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h. After cooling the furnace down, inorganic content of the samples (ash) was determined 
gravimetrically.
Elemental analysis: Elemental analysis o f the raw, pretreated, extracted, and carbonized 
canola and jatropha seeds was carried out with a ThermoFinnigan Flash EA 1112 
automatic elemental analyzer and higher heating values (HHVs) o f all the samples were 
calculated on ash basis using modified Dulong’s formula (Basu 2013):
HHV = (349.1 (%C) + 1178.3 (%H) - 103.4 (% 0) - 15.1 (%N) - 21.1 (%Ash) /1000 (36)
4.2.4. Statistics
For all the experimental data and analyses results, mean values and relative 
standard deviations (RSD) were calculated and used for evaluating the variability in the 
data sets.
4.3. Results and discussion
4.3.1. Hydrothermal pretreatment of oilseeds
After the hydrothermal pretreatment, the oilseeds acquired a darker color but 
retained their original shapes. Weights o f the seeds after the pretreatment step are 
provided in Table 16.
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Table 16. Weights o f oilseeds after hydrothermal pretreatment (RSD < 2%).
Pretreatment Cotton Flax Mustard Canola Jatropha
temperature, °C
g wt% g wt% g wt% g wt% g wt%
120 21.6 72.0 25.7 85.7 23.7 79.0 26.6 88.7 25.8 86.2
150 19.5 65.0 22.5 75.0 20.0 66.7 24.9 81.7 23.5 78.3
180 18.3 61.0 19.4 64.7 18.7 62.3 21.8 72.7 21.7 72.5
210 16.3 54.3 17.8 59.3 17.0 56.7 20.2 67.3 19.4 64.7
The results o f the pH and TOC analyses o f the aqueous phase collected after the 
hydrothermal pretreatment of the oilseeds for all the conditions studied are provided in 
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Figure 21. (a) Distribution o f products’ pH in aqueous phase (RSD < 2.8%), (b) 
distribution o f TOC in aqueous phase (RSD < 2.2%).
135
TN distributions followed the similar trend with concentrations o f 30-35% of the 
respective TOC. Quantification of the solid phase and analyses of the aqueous phase after 
the hydrothermal pretreatment (Table 16, Fig. 21 a, b) indicated that hydrolysis o f the 
cellulose shells o f the oilseeds as well as carbohydrates and proteins from the kernels 
took place in the pretreatment step. Soluble carbohydrates, peptides/amino acids, and 
other hydrolysis products released into the aqueous phase reduced its pH and increased 
the amounts of TOC and TN. Lower pH and higher TOC and TN concentrations were 
observed for higher pretreatment temperatures.
4.3.2. Oil extraction
The pretreated oilseeds were used for the extraction with n-hexane (without 
grinding) in a Soxhlet apparatus. The respective raw (untreated) seeds as controls were 
ground into a fine fraction (< 0.71 mm) prior to the extraction step. The results of crude 
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Figure 22. Crude oil yields from raw and hydrothermally pretreated at different 
temperatures oilseeds.
As can be seen in Fig. 22, the HPOE process for all the oilseeds pretreated at 180 
and 210 °C resulted in higher crude oil yields compared to those from the respective 
ground raw seeds (controls). The crude oil yields from the cotton-, flax-, mustard-, 
canola-, and jatropha seeds pretreated at 210 °C were higher than those from the 
respective raw seeds by 11.6, 35.3, 31.3, 32.9, and 21.1 wt% and reached as much as 81.7 
wt% for canola seeds (on a pretreated seed basis).
Calculations o f the crude oil yields on a raw (untreated) seed basis showed that 
the yields from the most o f seeds pretreated at 210 °C exceeded the yields from the 
respective ground raw seeds. The results o f oil extraction from the raw and pretreated
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seeds on a raw seed basis are provided in Fig. 23. Calculations were done for mean 
values o f oil yields and seed weights.
Cotton Flax Mustard Canola Jatropha !
i !
I 1
i Type of seeds I
Figure 23. Crude oil yields from raw and hydrothermally pretreated at different 
temperatures seeds on a raw seed basis.
The crude oil yields from the hydrothermally pretreated flax-, mustard-, canola-, 
and jatropha seeds calculated on a raw seed basis were higher than those from the 
respective raw seeds by 3.4, 4.0, 4.5, and 2.3 wt% (Fig. 22). A part o f this excess can be 
attributed to unsaponifiable matter present in the crude oils.
FFA concentrations in the oils obtained from the raw and pretreated at 120, 150, 
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Figure 24. FFA concentrations in crude oils extracted from raw and pretreated at 
different temperatures canola and jatropha seeds (RSD < 2.1%).
As can be seen in Fig. 24, FFA concentrations increased from 0.32 to 1.82 wt% 
for canola- and from 2.88 to 4.72 wt% for jatropha oil with increase o f the pretreatment 
temperature.
The oils extracted from raw and pretreated canola and jatropha seeds were also 
analyzed with GC-FID to compare their compositions. FFA profiles o f the samples were 
consistent with the respective profiles o f canola and jatropha oils reported elsewhere 
(Pitts and Thomson 2003). The compositions of the oils extracted from the raw and 
pretreated seeds are shown in Table 17.
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Table 17. Fatty acid compositions of oils extracted from raw and hydrothermally 
pretreated canola and jatropha seeds
Fatty acid composition, wt%
Sample Palmitic Stearic Oleic Linoleic Linolenic
(16:0) (18:0) (18:1) (18:2) (18:3)
Canola
Raw 8.0 ±0.1 2.0 ±0.1 55.3 ± 0.2 20.6 ±0.15 13.2 ±0.15
Pretreated 7.6 ±0.1 2.5 ±0.1 59.6 ±0.2 17.0 ± 0.15 12.3 ±0.15
Jatropha
Raw 14.1 ±0.15 7.0 ±0.1 44.4 ± 0.2 32.5 ± 0.2 < 1
Pretreated 13.6 ±0.15 7.4 ±0.1 47.2 ± 0.2 29.8 ± 0.2 < 1
As shown in Table 17, hydrothermal pretreatment did not significantly change 
FFA profiles o f canola and jatropha oils. However, a noticeable increase o f C18:l and 
decrease o f C18:2 and C18:3 FAMEs concentrations in the oils extracted from pretreated 
seeds compared to the ones extracted from raw seeds were observed.
Hydrolysis o f triglycerides typically begins at temperatures above 250 °C 
(Alenezi, Leeke et al. 2009). The increase of FFA concentrations and the change of FFA 
profiles of oils extracted from hydrothermally pretreated oilseeds at the temperatures 
above 180 °C can be attributed to the simultaneous hydrolysis o f phospholipids and the 
hydrogenation of the double bonds o f Cl 8:2 and Cl 8:3 FFAs resulting in formation of 
C l8:1 and C18:0 FFAs. This phenomenon was reported by Shin et al. who studied the 
stability o f FFAs under subcritical water conditions (Shin, Ryu et al. 2012) and Changi et
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al. who reported the reaction pathway o f phospholipids under sub- and supercritical water 
conditions (Changi, Matzger et al. 2012).
GC-MS analysis of oils extracted from raw and pretreated at 210 °C canola and 
jatropha seeds did not show any difference in their composition. In both types o f oils, 
insignificant amounts of mono- and diglycerides (0.5 ± 0.2 wt%) were observed. Mainly 
triglycerides with molecular weights ranging from 780 to 860 were detected in all the 
samples. Mono- and diglycerides were quantified by assuming that their detector 
responses were similar to that of triglycerides and calculating their concentrations from 
peak areas.
FTIR analysis was done for the samples extracted from raw and pretreated canola and 
jatropha seeds. The absorbance spectra of the oils extracted from both types o f the raw 
seeds were similar as well as the spectra of both types o f the oils extracted from the 
pretreated seeds. Therefore, only the spectra for jatropha oils are provided (Fig. 25 a, b).
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Figure 25. FTIR spectra of oils extracted from (a) raw and (b) pretreated at 210 °C 
jatropha seeds.
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Table 18 provides the analytical evaluation o f these spectra (Vlachos, Skopelitis 
et al. 2006). It can be seen in Fig. 25 that both samples do not have a significant 
difference in composition except for the bands around 723 and 966 cm'1 assigned to cis- 
and trans -CH=CH- banding out of plane, respectively.
Table 18. Evaluation of FTIR spectra of jatropha oils
Wavenumber, cm'1 Functional group
3009 C-H stretching vibration of the m-double bond (=CH)
2925,2854 Symmetric and asymmetric stretching vibration of the aliphatic CH2 group
1746 E s t e r  c a r b o n y l  fu n c t io n a l  g r o u p  o f  t h e  t r ig ly c e r id e s
1463 Bending vibrations o f the CH2 and CH3 aliphatic groups
1238,1163 Stretching vibration o f the C -0 ester groups
966 trans -CH=CH- banding out of plane
723 cis -CH=CH- bending out of plane
An infrared absorbance band at 966 cm"1 that is unique for trans fatty acids 
(Mossoba, Milosevic et al. 2007) was observed in the spectra of the oil samples extracted 
from the pretreated at 210 °C seeds. This is consistent with cis-trans isomerization 
studies o f vegetable oils or model compounds of fatty acids reported elsewhere (Kemeny, 
Recseg et al. 2001). It is well known that heat induced formation o f trans fatty acids 
during deodorization of vegetable oils occurs when temperatures are above 200 °C and
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overheated water steam is present. It can be concluded that hydrothermal pretreatment of 
oilseeds at 210°C promotes trans isomerization o f the oils.
Antioxidant activity of the oils extracted from the raw and pretreated at 210 °C 
canola and jatropha seeds was determined using DPPH method. The samples o f oils 
extracted from the pretreated seeds showed a more than twice higher DPPH radical 
scavenger activity than the samples o f oils extracted from the respective raw seeds (37% 
and 34% vs. 16% and 10% (RSD < 3%) for 400 mg/mL samples with 6.4 mg/mL DPPH). 
The results of the DPPH analysis indicates that the oils extracted from the hydrothermally 
pretreated seeds have better antioxidant properties than the ones extracted from the 
respective raw seeds. It can be implied that unsaponifiable constituents o f the oils 
(hydrocarbons, terpene alcohols, sterols, tocopherols, and other phenolic compounds as 
well as other hydrolysis products) may act as oxidation inhibitors under a range of 
conditions (Bosku 1976). This suggests that the oils extracted from hydrothermally 
pretreated seeds are relatively more stable than those extracted from raw seeds.
The results of analysis o f unsaponifiable matter in the crude oils extracted from 
the raw and pretreated at 210 °C seeds are provided in Table 19.
144







Cotton 1.6 ± 0.1 3.5 ±0.2
Flax 1.7 ± 0.1 3.8 ±0.22
Mustard 1.7 ± 0.1 4.3 ±0.21
Canola 1.8 ± 0.15 4.8 ± 0.23
Jatropha 3.3 ±0.15 4.7 ±0.2
As shown in Table 19, the amount of unsaponifiable matter in the pretreated 
cotton-, flax-, mustard-, canola-, and jatropha seeds was higher than that in the respective 
raw seeds by 1.9, 2.1, 2.6, 3.0, and 1.4 wt%, respectively.
The comparative analyses of the oils extracted from the raw and pretreated 
oilseeds showed that the latter had higher FFA content, different FFA profiles o f the 
extracted oils (increase o f C l8:0 and C l8:1 and decrease o f C18:2 and C18:3 FFAs), 
appearance of trans isomers, and better antioxidant properties.
It can be concluded that hydrothermal pretreatment of oilseeds under the 
conditions studied resulted in a noticeable increase of extractability o f oilseeds without 
significant changes o f the composition and quality of the extracted oils. A part of this
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increase can be attributed to unsaponifiable matter present in the crude oils extracted 
from the pretreated seeds in higher concentrations than in the oils obtained from the raw 
seeds. However, the HPOE process provided better extractability of oils from the 
pretreated seeds compared to the ground raw ones (up to 1-1.5 wt% on an unsaponifiable 
matter-free basis). The process does not require grinding or other preparation o f oilseeds 
prior to extraction, which makes hydrothermal pretreatment an attractive option.
4.3.3. Kinetics of oil extraction
The crude oil yield extracted from the pretreated at 210 °C canola seeds on a raw 
seed basis was adopted as the oil content initially present in the seeds (qo = 55 g/100 g).
The results o f the study are shown in Table 20.
Table 20. Crude oil yield from ground raw and hydrothermally pretreated at 210 °C 
canola seeds at different number of extraction cycles (RSD < 2%)







The parameters o f the kinetic model were calculated from the experimental data 
provided in Table 20 by means o f linear regression using equation (1). (1 - q/qo) vs. t 
values were plotted on the graph (Fig. 26) and the equations for the linear parts o f the 
curves were obtained.
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Figure 26. Progress o f oil extraction from ground raw and hydrothermally pretreated 
canola seeds.
The obtained equations for the ground raw and pretreated canola seeds, 
respectively, can be expressed as follows:
(1 -  q/qo) = 0.001 It + 0.72 (37)
(1 -  q/qo) = 0.0020t + 0.75 (38)
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Therefore, in the case o f extraction o f the raw seeds, the coefficients are: kg =
0.0011 min'1, bg = 0.72; in the case o f extraction o f the pretreated seeds, the coefficients 
are: kp = 0.0020 min"1, bp = 0.75 (the coefficient o f linear correlation R2 for linear parts of 
the curves was higher than 0.98 for both cases).
As can be seen in the above equations (37) and (38), both the washing coefficient 
b and the specific rate of slow extraction k were higher in the case of the Soxhlet 
extraction o f the hydrothermally pretreated canola seeds.
The plotted curves were o f the same shape as those o f classical extractions from 
plant materials reported elsewhere (Velickovic, Milenovic et al. 2008). Two periods o f 
extraction can be observed for both raw and pretreated seeds: washing, characterized by a 
rapid increase in the concentration of the oil in the beginning of the process, and slow 
extraction (approximately after the first 20 min), characterized by a slow increase in the 
concentration o f the oil. The washing period had almost the same rate for both cases (bp -
0.75 w bg = 0.72) while the slow extraction period rate was noticeably faster for the 
hydrothermally pretreated seeds (kp = 0.0020 > kg = 0.0011).
Based on the kinetic study, the faster extraction of hydrothermally pretreated 
seeds can be explained by the shorter distance that oil has to diffuse from the seed body 
in order to reach the solvent. This phenomenon can be due to the higher porosity and 
greater surface area of the pretreated seeds, which enables more oil to come into direct 
contact with the solvent, thus enhancing the slow extraction period rate.
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4.3.4. HTC of the seedcake
The gaseous products after H TC  of the extracted canola seeds consisted o f CH4 
(1.4 ± 0.2 wt%), C O  (9.6 ± 0.2 wt%), and CO2 (89.0 ± 0.2 wt%). The analyses of the gas 
products obtained after the carbonization o f extracted jatropha seeds showed the presence 
of CH4 (1.2 ± 0.2 wt%), C O  (10.2 ± 0.2 wt%), CO2 (88.5 4 ± 0.2 wt%), and traces of 
C2H2. The calculated masses of the gaseous products were 4.3 ± 0.3 g (21.6 wt%) for 
canola and 2.4 ± 0.3 g (12.1 wt%) for jatropha seeds. The gas formation can be attributed 
mainly to the soluble organic matter contained in the aqueous phase that was used for the 
carbonization of the extracted seedcakes.
After opening the reactor, solid and liquid phases were separated and quantified. 
12.0 ± 0.1 and 12.3 ± 0.1 g (yield 60.0 and 61.5 wt%) of biochar were produced from the 
extracted canola and jatropha seeds, respectively.
The results o f the BET surface area and pore volume/size analysis for raw and 
pretreated canola and jatropha seeds are provided in Table 21.
Table 21. BET surface area and pore size/volume analysis results for raw and pretreated
canola and jatropha seeds (RSD < 2.5%).
Sample
Surface area, m2/g 
(Multi-Point BET)
Pore volume, cc/g 
(BJH method)




1.81 7.10* lO4 36.75
Pretreated 24.67 7.77 * lO'3 63.85
149
Raw 1.30 7.22 * 104 20.60
Jatropha______________________________________________________________
Pretreated 24.70 8.40 * 1 O'3 54.20
As we can see in Table 21, the surface area, pore volume, and pore size o f the 
hydrothermally pretreated oilseeds were greater than those of the raw seeds, which 
provided their better extractability and shorter extraction time (Table 20, Fig. 26). This 
phenomenon can be attributed to the partial hydrolysis o f the oilseeds with degradation of 
the cellulose hulls, swelling of the kernel matrix, and removal o f carbohydrates and 
proteins from the kernels to the aqueous phase in the pretreatment step. This retains lipids 
in the solid phase and thus increases their concentration in the pretreated seeds. 
Hydrothermal pretreatment changes the oilseeds morphology and makes th e ir  s tru c tu re  
more porous with a greater surface area, which reduces the mass transfer resistance and 
makes the oils more accessible to the solvent.
SEM images o f the samples of the ground raw and pretreated at 210 °C jatropha 
seeds are shown in Fig. 27.
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Figure 27. SEM images of raw (a) and hydrothermally pretreated (b) jatropha seeds.
SEM images showed that the pretreated seeds have smaller particles and a more 
porous structure compared to the raw ones. The more porous structure o f the seed matrix 
favors the better oil extraction.
The results of ash analysis o f the raw canola and jatropha seeds, their intermediate 
products, and the biochar are provided in Table 22 (RSD < 3%). The results of elemental 
analyses o f the raw, pretreated, extracted canola and jatropha seeds, and biochar are 
shown in Table 22.
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Table 22. Elemental and ash analyses o f raw, pretreated, extracted, and hydrothermally 
carbonized canola and jatropha seeds (RSD < 1.9%, R2 for N, C, and H > 0.99)
Sample N, wt% C, wt% H, wt% O*, wt% Ash, wt%
HHV**,
kJ/g
Canola 3.23 58.39 9.29 29.09 3.8 27.84
Raw seeds
Jatropha 2.69 57.36 9.36 30.59 4.2 27.76
Canola 1.27 67.44 10.65 20.64 3.5 34.38
Pretreated seeds
Jatropha 1.34 65.65 10.40 22.61 4.0 32.73
Canola 5.15 50.22 6.15 38.48 3.0 18.90
Extracted seeds
Jatropha 7.40 44.1 6.8 41.8 3.5 18.83
Canola
Biochar
4.87 64.22 6.61 24.30 2.8 26.47
Jatropha 4.0 64.7 5.7 25.6 3.0 26.58
*0  percentage was calculated based on the difference assuming that biomass contains 
only N, C, H, and O
**HHV was calculated using the modified Dulong’s formula on an ash basis (Eq. 36)
As can be seen in Table 22, the extracted oilseeds contain a high amount of 
nitrogen (5.15 and 7.40 wt%). The extracted seedcake yielded biochar of a good quality 
(26.5-26.6 kJ/g) comparable to that of high-volatile bituminous coal, which can be used
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as solid fuel or for co-firing with coal. Biochar can also be used for soil amendment (e.g., 
for growing oil crops) or, after a simple activation process, for industrial wastewater 
treatment (Regmi, Garcia Moscoso et al. 2012).
4.3.5. Mass and energy distribution of the products
Table 23 provides the mass and energy distribution of all the products obtained 
during the hydrothermal pretreatment at 210 °C, extraction, and carbonization of canola 
and jatropha seeds. Energy conversion ratios (ECRs) were calculated for both oil and 
biochar using the data from Tables 16 and 22 and the following formulae (Ramsurn and 
Gupta 2012):
m x HHV




ECR = — --------- 2-----  100% (4°)
m x HHV
S S
where: mo -  mass of the extracted oil, g
HHVo -  higher heating value o f the oil, kJ/g
ms -  mass of the seeds, g
HHVs -  higher heating value of the seeds, kJ/g
mc -  mass of the biochar, g
HHVc -  higher heating value o f the biochar, kJ/g
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Table 23. Mass and energy distribution of the products obtained during HPOE 












Canola 3 0 . 0 1 0 0 .0 2 7 . 8 8 3 5 . 2 -
R a w  s e e d s
Jatropha 3 0 . 0 1 0 0 .0 2 7 . 8 8 3 4 . 0 -
Canola 1 6 .5 5 5 . 0 3 6 . 0 5 9 4 . 0 7 1 . 2
Oil
Jatropha 1 0 .3 3 4 . 4 4 5 . 0 4 6 3 . 5 5 5 . 6
Canola 2 .2 7 .3 2 6 . 5 5 8 . 2 7 .0
R i n c h a r
J a t r o p h a 5 .6 1 8 .7 2 6 . 6 1 4 8 .8 1 7 .8
Soluble Canola 1 0 .5 3 5 . 0 1 7 .4 1 8 2 . 9 2 1 . 8
organics Jatropha 1 3 .0 4 3 . 3 17.1 2 2 1 . 6 2 6 . 6
Canola 0 . 8 2 .7 0 .0 3 0 . 0 2 0 . 0
G a s
Jatropha 1.1 3 .6 0 .0 3 0 .0 3 0 . 0
As shown in Table 23, the integrated HPOE process allowed obtaining 55 wt% 
crude oil and 7.3 wt% biochar from the canola seeds, which energy content accounted for
71.2 and 7.0%, respectively (the overall ECR was 78.2%). Jatropha seeds provided 34.4 
wt% crude oil and 18.7 wt% biochar with the energy content accounted for 55.6 and 
17.8%, respectively (the overall ECR was 73.4%).
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4.4. Overall mass balance and energy requirements for HPOE process
In order to determine the process yields, the mass balance (100 kg, on a dry basis) 
around the hydrothermal pretreatment o f canola and jatropha seeds, their solvent 
extraction, and the HTC o f the seedcake was developed and summarized in Fig 28. The 
aqueous phase containing soluble organics can be further recycled for the next 
hydrothermal carbonization step or/and used as a source o f nutrients for growing oil 
crops. The integrated HPOE process allowed producing 55 and 34.4. wt% crude oils, 
which can be used for biodiesel production, and 7.3 and 18.7 wt% biochar, thus utilizing
62.3 and 53.1 wt% of the oilseed mass for producing valuable products with an overall 





















(300 °C, 8600 kPa, 60 min)
Hydrothermal pretreatment
(210°C, 3500 kPa, 30 min)
Figure 28. Overall mass balance for three different unit operations o f HPOE process to 
produce oil and biochar from canola and jatropha seeds.
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Subcritical water (hydrothermal) processes employ hot compressed water that is 
kept in a liquid state by applying pressure greater than the pressure o f steam. In this way, 
the latent heat required for the phase change of water is avoided, which requires less 
energy than steam generation. The energy required for the vaporization o f water (2260 
kJ/kg) is much higher than the energy required for the subcritical water processes. In 
order to bring water from 25 °C to the subcritical state at 210 °C and 3500 kPa (the 
conditions required for hydrothermal pretreatment), 898.3 kJ/kg of energy is required. 
The subcritical water carbonization at 300 °C and 8600 kPa requires 1344.7 kJ/kg of 
energy. In the integrated process, the aqueous phase after hydrothermal pretreatment is 
used for the carbonization o f the extracted seedcake. In order to bring water from 210 °C 
to 300 °C, 446.4 kJ/kg of additional energy is required.
The average energy content of oilseeds was 27.8 kJ/g (27,800 kJ/kg). The 
pretreated jatropha seeds after vacuum filtration contained about 10 wt% moisture and 
could be extracted without drying. Since our goal was to maximize the oil yield, the 
oilseeds were dried for the clarity o f the experiments. Therefore, in a properly designed 
HPOE process, the total energy requirements should not exceed 1600 kJ/kg including the 
drying o f oilseeds. This energy is equivalent to 5.8% of energy content o f the seeds. 
Further, it is possible to recover and recycle most of the heat from the subcritical water.
4.5. Conclusions
HPOE is an integrated process that employs hydrothermal pretreatment o f whole 
oilseeds and oil extraction steps followed by HTC of the extracted seedcake. The 
integrated process provides several major advantages over conventional processes: better
156
extractability of oil, shorter extraction time, tolerance to high moisture content o f the 
feedstock, avoiding preparation stages, and utilization o f the extracted seedcake for 
biochar production. Hydrothermal pretreatment of oilseeds in subcritical water at 180- 
210 °C for 30 min is an efficient step that changes the oilseeds morphology and enhances 
extractability o f oilseeds during the following solvent extraction step even without prior 
grinding and dehulling the oilseeds. For five types of the seeds used in the study, the oil 
yields obtained from the whole pretreated seeds was slightly higher (1-1.5 wt%) than that 
obtained from the ground raw ones on unsaponifiable matter-free basis. Hydrothermal 
pretreatment at the conditions studied did not significantly change the composition and 
quality o f the extracted oils, which makes them suitable for biofuel production.
The oils extracted from pretreated seeds had a higher antioxidant activity, which 
implies better resistance to autoxidation. The results o f this study suggest that the 
proposed integrated process can be an economical and efficient way of oil extraction and 
biochar (co-product) production from different oilseeds.
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CHAPTER 5
HYDROTHERMAL LIQUEFACTION OF SCENEDESMUS SP. AND 
CATALYTIC GASIFICATION OF THE AQUEOUS PHASE IN NEAR- AND
SUPERCRITICAL WATER
Scenedesmus sp. was liquefied in a batch reactor at 300 °C for 30 min. Under 
these conditions, 75 wt% of the energy initially present in the microalga remained in a 
lipid-rich solid product that could be used for liquid fuel production. The liquefaction 
degree was 32-33 wt% on a carbon basis. The liquid phase consisting mainly o f partially 
hydrolyzed carbohydrates and proteins contained 25 wt% of the energy initially present 
in the microalga and were rich in nutrients required for growing the fresh algae. In this 
study, we attempted to maximize the overall energy yield by producing gas from the 
extracted aqueous phase. The liquid phase was extracted with dichloromethane yielding 
4.5 wt% of bio-oil that contained 6.9 % energy. After that, the extracted aqueous phase 
was subjected to gasification in a continuous flow reactor over activated carbon catalyst 
at the temperatures from 350 to 400 °C with a weight hourly space velocity (WHSV) of
3.3 h"1. The highest gasification efficiency o f 10.2% was observed at 400 °C, which is 5.7 
times greater than that in the control experiments without catalyst. The gas produced with 
catalyst contained mostly H2 and light hydrocarbons while the gas produced without 
catalyst consisted mainly o f H2 and CO2 . The results o f the study show that considerable 
amount of H2 and gaseous hydrocarbons can be produced at relatively low temperature of 
400 °C using activated carbon as catalyst.
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5.1. Introduction
At present, scientists all over the world conduct active research on alternative 
fuels that could replace traditional sources of energy in the near future. To date, 
renewable biofuels are mainly produced by hydrolysis and fermentation o f starch/sugar 
crops and transesterification of plant oils. However, replacing the world demand for 
petroleum products by the above technologies is not a sustainable alternative because the 
productivity o f terrestrial crops is not sufficient for a large scale production. In order to 
replace petroleum products in the US, over 60% of the agricultural land would have to be 
used for biofixel production. This would lead to a shortage of land for agriculture and 
directly compete with the production of food and fodder.
Microalgae production rates are much higher than land-based crops; the 
calculation of the area required for the microalgae cultivation shows that only 3% o f the 
territory would be sufficient for the biofuel production and replacement o f the petroleum 
products in the US (Carlozzi 2003). Moreover, algal biomass can be produced on lands 
that are not suitable for higher plants as well as in a wide variety o f water sources and so 
does not compete with the production of food for the growing population.
At present, microalgae industry specializes on producing high value products such 
as specific proteins, pigments, or fatty acids, and only small amounts o f biodiesel are 
produced from microalgae. If those technologies were combined with the biofuel 
production, the economic issue could be successfully resolved.
Biofuels derived from microalgae are currently considered to be the most 
economical and technically viable route that is able to compete with petroleum-derived
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fuels (Chisti 2010). This is due to a number of important advantages they have in 
comparison with land-based energy crops:
1. Higher annual growth rates, e.g., rates of up to 37 tons per ha per annum have 
been recorded, primarily due to higher photosynthetic efficiencies (up to 10% of the solar 
energy) when compared with terrestrial plants (Weissman and Tillett 1992);
2. Higher lipid productivity (up to 75% dry weight for some algae species), with 
higher proportion of triacylglycerols (TAG) that are essential for efficient biodiesel 
production (Schenk, Thomas-Hall et al. 2008);
3. Microalgae production can effect bio fixation of CO2 (production utilizes about 
1.83 kg o f CO2 per kg of dry algal biomass yield) thus making a contribution to air 
quality improvement (Chisti 2008);
4. Capability o f growing in wastewater, which offers the potential for integrating the 
treatment of organic effluent with bio fuel production (Cantrell, Ducey et al. 2008);
5. Capability to thrive in saline/brackish water/coastal seawater and tolerate 
marginal lands (e.g. desert, arid- and semi-arid lands) that are not suitable for 
conventional agriculture;
6. Inherent yield o f valuable co-products such as proteins, polyunsaturated fatty 
acids (PUFAs), pigments, biopolymers may be used to enhance the economics of 
production systems (Spolaore, Joannis-Cassan et al. 2006).
Therefore, microalgal feedstock is the only viable alternative for a large scale biofuel 
production seen today.
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Due to microalgae’s extensive use in the mariculture and the food supplement 
industry, their biochemical composition has been thoroughly investigated (Dunstan, 
Volkman et al. 1993). In spite of the wide variety of classes and species, microalgae and 
cyanobacteria generally consist of 4-64wt% of carbohydrates, 6-71wt% protein, and 2- 
40wt% lipids (up to 75wt% for some algae species) on the dry biomass basis (Cantrell, 
Ducey et al. 2008). The high lipid content facilitates its potential use as a biodiesel or 
renewable diesel feedstock because the lipids can be readily extracted and converted into 
fatty acid esters or upgraded via catalytic deoxygenation.
The composition and the fatty acid profile o f microalgal lipids substantially vary 
with the species, its life cycle, and its cultivation conditions. Thus, microalgal cells 
harvested during stationary phase have higher acylglycerol contents and lower polar lipid 
contents than those harvested during logarithmic phase (Dunstan, Volkman et al. 1993). 
It should be taken into consideration that acylglycerols are the only lipid fractions that 
can be used for transesterification at the current industrial-scale refineries. Also, 
microalgal fractions that contain high levels o f polar lipids and non-acylglycerol neutral 
impurities have to be purified before converting into usable biodiesel (Spolaore, Joannis- 
Cassan et al. 2006).
The suitability o f microalgal biomass for biofuel production has to be examined 
on a case-by-case basis. In order to achieve the highest possible production rate, oil 
content has to be balanced against growth kinetics. Furthermore, there are many 
advantages in having a robust species of alga since the system will be less sensitive to 
variations in parameters like temperature, pH, and salinity. As it was said above, oil 
composition and size are also important in order to achieve a simple separation and post
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processing. Last but not least, it is important that an alga strain is well known and 
sufficient research and information about it is available.
Many potential pathways are currently under consideration for production of 
biofuels and bioproducts from the biomass. These pathways can be classified into the 
following three general categories:
1. Those that focus on the direct algal production of recoverable fuel molecules (e.g.
ethanol, hydrogen, methane, and alkanes) from algae without the need for extraction;
2. Those that process the whole algal biomass to yield fuel molecules; and
3. Those that process algal extracts (e.g. lipids, carbohydrates) to yield fuel
molecules.
These technologies are primarily based on similar methods developed for the 
conversion of terrestrial plant-based oils and products into biofuels. However, output 
streams from algae have very complex compositions that have to be taken into 
consideration before the above technologies can be applied effectively.
The conversion o f lipid extracts derived from algal sources is the typical mode of 
biofuel production from algae. This technology is relatively mature and has been 
demonstrated to be the “gold standard” in the conversion of vegetable oils into biodiesel. 
This is why this technology seems to be most feasible for a large-scale production of 
biofuels.
In recent year, there is a considerable interest in research and development of 
methods for converting plant oils via catalytic deoxygenation into hydrocarbons that are 
fully fungible with petroleum-derived transportation fuels (Popov and Kumar 2013).
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It is also important to consider production of valuable co-products in order to 
enhance the economics of the process. A number of different commercial products can be 
derived from microalgae and cyanobacteria. They include products for human and animal 
nutrition, polyunsaturated fatty acids, antioxidants, coloring substances, fertilizers, and a 
variety o f specialty products such as bioflocculants, biodegradable polymers, cosmetics, 
pharmaceuticals, and stable isotopes for research purposes (Cherubini 2010).
One of the critical aspects in developing a conversion technology that derives 
benefit from every potential input is the processing o f algal remnants after extraction of 
algal lipids for biofuel production. This includes anaerobic digestion o f algal remnants to 
produce gas, fermentation of any recoverable polysaccharides into biofuels, and 
gasification of extracted biomass to produce hydrogen and light hydrocarbons.
In order to reduce costs and accelerate commercialization o f microalgae-derived 
biofuels, the following strategies must be taken into consideration:
1. Identification o f fast growing algae with high lipid content;
2. Development o f low cost harvesting, dewatering, extraction, and conversion 
technologies;
3. Concurrent extraction of valuable co-products.
The concept o f biorefmery for utilization o f every component o f the algal biomass 
raw material must be considered as a means to enhance the economics of the process. 
This concept must also include integration o f the microalgae cultivation in carbon 
capture, wastewater treatment in order to enhance the viability and sustainability of 
microalgae as a biofuel resource, and nutrient recycle.
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The problem with microalgae production is the economics. The cost of algal 
biomass production is still higher than the costs of other biomass sources (Acien, 
Fernandez et al. 2012). A significant part of these costs are due to the costs of nutrients 
(nitrogen, phosphorus, potassium and others) that algae require for their growth. 
Sustainability also plays an important role in the commercial microalgae production. The 
shortage of phosphorus as a key nutrient is expected to be an urgent problem in coming 
years (Cordell, Drangert et al. 2009). Therefore, nutrient recycling is becoming a key 
factor for the large scale cultivation of microalgae.
Hydrothermal liquefaction (HTL) is considered as an efficient and 
environmentally benign method for direct conversion of biomass into liquid products in a 
closed oxygen-free reactor at a certain temperature (200-380 °C), pressure (5-28 MPa), 
and reaction time (5-60 min) (Behrendt, Neubauer et al. 2008). In this process, the hot 
compressed water serves as a reactant, reaction medium, and catalyst (Kumar 2013).
In the last years, HTL of biomass for biofuel production has received an 
increasing attention due to a number of advantages compared to other thermochemical 
processes. It can utilize wet feedstock, thus avoiding the energy-costly process o f drying 
algal biomass, is not dependent on the type o f biomass processed, is able to convert 
biomass resistant to other thermochemical methods to liquid and solid products with high 
energy density, and provides easier product separation.
Liquid phase, which is a mixture o f oxygenated hydrocarbons and other O/N- 
containing compounds, is the most important product of HTL that can be upgraded to 
liquid fuels and chemicals (Zhu, Albrecht et al. 2013). Among the rest, the liquid phase 
contains most of the nutrients initially present in the feedstock that can be recovered and
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recycled for microalgae cultivation. A number of studies on nutrient recovery through the 
aqueous by-product after HTL, which can be used for growing algae, were conducted in 
recent years (Tsukahara, Kimura et al. 2001, Jena, Vaidyanathan et al. 2011).
Hydrothermal gasification (HTG) is a process that typically involves high 
temperatures (500-700 °C), pressures (5-50 MPa), transitional or noble metal catalysts on 
a heat-resistant support (i.e., TiC>2 , AI2O3), a source of carbon to yield a gas product that 
contains H2, CH4 , C2H6, CO, CO2, and other gases in various proportions (Navarro, Pena 
et al. 2007). Hydrogen is a valuable energy carrier, which is currently produced from via 
thermos-catalytic processes from methane, naphtha, and coal (Balat and Kirtay 2010). 
However, depletion o f fossil fuel reserves and carbon emission concerns has led to 
studying technologies for hydrogen production from carbon neutral biomass and 
biomass-derived materials (Matsumura, Minowa et al. 2005). Among the different 
methods, HTG is a most promising way o f hydrogen production from biomass feedstock. 
It does not require drying and grinding of biomass, is not subject to tarring of equipment, 
and has a high reaction efficiency and hydrogen selectivity (Akiya and Savage 2002). It 
was reported that hydrogen production from biomass has lower cost than that produced 
with other technologies (Bartels, Pate et al. 2010).
HTG process has received a lot of attention since it provides safe, non-toxic, 
readily available, inexpensive, and environmentally benign medium and flexible 
conditions for biomass processing. However, this technology requires high temperature 
and pressure to achieve good hydrogen yields. These drawbacks cause high operating 
cost, which is the biggest obstacle in developing and commercializing HTG. In order to 
overcome this obstacle, many researchers conduct intensive research on the catalytic
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HTL that allows reducing the reaction temperature and pressure. Our work also aimed at 
reduction o f reaction temperature using a low-cost activated carbon catalyst. Many 
researchers believe that from many other hydrogen production methods HTG has the 
greatest potential (Kruse, Krupka et al. 2005, Matsumura, Minowa et al. 2005).
In this study, we attempted to maximize the amount o f energy derived from 
Scenedesmus sp. by gasification o f the extracted aqueous phase obtained after HTL at 
relatively low temperatures (350-400 °C). We used a continuous flow reactor packed 
with low-cost activated charcoal as catalyst assuming that it is sufficiently active under 
the conditions studied. The processed aqueous phase was intended to be used as a source 
of nutrients for microalgae growth in the followed up research. The schematic o f  the 















Figure 29. Schematic o f HTL o f microalgae followed by HTG of the extracted aqueous 
phase.
The objectives o f this research were to (i) maximize the overall energy yield from 
algal biomass; (ii) study HTG of the aqueous phase after bio-oil extraction in order to
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produce hydrogen and gaseous hydrocarbons; (iii) compare the effects o f activated 
carbon catalyst on HTG with non-catalytic runs; (iv) develop the mass balance o f the 
process. To our knowledge, there were no reported studies on HTG o f the liquefied 
Scenedesmus sp. over activated carbon.
The integration of HTL and HTG of the algal biomass with the following nutrient 
recycle could be an important approach to the biorefinery concept in terms of maximizing 
the carbon utilization in an economically viable way.
5.2. Experimental section
5.2.1. Materials and methods
Microalga Scenedesmus sp. was produced at the ODU Algae Production Facility 
near Hopewell, Virginia. The alga was dried in an oven at 65 ± 3 °C for 24 h and stored 
in a plastic bottle in a dark place at room temperature before being used. The moisture 
content o f the alga was determined with a moisture meter Denver Instrument IR 35 by 
drying them at 105 °C to constant weight. The moisture of the algal biomass was <  1.9 ± 
0.1 wt%. Granulated activated charcoal Darco and dichloromethane (99.5%) for analysis 
were purchased from Fischer Scientific USA and used as received. The granulated 
activated charcoal was sieved to remove particle sizes <500 pm before being used.
In this study, algal biomass was subjected to HTL in a 500 mL batch reactor 
equipped with Parr 4848 controller at 300 ± 2 °C (the autogenous pressure was 1500 ± 5 
psi (10.3 MPa)) for 30 min with continuous stirring at 300 rpm. The preheating time was 
about 30 min (10 °C/min). The reaction temperatures were selected based on the typical
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HTL conditions reported elsewhere for the similar applications (Vardon, Sharma et al.
2012). In a typical experiment, the reactor was loaded with 50 g o f the dry algal biomass 
and 300 mL o f deionized water, sealed, and kept under the above conditions. Prior to the 
HTL, the reactor was purged with helium for 5 min to remove oxygen. After cooling 
down the reactor to the ambient temperature, the reaction products were separated, 
quantified, and analyzed as described below in the respective section. HTL of algal 
biomass was conducted five times to obtain the sufficient amount o f the aqueous phase 
for the HTG experiments.
The gasification experiments were carried out in a 65 mL HiP tubular reactor MS- 
18 with the overall length of 19” and inside diameter of 9/16”. The reactor was packed 
with the granulated activated charcoal (18.2 g) that occupied 30% of the reactor volume 
and installed inside o f a horizontal electric furnace that allowed precise temperature 




Figure 30. Experimental setup for hydrothermal gasification of the aqueous phase.
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A high pressure and high precision dual piston pump Shimadzu LC-10AD was 
used to deliver the extracted aqueous phase containing water-soluble products (WSP) into 
the reactor. Gasification products were cooled down in a water heat exchanger. The 
flowrate of the gaseous products was measured periodically with a volumetric burette 
filled with water and a stopwatch. Samples of the gas were taken from the burette with a 
syringe and analyzed as described below. The liquid reaction products were collected in a 
500 mL flask, and analyzed as described below. The pressure inside the reactor was 
regulated with the back pressure regulator and kept close to 3500 ± 10 psi (24.1 MPa) for 
all the experiments. The WSP flowrate was kept at 1 mL/min for all the experiments. The 
temperature inside the reactor was measured with two thermocouples equipped with 
controllers; one thermocouple was installed in the middle of the reactor, the other -  
immediately after the reactor. The experiments were conducted at the three different 
temperatures: 350 ± 2 °C, 375 ± 2 °C, and 400 ± 2 °C. The pressure in the system was 
measured with the pump controller before the reactor and with PGS-35B-5000 general 
service pressure gauge (Omega, USA) after the reactor. The residence time in the reactor 
was adjusted to 24 min.
Weight hourly space velocity (WHSV) was 3.3 h '1 for all the experiments and was 
calculated using Eq. 41:
Feed mass flow, g/hWHSV = -------   (41)
Catalyst mass, g
The experiments started with pumping into the reactor 1 mL/min o f deionized 
water until the desired temperature and pressure were reached and stabilized. After that, 
the pump was switched to pumping the WSP. A typical experiment was conducted for 5 h
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until 300 mL of the aqueous phase was used for better accuracy. After each experiment, 
the system was flushed with deionized water at 10 mL/min for at least 1 h.
Before the main experimental part, two series of control experiments were 
conducted. The first series was carried out with deionized water only to determine 
whether the gas formation other than from the WSP occurs during the HTG process at 
different reaction temperatures (350-400 °C). The second series was carried out with the 
WSP but without the catalyst that was substituted with glass beads to determine whether 
the gas formation occurs without a catalyst at different reaction temperatures (350-400 
°C). The volume o f the glass beads loaded into the reactor was adjusted to keep the 
residence time at the same value (24 min).
5.2.2. Product separation and analyses
5.2.2.1.Product separation
The products obtained after HTL of algae were separated using different 
techniques. After cooling down the batch reactor, the temperature and pressure o f the 
gaseous phase was recorded and used for calculations o f moles o f gas in the mixture 
using the universal gas law. A sample o f the gas mixture was taken with a syringe and 
analyzed using a gas chromatograph (GC) equipped with a thermal conductivity detector 
(TCD). After that, the gas was vented, and the reactor was opened.
The solid and liquid products were transferred from the reactor to a 500 mL 
beaker, and the reactor was washed with 50 mL of deionized water to remove any 
residual products. The solid and liquid products were separated by vacuum filtration. The
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solid products (lipid-rich residue) were dried in an oven at 65 ± 3 °C for 24 h until the 
moisture content was below 1 wt%, quantified, and stored at 4 °C for the elemental 
analysis. The liquid phase was quantified, analyzed for TC/TN and pH, and extracted 
with dichloromethane to recover bio-oil as described by (Vardon, Sharma et al. 2012). 
200 mL of dichloromethane was added to the aqueous phase and shaken vigorously for 
10 min. After that, the organic and aqueous phases were separated in a separating funnel, 
and dichloromethane from the organic phase was evaporated in a vacuum rotary 
evaporator. The obtained bio-oil was quantified and stored at 4 °C for the elemental 
analysis. The extracted aqueous phase containing WSP was stored at 4 °C for TC/TN and 
pH analyses and using in HTG experiments.
The liquid products after HTG were collected and stored at 4 °C for TC/TN and 
pH analyses. The samples o f the gaseous products were taken from the burette with a 
syringe and analyzed with GC-TCD for identification of the compounds, quantification of 
the individual gases in the mixture, and HHV calculations.
5.2.2.2.Analysis of the catalyst
Brunauer-Emmett-Teller (BET) surface area and pore volume/size analysis o f the 
catalyst was carried out with a NOVA 2000e surface area and pore size analyzer 
(Quantachrome Instruments). The samples were degassed at 120 °C with continuous flow 
of nitrogen and helium at 10 psi overnight prior to the analysis. Liquid nitrogen was used 
as an adsorbent during the measurements. Multi-Point BET method was used to 
determine the surface area and BJH method was used as the most common and accurate 
method to compute the average pore volume and pore size of the samples.
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5.2.2.3.Analyses of the products
The gaseous products after HTL and HTG were identified and quantified with 
SRI 86IOC GC equipped with a 6' molecular sieve MS-13X connected to a 10' x 1/8" 
HayeSep D packed column and a TCD. Helium at 20 mL/min was used as carrier gas.
The temperature program was set up as follows: initial temperature 40 °C, hold for 20 
min, final temperature 40 °C. For analysis o f a gas mixture for hydrogen, argon was used 
as carrier gas. The temperature program for hydrogen analysis was set up as follows: 
initial temperature 200 °C, hold for 20 min, final temperature 200 °C. SCOTTY gas 
calibration standard containing 50 mol% H2, 10 mol% CH4, 10 mol% CO, 20 mol% CO2 ,
5 mol% ethylene, and 5 mol% propane was purchased from Air Liquide America 
Specialty Gases LLC, USA. The amount of each gas in the mixture was determined in 
mol%. After that the mass o f each gas in the mixture and the total mass of the gas was 
calculated. All the analyses have been done in triplicate.
The aqueous phase collected after HTL, bio-oil extraction, and HTG was 
volumetrically quantified and analyzed for pH, total carbon (TC), and total nitrogen (TN) 
with Shimadzu TOCvpn analyzer. All the analyses have been done in triplicate.
Elemental analysis (C, H, and N) of algal biomass, solid products, and extracted 
bio-oil was carried out with ThermoFinnigan Flash EA 1112 automatic elemental 
analyzer. Higher heating values (HHVs) of all the samples on ash basis were evaluated 
using modified Dulong’s formula (Basu 2013):
(349.1 (%C) + 1178.3 (%H) -103.4 (% 0) - 15.1 (%N) - 21.1 (%Ash)
HHV =   (42)
1000
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Ash analysis o f algal biomass and solid products after HTL was done according to 
NREL/TP-5100-60956 standard method. The samples were placed in ceramic crucibles 
and kept in a muffle fiirnace at 575 ± 5 °C for 4 h. After cooling down the furnace, 
inorganic content of the samples (ash) was determined gravimetrically.
All the analyses have been done in triplicate. For all the analyses results, mean 
values and relative standard deviations (RSD) were calculated and used for evaluation of 
variability in the data sets.
5.3. Results and discussion
5.3.1. HTL of algal biomass
After each HTL run and separation o f the gaseous, liquid, and solid phases, the 
obtained products were quantified and analyzed with different methods. The gaseous 
products were analyzed with GC-TCD to determine their composition and amount of 
each gas in the mixture. The results of GC-TCD analysis is provided in Table 24.
Table 24. Composition and amount o f the gas produced during HTL of algae (RSD < 
3%)
H2, c h 4 , CO, c o 2, C2C4 , C2C6, V of Moles of Mass of
mol% mol% mol% mol% mol% mol% gas, L gas, mol gas, g
0.3 0.0 1.7 94.7 0.6 0.0 2.0 0.083 3.5
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As we can see from Table 24, 3.5 ± 0.2 g or 7.1 wt% of gas was produced from 50 
g of algae and the gaseous products from the HTG of the algal biomass consisted mostly 
from CO2 .
The liquid phase was analyzed for TC/TN and pH immediately after the 
separation process. The average TC was 27.2 ± 0.5 g/L, TN -  13.3 ± 0.3 g/L, pH -  8.4 ± 
0 . 1.
Degree of liquefaction was calculated using the formula (43) and yielded 32.6 ± 0.2 %.
TC[jq
Degree of liquefaction = ----------------- 100%
^algae
where TCiiq. -  mass o f total carbon in the liquid phase, g
Caigae -  mass of elemental carbon in the algal biomass, g
After the analyses, the liquid phase was extracted with dichloromethane and 
yielded 2.1 ± 0.1 g or 4.5 ± 0.3 wt% of bio-oil. TC, TN, and pH of the extracted aqueous 
phase was 16.0 ± 0.3 g/L, 6.9 ± 0.2 g/L, and 8.2 ± 0.1, accordingly.
The mass of the solid phase after drying was 25.5 ± 0.5 g or 51.5 wt%.
The elemental analysis o f the microalgae and the HTL products (solid phase, 
extracted bio-oil, and gaseous products and their HHVs are provided in Table 25. The 
percentage o f C, H, and O in the gaseous phase was calculated from its compositional 
analysis with GC-TCD.
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Table 25. Elemental analyses of microalgae, solid phase, bio-oil, and gaseous products 
after HTL at 300 °C (RSD < 1.9%, R2 for N, C, and H > 0.99)







Algae 49.40 8.91 50.80 7.46 32.83 8.40 22.81 1126.93 100.00
Solids 25.46 4.92 62.94 9.84 22.30 8.23 31.02 789.55 75.11
Bio-oil 2.21 9.46 63.94 10.32 16.29 0.00 32.65 72.16 6.86
Gas 3.49 - 25.56 0.00 74.44 0.00 0.00 0.00 0.00
*0  percentage was calculated based on the difference assuming that biomass contains 
only N, C, H, and O
**HHVs were evaluated using modified Dulong's formula (Eq. 42): HHV (kJ/g) = (349.1 
(%C) + 1178.3 (%H) - 103.4 (% 0) - 15.1 (%N) - 21.1 (%Ash)/1000
The distribution o f the products and energy (HHV) after the HTL is shown in Fig. 31.
Bio-oil
6.9%
Figure 31. (a) Products and (b) energy (HHV) distribution from HTL of algae at 300 °C.
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As we can see from Table 25 and Fig. 31, the solid products had HHV of 31.02 
kJ/g and contained most of the energy initially present in the microalgae (75.1%). The 
bio-oil had higher HHV than the solids (32.65 kJ/g) and accounted for 6.9% of the energy 
initially present in the algal biomass. This can be explained by the high lipid content of 
those products that were partially deoxygenated during the HTL (22.3 wt% and 16.3 wt% 
oxygen versus 32.8 wt% in the algal biomass) by releasing 7.1 wt% of the gas consisting 
mostly from CO2 . The most abundant HTL product was the solid phase that accounted 
for 51.5 wt% of the total products. Along with bio-oil that accounted for 4.5 wt%, they 
can be used for biofuel production. Since nonpolar compounds were extracted from the 
aqueous phase, it contained mostly polar products of hydrolysis o f carbohydrates and 
proteins. It was reported that the main WSPs o f HTL of microalga Nannochloropsis sp. 
and flash hydrolysis o f Scenedesmus sp. were carbohydrates/oligosaccharides, carboxylic 
acids, amino acids, oligopeptides, phenols/polyphenols, alcohols, ketones, aldehydes, 
amides, indoles, and other heterocyclic N-containing compounds (Brown, Duan et al. 
2010, Zhou, Zhang et al. 2010, Garcia-Moscoso, Obeid et al. 2013).
The extracted aqueous phases from all the HTL runs were mixed together and 
used in the HTG experiments.
5.3.2. HTG of the aqueous phase
The extracted aqueous phase was subjected to HTG in a continuous flow reactor 
loaded with granulated activated carbon at 350, 375, and 400 °C. The BET surface area 
and pore volume/size analysis of the fresh granulated activated carbon used as a catalyst 
in the study showed that its surface area was 600 ± 20 m2/g, average pore volume was
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0.95 ± 0.05 cm3/g, and average pore size was 60 ± 5 nm. After a series o f three 
experiments, the surface area o f the catalyst was 175 ± 5 m2/g, average pore volume was 
0.60 ± 0.02 cmVg, and the average pore size did not significantly change. The formation 
of solid deposits on the catalyst surface was not observed under the conditions studied.
The first series of control experiments with deionized water only (blank runs) at 
different reaction temperatures (350-400 °C) did not show the formation of detectable 
amounts o f gas produced from the reaction o f water with the carbon catalyst. This is 
consistent with the studies by (Xu, Matsumura et al. 1996, Matsumura, Xu et al. 1997) 
who showed that carbon can promote Fh and CO formation at much higher reaction 
temperatures and pressures (600-650°C, 25.5-34.5 MPa). We do not exclude the 
possibility o f water-gas shift, reverse water-gas shift, and/or methanation reactions. 
However, carbon gasification, if it occurs, is much slower than gasification of the 
liquefied biomass (Xu, Matsumura et al. 1996).
The second series o f control experiments with the aqueous phase obtained after 
the HTL of algae but without the carbon catalyst that was substituted with glass beads 
was carried out at the reaction conditions studied (350-400 °C, 3500 psi (24.1 MPa), 
residence time 24 min). The gas formation was observed at all the reaction temperatures. 
The flowrate of the gas formation was measured and its composition was analyzed with 
GC-TCD. The aqueous phase before and after the HTG process was analyzed for TC/TN 
and pH. Based on these data, the gasification efficiency, gas yields, elemental 
composition, and HHVs were calculated and compared with the results obtained in the 
main series o f experiments. The maximum gas flowrate in non-catalytic runs was 0.96 
mL/min versus 4.62 mL/min in catalytic runs at 400 °C, gasification efficiency was 5.7
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times lower, composition o f the gas produced was different (the gas contained mainly H2 
and CO2). The detailed results of the control experiments are provided below in 
comparison with the main series of experiments (catalytic runs).
The aqueous phase before and after the HTG process was analyzed for TC/TN 
and pH. pH of the effluent aqueous phase in some experiments reached 9.0-9.25, which 
can be explained by the presence of the high concentration of ammonium. No increase in 
the pressure drop was observed during all the HTG experiments.
The gasification efficiency is defined as moles of carbon in the gas divide by 
moles o f carbon in the aqueous phase. Gas yields were calculated by dividing moles of 
gas produced by moles of carbon reacted. The reacted carbon was calculated from the 
difference between TC in the feed and reactor effluent. The unreacted carbon was 
determined as carbon content in the effluent divided by carbon content in the feed. The 
carbon balance was calculated by dividing the sum of carbon in the effluent and gaseous 
phase by the carbon in the feed.
The compositions o f the gaseous phases for all the catalytic and non-catalytic runs 
are provided in Table 26.
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H2, mol CH4, mol CO, mol CO2, mol C 2H 4, mol C2H6, mol 
% %  %  %  %  %
Catalyst
1 350 45.8 13.1 2.1 18.5 2.5 7.3
2 375 39.0 20.7 6.7 13.2 1.9 9.2
3 400 33.0 29.8 9.5 7.0 0.9 11.3
No catalyst
4 350 45.4 7.0 1.4 27.9 3.7 3.1
5 375 42.4 9.1 7.2 23.0 3.3 4.8
6 400 37.5 12.8 10.4 18.8 2.9
OO
As we can see from Table 26, the major gases produced were hydrogen, methane, 
carbon mono- and dioxides, and ethane with a small amount of ethylene present in the 
mixture. It is possible that ammonia was also present in the gaseous phase, but it was not 
detected by GC-TCD probably because the methane peak overlapped the one of 
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Figure 32. Product gas yields for (a) catalytic and (b) non-catalytic runs.
As we can see from Fig. 32, in the catalytic runs, the major product gases were 
hydrogen, methane, carbon dioxide, and ethane while in the non-catalytic runs hydrogen
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and carbon dioxide prevailed. At 400 °C, the amount of hydrogen and carbon dioxide in 
the catalytic run reduced while the amount of methane and ethane increased. The same 
trend was observed for the non-catalytic runs, however, the amounts o f methane and 
ethane were much lower.
The elemental composition and HHVs o f the gases produced under all the 
conditions studied is provided in Table 27.
Table 27. Elemental compositions and HHV gaseous products from the catalytic and 





Mass, g %C %H %Q
HHV*,
kJ/g
HHV, kJ HHV, %
Catalyst
1 350 0.07 43.70 13.61 56.30 25.47 1.81 0.17
2 375 0.18 57.48 16.49 42.52 33.27 5.99 0.57
3 400 0.85 63.66 19.02 36.34 35.74 30.55 2.91
No catalyst
4 350 0.05 35.93 9.20 64.07 16.76 0.87 0.08
5 375 0.09 39.63 9.78 60.37 19.11 1.76 0.17
6 400 0.20 43.10 10.51 56.90 21.55 4.27 0.41
*HHV was evaluated using simplified Dulong’s formula: HHV (kJ/g) = (349.1 (%C) + 
1178.3 (%H) - 103.4 (% 0) /1000
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As can be seen from Table 27, the gas produced in the catalytic run at 400 °C had 
the highest HHV 35.7 kJ/g due to the presence of greater amounts o f carbon and 
hydrogen and lesser amount of oxygen than in the gases produced in all other runs.
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Figure 33. Gasification efficiencies for catalytic and non-catalytic HTG o f the aqueous 
phase (RSD < 5%).
As we can see from Fig. 33, the highest gasification efficiency 10.2% was 
achieved for the HTL of the aqueous phase with activated carbon as catalyst at 400 °C. 
The relatively low gasification efficiency under these conditions can be explained by (1)
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insufficient reaction temperature required for HTG of the aqueous phase derived from the 
algae, (2) insufficient activity o f the activated carbon as catalyst, (3) recalcitrant nature of 
the compounds present in the extracted aqueous phase (peptides, polyphenols, indoles, 
and other heterocyclic N-containing compounds), (4) low concentration of carbohydrates 
and carboxylic acids in the aqueous phase that are readily gasified under the mild 
conditions (Scenedesmus oblicuus contains only 10-17 wt% of carbohydrates while the 
amount of proteins is 50-56 wt%) (Becker 2007). In order to provide the better HTG of 
the aqueous phase, higher reaction temperatures, lower feed flowrates, more active noble 
metal catalysts could be employed. Ruthenium catalysts are seem to be the best option for 
HTG of the aqueous phase after HTL of biomass at relatively low reaction temperature 
(400 °C) (Stucki, Vogel et al. 2009).
The summary of the HTG of the extracted aqueous phase after the HTL of 
microalga Scenedesmus sp. is shown in Table 28.
Table 28. Gasification efficiencies, unreacted aqueous carbon, and carbon balance 
closure (RSD < 5%)
Catalyst No catalyst
Reaction temperature, °C 350 375 400 350 375 400
Gasification efficiency, % 0.6 2.4 10.2 0.4 0.8 1.8
Unreacted carbon in effluent, % 94.1 88.1 80.4 99.0 96.2 87.5
Carbon balance, % 94.8 90.5 90.6 99.3 97.0 89.2
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As can be seen from Table 28, the highest gasification efficiency o f 10.2% was 
observed for the HTG of the aqueous phase with activated carbon as catalyst at 400 °C. 
The deficit of the unreacted carbon in the effluent aqueous phase and pure closure of the 
carbon balance can be explained by an extensive tar formation in the cold parts of the 
experimental setup (inside and after the heat exchanger).
Products and energy distribution o f all the products obtained in the HTL and 
catalytic HTG at 400 °C is provided in Fig. 34. Products distribution is presented in wt% 




Figure 34. (a) Products and (b) energies (HHV) distribution from the HTL and catalytic 
HTG at 400 °C.
Gas 1 was produced during the HTL o f alga in the batch reactor, Gas 2 was 
formed during the HTG of the extracted aqueous phase. The energy-rich solids, bio-oil,
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and Gas 2 contributed 57.7 wt% to the total mass and 84.9% to the total energy (HHV) of 
the algal biomass.
The WSP from the aqueous phase after its HTG can be a good source o f nutrients 
for growing fresh algae. HTG reduces the organic matter and increases the amount of 
nitrogen bioavailable as ammonium in the aqueous phase. As it was reported by Barreiro 
et al., HTG of the aqueous phase provides a way to recover nutrients with simultaneous 
production of energy in form of gas. They showed that some strains o f microalgae (i.e., 
Chlorella vulgaris and Nannochloropsis gaditana) can grow as well as in the standard 
medium even when 75% of the nutrients were substituted by the addition o f WSP after 
HTG. The nutrients recycling can significantly reduce the demand o f fresh nutrients for 
algae cultivation, strongly impact the algae production industry, and lead to a nutrient- 
neutral process (Lopez Barreiro, Bauer et al. 2015).
5.4. Overall mass balance
In order to determine the process yields, mass balance around the HTL of 
microalgal biomass, solvent extraction of the liquid phase, and HTG of the extracted 
aqueous phase was developed and summarized in Fig 35. 100 kg of dry algal biomass 
(moisture content 1.9 wt%) were subjected to HTL at 300 °C for 30 min yielding 51.6 kg 
of energy-rich solid residue, 41.3 kg of liquid products, and 7.1 kg (4.1 m3) of gas. The 
liquid phase was extracted with dichloromethane yielding 4.5 kg o f energy-rich bio-oil 
and 36.8 kg of WSP in the aqueous phase. The latter was subjected to continuous HTG 
over activated carbon as catalyst at 400 °C and resulted in producing 1.6. kg (2.6 m3) o f
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energy-rich gas and 35.3 kg o f WSP. The WSP can be recycled as a source of nutrient for 
growing fresh algae.
M icroalgae
(100  kg) DichloromethaneWater
Liquid p h ase  
(41 .3  kg)
WSP 
(36 .8  kg)
WSP 
(35 .2  kg)
Bio-oil 
(4 .5  kg)
G as (1 .6  kg, 2 .6  m 3)
Gas (7 .1  kg, 4 .1  m 3)
Solid p roduc ts  
(51 .6  kg)
H ydro therm al gasifica tion
(400 °C, 3500 psi)
Bio-oil ex trac tio n
(20°C, 4 h)
C ultivation  
of fre sh  a lgae
H ydro therm al liquefaction
(300°C, 1500 psi, 30 min)
Figure 35. Overall mass balance for HTL of microalgae followed by HTG o f the 
extracted aqueous phase.
5.5. Conclusions
Microalga Scenedesmus sp. was liquefied in a batch reactor at 300 °C and 1500 
psi (10.3 MPa) for 30 min. The liquefaction degree under these conditions was 32-33 
wt% on a carbon basis. The obtained liquid phase was extracted with dichloromethane 
yielding 4.5 wt% of bio-oil that contained 6.9 % energy. The solid products and bio-oil 
that contain 82% of the microalgae energy can be used for renewable fuel production. 
The extracted aqueous phase was gasified over a low-cost activated carbon as catalyst in 
a continuous flow process at 350-400 °C and 3500 psi (24.1 MPa) with WHSV of 3.3 h '1.
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The highest gasification efficiency of 10.2% was observed at 400 °C, which is 5.7 times 
greater than that in the control experiments without catalyst, providing 2.9% of additional 
energy. The gas produced with catalyst contained mostly H2 and light hydrocarbons 
while the gas produced without catalyst consisted mainly o f H2 and CO2. The results o f 
the study show that considerable amount o f H2 and gaseous hydrocarbons can be 
produced at relatively low temperature of 400 °C using a low-cost activated carbon as 
catalyst. The processed aqueous phase can be used as a source of nutrients for growing 
fresh algae. In this study, we proved the concept that utilization of the aqueous phase can 
be performed via the low-temperature gasification over the low-cost catalyst and obtained 
promising results. The processed aqueous phase can significantly reduce the demand of 
fresh nutrients for algae cultivation and lead to a nutrient-neutral process. The relatively 
low gasification efficiency can be due to the recalcitrant nature of the compounds present 
in the extracted aqueous phase. It can be increased by increasing the reaction temperature 
o f the HTG process. Further research is required to determine the optimal process 
conditions and to study the impact o f the WSP present in the effluent aqueous phase on 
the microalgae growth.
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CHAPTER 6
RAPID HYDROTHERMAL DEOXYGENATION OF OLEIC ACID IN A 
CONTINUOUS FLOW PROCESS
Note: the contents o f this chapter have been published in the journal Energy & Fuels. 
Popov, S., Kumar, S. Rapid hydrothermal deoxygenation o f oleic acid over activated 
carbon in a continuous flow process. Energy & Fuels, 29 (5), 3377-3384 (2015). DOI: 
10.102 l/acs.energyfuels.5b00308.
In this study, a novel approach to converting fatty acids into w-alkanes was 
investigated. Fuel range hydrocarbons were obtained in a continuous flow process from 
oleic acid using near- and supercritical water as reaction media, granulated activated 
carbon as a catalyst, and 1% formic acid as an in situ source of hydrogen. Experiments 
were conducted in a packed tubular reactor with the weight hourly space velocity of 4 h '1 
at the temperatures from 350 to 400 °C and pressure 3500 psi (24.1 MPa). The oil to 
water to formic acid ratio was 1:5:0.05 by volume. The main reaction pathways were 
hydrogenation of oleic acid and decarboxylation/decarbonylation of stearic acid to form 
heptadecane. The yield o f heptadecane 67% with the selectivity greater than 80% was 
observed at 370 °C. The results o f the study show that efficient hydrothermal 
deoxygenation o f fatty acids can be achieved with activated carbon as a catalyst and 
formic acid as an in situ source of hydrogen within minutes. Kinetics study showed that 




Biomass with high lipid content (e.g., jatropha seeds, microalgae) is an attractive 
feedstock for renewable fuel production. There is a considerable interest in research and 
development o f methods for converting triglycerides and fatty acids into hydrocarbons 
that are fully fungible with petroleum-derived transportation fuels (Popov and Kumar 
2013). Significant efforts were made to adapt petroleum hydrotreating technology to 
producing hydrocarbons from plant oils (Smith, Greenwell et al. 2009). These efforts 
included providing respective reaction conditions (250-400°C, 10-20 MPa), using 
conventional hydrotreating catalysts (e.g., C0 M0 /AI2O3, NiMo/AkCb) or noble metal 
catalysts (e.g., Pt/C, Pd/C), and supplying H2 with high feed rates (100-700 L/L) for 
removal o f oxygen from oils in form of H2O.
The high consumption o f gaseous H2 makes the hydrodeoxygenation process 
costly. In order to reduce the production costs, consumption o f H2 has to be minimized or 
eliminated. In this respect, decarboxylation process that removes oxygen from fatty acids 
in form of CO2 appears to be more advantageous than hydrodeoxygenation that removes 
oxygen in form of H2O (Maki-Arvela, Kubickova et al. 2006, Bemas, Eranen et al. 2010, 
Immer and Lamb 2010, Rozmyslowicz, Maki-Arvela et al. 2011).
Almost all the decarboxylation studies were done using fatty acids without 
solvent or dissolved in hydrocarbon solvent, and the best results were achieved using 
noble metals (e.g., Pt/C, Pd/C) as catalysts (Kubickova, Snare et al. 2005, Snare, 
Kubickova et al. 2006, Snare, Kubickova et al. 2008, Fisk, Morgan et al. 2009, Vam
2013).
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Using sub- and supercritical water for processing biomass-derived products is 
considered an efficient and environmentally benign method that capitalizes on the 
extraordinary properties o f water as a reactant and reaction medium and provides the 
ideal conditions for ionic/ffee-radical reactions. In subcritical water-based processes, 
water is kept in a liquid state by applying pressure greater than the pressure of vapor at 
the reaction temperature. In this way, the energy consumed for the water to steam phase 
change (the latent heat of water vaporization is 2.26 MJ/kg) is avoided, which 
significantly reduces the energy requirements for hydrothermal processes (Kumar 2013).
There is a growing potential for using hot compressed water as a reaction medium 
for catalytic decarboxylation o f fatty acids (Watanabe, Iida et al. 2006, Fu, Lu et al. 2010, 
Fu, Lu et al. 2011, Fu, Shi et al. 2011, Santillan-Jimenez and Crocker 2012, Yang, Nie et 
al. 2013). Subcritical water was proven to be a favorable environment for hydrolysis of 
triglycerides without using alkali or acid catalysts (Patil, Butala et al. 1988, Patil, 
Raghunathan et al. 1988, King, Holliday et al. 1999, Alenezi, Baig et al. 2009). 
Decarboxylation of the produced fatty acids into hydrocarbons can ideally be 
accomplished in the same aqueous medium without prior separation. Watanabe et al. 
demonstrated that stearic acid can be converted into alkanes in supercritical water at 
400°C for 30 min using NaOH and KOH as catalysts (Watanabe, Iida et al. 2006). 
However, the selectivity to hydrocarbons reported for this process was low (<15%). 
Savage and co-workers reported the results of their studies on hydrothermal 
hydrogenation and decarboxylation of fatty acids in hot compressed water over Pt/C and 
Pd/C catalysts without H2 added (Fu, Lu et al. 2010, Fu, Lu et al. 2011). They showed 
that deoxygenation o f saturated (lauric, palmitic, and stearic) and unsaturated (oleic and
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linoleic) fatty acids can be done in near- and supercritical water with high selectivity 
(>90%) toward the respective decarboxylation products for saturated fatty acids.
Savage et al. also demonstrated that activated carbon alone possesses catalytic 
activity for hydrothermal decarboxylation o f palmitic and oleic acids (Fu, Shi et al. 
2011). The experiments for the above studies were conducted in batch reactors for 3 h 
without H2 added, and deoxygenation products from oleic acid contained both alkanes 
and alkenes. This indicates that an in situ formation o f H2 occurs during the 
deoxygenation process, most likely from gasification of oleic acid itself, yielding H2 and 
aromatic/cyclic compounds. The amount of H2 produced is insufficient for complete 
hydrogenation o f oleic acid and the resulting hydrocarbons. The use o f batch reactors 
takes a considerable amount of time to complete the conversions and makes it 
problematic to scale the process up.
We attempted to develop and investigate a rapid and inexpensive continuous flow 
process that could be readily scaled up and used for renewable fuel production via 
hydrothermal deoxygenation of biomass with high lipid content. We used activated 
carbon as a catalyst in our process because it could be an attractive low-cost option for 
this type o f conversions provided that it is sufficiently active under the conditions 
studied. The novelties o f the proposed process are: i) using hydrothermal medium for 
deoxygenation o f fatty acids; ii) using continuous flow process that significantly reduces 
reaction time and makes the process scalable; iii) using activated carbon as a low-cost 
decarboxylation catalyst; iv) using formic acid as an in situ source of Fh for 
hydrogenation of the intermediate products.
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To the best of our knowledge, there has been no report on hydrothermal 
deoxygenation o f fatty acids using activated carbon as a catalyst and formic acid as an in 
situ source of H2 in a continuous flow process. In this article, we report on the rapid 
hydrothermal catalytic deoxygenation of oleic acid in a continuous flow reactor loaded 
with low-cost granulated activated charcoal.
6.2. Experimental section
6.2.1. Materials and methods
Oleic acid lab grade >97%, formic acid reagent grade 88%, and granulated 
activated charcoal Darco were purchased from Fischer Scientific USA. All the chemicals 
were used as received. The oleic acid was loaded into the piston feeder and used as a 
feedstock in the study. 1% v/v formic acid was added to deionized water and served as an 
additional source o f H2 during the hydrothermal hydrogenation process. The granulated 
activated charcoal was sieved to remove particle sizes <500 pm before being loaded into 
the reactor.
The deoxygenation experiments were conducted in a 65 mL HiP tubular reactor 
MS-18 with the overall length of 19” and inside diameter o f 9/16”. The reactor was 
packed with the granulated activated charcoal (18.2 g) and installed inside o f a horizontal 
electric furnace that allowed precise temperature control. The catalyst occupied 30% of 














Figure 36. Experimental setup for rapid hydrothermal deoxygenation o f oleic acid.
Two high pressure and high precision dual piston pumps Shimadzu LC-10AD 
were used to deliver both oleic acid and 1% v/v formic acid into the reactor with 
independently adjusted flowrates. Oleic acid was loaded into a 81 mL vertical piston 
feeder and delivered into the reactor by applying pressure from Pump 1. A HiP tubular 
reactor M S-19 with the overall length o f 23” and inside diameter o f 9/16” equipped with 
a piston separator was used as a feeder. 1% v/v formic acid was preheated in the furnace, 
mixed with oleic acid, and delivered into the reactor with Pump 2. Reaction products 
were cooled down in a water heat exchanger. The liquid products were collected for mass 
balance calculations and further analyses. The volume flowrate o f the gaseous products 
was measured periodically with a volumetric burette filled with water and a stopwatch. 
The samples o f the gaseous products were taken from the burette with a syringe and 
analyzed with a gas chromatograph.
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The pressure inside the reactor was regulated with the back pressure regulator and 
kept close to 3500 ± 10 psi (24.1 MPa) for all the experiments. The ratio o f oleic acid to 
1% v/v formic acid was kept at 0.2:1 mL/min for all the experiments, i.e., oleic acid 
entered the system at 6.34 x 104 mol/min. The temperature inside the reactor was 
measured with two thermocouples equipped with controllers; one thermocouple was 
installed in the middle o f the reactor, the other -  immediately after the reactor. The 
experiments were conducted at six different temperatures: 350 ± 2°C, 360 ± 2°C, 370 ± 
2°C, 380 ± 2°C, 390 ± 2°C, and 400 ± 2°C. The pressure in the system was measured 
with the pump controllers before the reactor and with PGS-35B-5000 general service 
pressure gauge (Omega, USA) before the back pressure regulator. The residence time in 
the reactor was adjusted to 21 min.
Weight hourly space velocity (WHSV) was 4 h '1 for all the experiments and was 
calculated using Eq. 44:
W H S y  _  Feed mass flow, g/l.
Catalyst mass, g
The experiments started with pumping 1% v/v formic acid into the reactor until 
the desired temperature and pressure were reached and stabilized. After that, the other 
pump started delivering oleic acid into the reactor through the piston feeder. A typical 
experiment was conducted for 6 h 40 min until the 81 mL piston feeder was empty. The 
liquid reaction products and water were collected in a 500 mL flask. The obtained 
products were separated from water, quantified, and analyzed with a gas chromatograph- 
mass spectrometer (GC-MS). After each experiment, the system was flushed with pure 
deionized water at 10 mL/min for at least 1 h.
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Two series o f control experiments were conducted before the main experimental 
part. The first series was carried out with deionized water only to determine whether the 
gas formation other than from formic or oleic acids occurs during the deoxygenation 
process at different reaction temperatures (350-400 °C). The second series was carried 
out with oleic acid and water but without formic acid added to water to determine 
whether hydrogenation of oleic acid occurs without a donor o f H2 at different reaction 
temperatures (350-400 °C).
6.2.2. Product separation and analyses
6.2.2.1.Analyses of the catalyst
Brunauer-Emmett-Teller (BET) surface area and pore volume/size analysis o f the 
catalyst was carried out with a NOVA 2000e surface area and pore size analyzer 
(Quantachrome Instruments). The samples were degassed at 120 °C with continuous flow 
of nitrogen and helium at 10 psi overnight prior to the analysis. Liquid nitrogen was used 
as an adsorbent during the measurements. Multi-Point BET method was used to 
determine the surface area and BJH method was used as the most common and accurate 
method to compute the average pore volume and pore size o f the samples.
X-ray diffraction (XRD) pattern of the catalyst was obtained with a Rigaku 
MiniFlex II SX Desktop X-ray diffractometer between 5 and 90° (20) at a scan rate 3 
deg/min to study its structure.
Energy dispersive spectroscopy (EDS) was carried out with a JEOL JSM-6060 
LV environmental scanning electron microscope (SEM) to determine the presence o f
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metals on the activated carbon that might contribute to the hydrogenation/deoxygenation 
catalysis.
The results o f Fourier transform infrared spectroscopy (FTIR) for commercial granulated 
activated carbons were taken from the related studies (Jung, Ahn et al. 2001, Barkauskas 
and Dervinyte 2004, Marsh and Rodrfguez-Reinoso 2006). FTIR was employed to 
determine the surface functional groups that can catalyze the 
hydrogenation/deoxygenation reactions.
6.2.2.2.Product separation
Under the conditions studied, oleic acid and water formed stable (milk-like) 
e m u ls io n s  that were difficult to separate by physical means alone. The reaction products 
containing mostly hydrocarbons did not form emulsions with water, however, an organic 
solvent was employed to efficiently separate the organic and water phases for all the 
experiments. 100 mL o f diethyl ether was added to the flask containing the reaction 
products and water. The mixture was shaken vigorously for 10 min and placed into a 
separation funnel for a few hours. After that, the organic and water phases were separated 
and diethyl ether from the organic phase was removed with a vacuum evaporator.
6.2.2.3.Analyses of the products
The gaseous products were identified with SRI 8610C GC equipped with a 6' 
molecular sieve MS-13X connected to a 10' * 1/8" HayeSep D packed column and a 
thermal conductivity detector (TCD). Helium at 20 mL/min was used as carrier gas. The
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temperature program was set up as follows: initial temperature 40 °C, hold for 20 min, 
final temperature 40 °C. SCOTTY gas calibration standard containing 50 mol% H2, 10 
mol% CH4, 10 mol% CO, 20 mol% CO2, 5 mol% ethylene, and 5 mol% propane was 
purchased from Air Liquide America Specialty Gases LLC, USA.
The liquid products were analyzed with an Agilent 6890 GC and a LECO Pegasus 
III TOF-MS system equipped with an Rtx-5 (30 m x 0.25 mm x 0.25 pm) and an Rxi-17 
(0.79 m x 0.1 mm x 0.1 pm) capillary columns and a flame ionization detector (FID). 
The oven temperature was held at 50 °C for 2 minutes, ramped up to 200 °C at a rate o f 5 
°C/min, and then ramped to 300 °C at a rate of 20 °C/min. Samples were injected in a 
split mode (50:1) at 250 °C and helium was used as carrier gas. All the compounds were 
identified using the NIST library o f mass spectra. For the major compounds, quantitative 
analysis was done by generating and using calibration curves. The minor compounds, for 
which we did not have standards, were quantified by making a reasonable assumption 
that the detector response was proportional to the mass o f carbon atoms in the identified 
molecules.
Conversion was calculated as the amount of oleic and steric acids that had reacted 
(Eq. 45):
Products yield, wt%
x = — r~ r — z  x 100% (45>Feed, wt%
Product yields were calculated as the amounts o f products o f interest divided by the 
initial amount of oleic acid delivered into the reactor. Selectivity was calculated as the 
amount o f a product of interest (heptadecane) divided by the amount of oleic and stearic 
acids that had reacted (Eq. 46):
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Heptadecane yield, wt%
S =  — ----- ----- Ln— :--------X 100% (46)
X, wt%
An average formation of a solid deposit on the catalyst from a series o f six 
experiments was determined gravimetrically. The weight of the catalyst was recorded 
before and after each series, and the difference was divided by the number o f experiments 
and the amount o f oleic acid used in an experiment.
All the experiments and analyses were carried out in triplicate, and the reported 
values are the mean results from at least three independent experiments/analyses. The 
reported uncertainties are the relative standard deviations (RSD) from those 
experiments/analyses’ results.
6.3. Results and discussion
6.3.1. Structural and compositional properties of the catalyst
The BET surface area and pore volume/size analysis o f the granulated activated 
carbon used as a catalyst in our study showed that its surface area was 600 ± 20 m2/g, 
average pore volume was 0.95 ± 0.05 cm3/g, and average pore size was 60 ± 5 nm. After 
a series of six experiments, the surface area o f the catalyst was 25 ± 5 m2/g, average pore 
volume was 0.30 ± 0.02 cm3/g, and the average pore size did not significantly change 
over time.
XRD pattern for the activated carbon used in the study (Fig. SI) indicated that the 
sample was amorphous, but a detectable amount of SiCE was present in the catalyst. 
However, it was reported that SiCE alone does not possess any catalytic activity toward 
the hydrothermal decarboxylation of fatty acids (Fu, Shi et al. 2011). Savage et al. did a
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control experiment with palmitic acid and silica instead of activated carbon in a batch 
reactor (370°C, 3 h) in order to determine whether SiC>2 was able to influence the 
hydrothermal decarboxylation reaction. No measurable amount of pentadecane was 
produced. Thus it was concluded that the inert material has no measurable activity for 
hydrothermal decarboxylation at the reaction conditions studied (Fu, Shi et al. 2011).
EDS spectrum of the activated carbon used as a catalyst in the study showed no 
evidence for the presence o f significant amounts of metals in the sample (Fig. S2, Table 
S 1). The overall amount of the most abundant Ca2’ and Mg2+ ions that do not possess 
deoxygenation activity was < 0.5 atom%. Savage et al. who studied hydrothermal 
decarboxylation o f fatty acids over similar activated carbon (Darco) did not find evidence 
that its catalytic activity could be attributed to the presence of metals or their oxides 
either (Fu, Shi et al. 2011).
FTIR spectra o f commercial granulated activated carbons can be found elsewhere 
(Jung, Ahn et al. 2001, Barkauskas and Dervinyte 2004, Marsh and Rodriguez-Reinoso 
2006). The main surface functional groups present in the commercial activated carbons 
that determine their properties and activities are shown in supplementary Table S2.
To our knowledge, the catalytic mechanism of activated carbons toward fatty acid 
deoxygenation was not studied up to date. However, it was observed that its activity 
depends on the surface area and the number of oxygenated functional groups on the 
surface (Medina, Larsen et al. 2003). Snare et al. observed higher deoxygenation rates 
when metal catalysts with carbonaceous supports were used (Snare, Kubickova et al. 
2006). This was attributed to the ability o f carbon to promote the reaction through its 
amphoteric properties and surface functionalities. Also, Pd/C catalysts o f varying acidity
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were screened for decarboxylation o f ethyl stearate (Maki-Arvela, Kubickova et al. 
2006). It was found that the most alkaline catalysts afforded highest yields o f n- 
heptadecane.
6.3.2. Hydrothermal deoxygenation products
Two series o f control experiments were conducted before the main experimental 
part. The first series was carried out with deionized water only (blank runs) at different 
reaction temperatures (350-400°C) to determine whether gas formation occurs from the 
reaction o f water with the carbon catalyst. No detectable amount of gaseous products was 
observed at the conditions studied. This is consistent with the studies on carbon-catalyzed 
g a s i f ic a t io n  o f  o r g a n ic  f e e d s t o c k s  in s u p e r c r it ic a l w a te r  by A n ta l e t  a l. (Xu, Matsumura et 
al. 1996, Matsumura, Xu et al. 1997). Their studies show that carbon is able to promote 
formation o f H2 and CO at much higher temperatures (600-650 °C, 25.5-34.5 MPa). 
Even though we did not observe gas formation during the blank experiments, we think it 
is possible that water reacted with the carbon forming a small amount of H2 and CO with 
further reacting of CO to form more H2 under the reaction conditions studied. This gas 
might be dissolved in water or form very small suspended bubbles. However, carbon 
gasification, if it occurs, is much slower than gasification o f formic and oleic acids (Xu, 
Matsumura et al. 1996).
The second series o f control experiments on rapid hydrothermal deoxygenation of 
oleic acid over activated carbon in a continuous flow process under near- and subcritical 
conditions without a source of H2 (formic acid) was also carried out. The experiments led 
to formation o f alkenes rather than alkanes, and the reaction products tended to isomerize
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even at relatively low temperatures (350 °C). Formation o f a noticeable amount of stearic 
acid was not observed in the process either (Table 29). This could be due to the short 
residence time (21 min) and high WHSV of the continuous process (4 h'1) that did not 
provide the conditions for the sufficient in situ generation of H2 and hydrogenation of 
oleic acid and the reaction products. The control experiments and analyses o f liquid and 
gas phases showed that deoxygenation o f oleic acid and the products of its cracking 
occurred easily through decarboxylation pathway mostly. However, hydrogenation o f 
their double bonds could not be achieved without an additional source of H2 . The control 
experiments at higher temperatures yielded mostly aromatic/cyclic compounds and large 
amounts o f gaseous products.










5-Hexadecene 1.0 ± 0.1
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2-Methyl-1 -pentadecene 1.5 ±0.1
5-Heptadecene 10.2 ±0.5
Oleic acid 78.7 ± 1
Hydrothermal decarboxylation o f fatty acids for a much longer time without H2 
added led to production o f both alkanes and alkenes (Fu, Lu et al. 2010, Fu, Lu et al. 
2011, Fu, Shi et al. 2011). H2 that was produced in situ during those experiments and 
contributed to the products’ hydrogenation most likely originated from hydrothermal 
gasification o f the fatty acid feedstock. It is unlikely that gasification o f the activated 
carbon would occur at the conditions studied to produce the sufficient amount o f H2 
(Matsumura, Xu et al. 1997). Therefore, in order to obtain alkanes only and reduce the 
reaction time, an inexpensive donor of ionic/free-radical H+ is required.
Formic acid is known to readily decompose under hydrothermal conditions 
(above 320 °C) yielding H2 and CO2 (Yu and Savage 1998). Therefore, a small amount of 
formic acid (<1%) was added to the aqueous medium to serve as a donor of H2 in this 
study. This made it possible to produce «-alkanes with good yield and selectivity to 
heptadecane in a continuous flow process within a short residence time o f 21 min and 
WHSV o f 4 h '1. The main results o f the hydrothermal deoxygenation of oleic acid over 
granulated activated carbon at all the conditions studied are provided in Table 30.
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350 ± 2 77.9 ± 2 23.4 ± 1 11.7 ±0.5 49.9 ± 2
360 ± 2 92.4 ± 1.5 56.0 ± 1.5 44.0 ± 1 78.6 ± 3
370 ± 2 99.4 ± 0.5 83.2 ± 2 67.1 ± 1.5 80.6 ± 4
380 ± 2 99.7 ± 0.3 96.2 ± 1.5 69.7 ± 1.5 72.5 ± 3
390 ± 2 «  100 98.4 ± 1 31.2 ± 1 31.7 ± 2
400 ± 2 ~  100 98.8 ± 0.2 9.7 ±0.5 9.8 ± 1
As can be seen from Table 30, the highest heptadecane yields o f 67.1% and 
69.7% were produced at 370 °C and 380 °C and the highest selectivity o f 80.6% was 
observed at 370 °C. The latter was considered the optimal temperature for the 
hydrothermal deoxygenation process.
The main characteristics o f the hydrothermal deoxygenation o f oleic acid over 
activated carbon in a continuous flow process are shown in Fig. 37. As we can see from 
Fig. 37, the stearic acid was almost completely converted into hydrocarbons at 380 °C 
and higher. The yield of heptadecane, the main deoxygenation product, reached its 
maximum (about 72%) between 370 °C and 380 °C. The maximum selectivity o f the 
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Figure 37. Conversion o f stearic acid, heptadecane yield, and selectivity to heptadecane 
at different reaction temperatures (RSD<4%).
Fig. 38 shows the chromatograms of the deoxygenation products obtained at 
360°C, 370 °C, and 380 °C. It is clearly seen that conversion of oleic acid into stearic 







F igure  38. GC-FID of the products from hydrothermal deoxygenation o f oleic acid at: (a) 
360 °C, (b) 370°C, and (c) 380 °C. Peak 1: nonane, 2: decane, 3: undecane, 4: dodecane, 
5: tridecane, 6: tetradecane, 7: pentadecane, 8: hexadecane, 9: heptadecane, 10: oleic 
acid, 11: stearic acid.
The results of GC-MS analysis o f all the products obtained in the study are 
provided in Table 31.
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Table 31. Products from hydrothermal deoxygenation of oleic acid over activated carbon 
at different reaction temperatures
P ro d u c t
Y ield, w t% , a t
350 °C 360 °C 370 °C 380 °C 390 °C 400 °C
Ethylbenzene - - - - 2.9 ±0.5 4.6 ±0.5
p-Xylene - - - - 5.5 ±0.5 7.0 ±0.5
Nonane 0.3 ± 0.05 0.4 ± 0.05 0.5 ± 0.05 0.6 ± 0.05 3.2 ±0.5 0.6 ± 0.05
Decane 0.3 ±0.05 0.4 ± 0.05 0.5 ± 0.05 0.6 ± 0.05 3.5 ±0.5 3.2 ±0.5
Undecane 0.5 ± 0.05 0.7 ± 0.05 0.9 ±0.05 1.1 ±0.1 5.8 ±0.5 2.5 ±0.5
Dodecane 0.3 ± 0.05 0.4 ± 0.05 0.5 ± 0.05 0.7 ±0.05 3.2 ±0.5 1.2 ±0.1
Tridecane 0.6 ± 0.05 1.0±0.1 1.3 ±0.1 1.5 ±0.1 4.9 ± 0.5 1.7 ± 0.1
Tetradecane 0.5 ± 0.05 0.7 ± 0.05 1.0 ±0.05 1.2 ± 0.1 1.4 ± 0.1 0.7 ± 0.05
Pentadecane 1.8 ± 0.1 4.0 ±0.5 4.5 ± 0.5 5.2 ±0.5 2.8 ±0.5 1.4 ± 0.1
Hexadecane 0.8 ±0.1 1.5 ± 0.1 1.7 ± 0.1 1.8 ± 0.1 1.2 ±0.1 0.4 ±0.05
Heptadecane 11.7 ± 1 44.0 ± 1 67.1 ± 1 69.7 ± 1 31.2 ± 1 9.7 ± 1
Oleic acid 7.6 ± 1 7.5 ± 1 7.8 ± 1 0.6 ± 0.05 0.2 ± 0.005 -
Stearic acid 68.9 ±1 36.5 ± 1 9.0 ± 1 3.3 ± 0.5 1.5 ± 0.1
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As we can see from Table 31, activated carbon has a good catalytic activity for 
deoxygenation o f oleic and stearic acids. The main deoxygenation product was 
heptadecane, C 17H36 «-alkane, originating from direct decarboxylation/decarbonylation o f 
stearic acid. The maximum yields o f heptadecane (67.1% and 69.7%) were observed at 
370°C and 380 °C. The deoxygenation products obtained under those conditions were 
yellow or light brown liquids with diesel-like smell. All the minor deoxygenation 
products were shorter w-alkanes, which indicated that activated carbon also possessed an 
activity for cracking of fatty acids and their intermediates. The products obtained at 
350°C and 360 °C were white or yellowish solids under the normal conditions. This can 
be explained by the presence of significant amounts of stearic acid in the reaction 
products. The products obtained at 390 °C and 400 °C were dark brown liquids with 
strong benzene-like smell.
Table 32 provides the distribution of liquid and gaseous deoxygenation products 
from oleic acid at all the temperatures studied.
Table 32. Product distribution of liquid and gaseous products from hydrothermal 
deoxygenation o f oleic acid at different temperatures (RSD < 5%)








As we can see from Table 32, considerable gas formation from oleic acid 
occurred at the temperatures above 390 °C, thus reducing liquid product yields. Yields of 
gaseous products were calculated from oleic acid only (the difference between total gas 
yields and gas yields from formic acid). For this purpose, the blank experiments with 
formic acid solution only were conducted at the same experimental conditions and gas 
formation rates were measured for all the runs. The average formation o f a solid deposit 
on the catalyst surface was 0.67 ± 0.02 wt% per an experiment (or 0.1 wt%/h). At the 
reaction temperatures studied, no noticeable signs o f catalyst deactivation were observed 
for at least six experimental runs. Composition of the gaseous product obtained at 380 °C 
is shown in Table 33.
Table 33. Yields o f gaseous products from hydrothermal deoxygenation o f oleic acid at 
380 °C
C om pound Yield, w t%
Hydrogen 25.0 ±3
Methane 8.3 ± 2
Carbon monoxide 3.5 ± 1
Carbon dioxide 37.5 ±3
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Ethane 4.0 ± 1
Propane 21.7 ± 2
As we can see from Table 33, two groups of gaseous products arose from the 
hydrothermal deoxygenation o f oleic acid. One group (H2, CO2, CO) arose from 
decomposition/deoxygenation of formic and oleic acids. The other group (CH4, C2H6, 
C3H8) arose from cracking of fatty acids and «-alkanes. H2 was a major product that 
originated from formic acid decomposition and participated in hydrogenation o f oleic 
acid. CO2 and CO are the two main by-products, which show that deoxygenation 
occurred through both decarboxylation and decarbonylation of oleic and stearic acids. CO 
yield was always about an order o f magnitude lower than CO2 yield. Therefore, 
decarboxylation was the main reaction pathway leading to hydrocarbon production from 
fatty acids.
Equations 47-49 show the main reaction pathways for hydrothermal
hydrogenation and deoxygenation of oleic acid:
C17H33COOH + H2 —* C17H35COOH (47)
C 17H35COOH — ► C 17H36 + C 0 2 (48)
C17H35COOH + H2 —► C17H36 + CO + H20  (49)
Table 31 shows the yields o f products from hydrothermal deoxygenation o f oleic 
acid at the reaction temperatures studied. The major reaction products were stearic acid
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and heptadecane. Stearic acid was formed from oleic acid through hydrogenation reaction 
(47). Hydrogenation of the double bond in oleic acid appears to be faster than its 
decarboxylation to form C 17 alkane (Immer, Kelly et al. 2010, Fu, Lu et al. 2011, Fu, Shi 
et al. 2011). The reported rate of palm stearin hydrogenation was four orders of 
magnitude faster than the observed rate of stearic acid deoxygenation; it was not limited 
by intraparticle mass transfer resistance and did not depend on the catalyst particle and 
pore size (Tike and Mahajani 2006). Heptadecane was formed mainly through 
decarboxylation (48) and decarbonylation (49) reactions. The minor reaction products 
(C9-C16 alkanes) were produced due to C-C bond cracking. At the reaction temperatures 
above 390°C, aromatization and cyclization began to prevail over other reactions.
The rate of stearic acid deoxygenation is not limited by intraparticle mass transfer 
resistance either. In heterogeneous catalytic fluid-solid reaction systems, the rate of 
intraparticle diffusion is in steady state and equal to the rate o f the reaction. Therefore, 
under these conditions, the mass transferring steps do not affect the reaction rate. The rate 
of reaction can be calculated from the reaction mechanism assuming that the 
concentration at the catalyst site is the same as that of the bulk (Klaewkla, Arend et al. 
2011).
The reaction mechanisms o f fatty acid deoxygenation largely depend on the 
reaction conditions (Santillan-Jimenez and Crocker 2012) (Gosselink, Hollak et al. 2013). 
At high partial pressures o f H2, decarbonylation is favored (Boda, Onyestyak et al. 2010). 
At low partial pressure o f H2, deoxygenation proceeds mostly via decarboxylation 
(Immer and Lamb 2010, Berenblyum, Podoplelova et al. 2011), which was observed in 
the process studied here. Berenblyum et al. (Berenblyum, Podoplelova et al. 2011)
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studied the deoxygenation pathways of propionic acid over a Pd catalyst using density 
functionality theory calculations. They found that the rate determining step for both 
decarboxylation and decarbonylation is C-C bond cleavage in the coordinated carboxylic 
acid moiety. Decarboxylation seems to be more favorable than decarbonylation because 
Gibb’s free energy and the heat required for the reaction are lower. (Snare, Kubickova et 
al. 2006)
6.3.3. K inetics o f stearic  acid deoxygenation
Kinetics of stearic acid deoxygenation in hydrothermal medium over an activated 
carbon catalyst was investigated over the following experimental conditions: 
temperatures from 350 °C to 380 °C, reaction pressure o f 3500 psi (24.1 MPa), oil to 
water to formic acid ratio (1:5:0.05), catalyst load 18.2 g. 16.7% oleic acid in water (1% 
v/v formic acid) entered the system at 1.2 mL/min delivering 6.34 x 10"4 mol/min of oleic 
acid, WHSV 4 h '1.
Kinetics analysis was based on the reactant’s disappearance. The activation 
energy is a parameter that indicates the sensitivity o f a chemical reaction rate to 
temperature. Since the observed rate of oleic acid deoxygenation is a combined rate of 
two reactions (hydrogenation of oleic acid and deoxygenation of stearic acid), the 
“apparent” activation energy was estimated by using the observed overall rate of stearic 
acid disappearance as a function o f temperature. The activation energy was determined 
from linear regression of In r versus 1000/T for the reaction temperatures between 350 
and 380 °C where the reaction rate was linearly proportional to the change in stearic acid
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conversion (Fig. 37). The rate (r) of stearic acid disappearance was calculated for each 
reaction temperature and provided in Table 34.
T able  34. Effect of temperature on the stearic acid conversion and the rate of its
deoxygenation
T em p era tu re ,
°C
C onversion o f  s tearic  acid,
%
R ate  o f  s tearic  acid 
d isap p earan ce , 
mol/gcatxm in
350 23.44 8.16 x 10-6
360 56.02 1.95 x lO 5
370 83.18 2.89 x lO'5
380 96.16 3.35 x 10'5
In order to estimate the “apparent” activation energy of the process, the following 
equation was used (Vam 2013):
, Ea (50)
In T — ——  + c o n s ta n t  
RT
where r is the rate of stearic acid disappearance, moI/gcat x min;
Ea is activation energy o f the process, kJ/mol;
R is the universal gas constant = 8.314 x 10'3 kJ/mol x °K;
T is the reaction temperature, °K.
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The natural logarithm o f the rate o f stearic acid disappearance shown in Table 34 (In r) 
was plotted versus 1000/T in Figure 39.
-10 r
-10.4




- 11.8  1--------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------------
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Figure 39. Effect o f temperature on the rate o f stearic acid disappearance in Arrhenius 
form.
Plotting In r vs 1000/T yields a straight line with a slope o f -Ea/R. as shown in 
Fig. 4. The slope o f the line was -14.41. Multiplying the slope by (-R) yields Ea =120 ± 5 
kJ/ mol.
This value is consistent with the activation energy determined by Savage et al. 
(125 ± 3 kJ/mol) for a similar application (hydrothermal decarboxylation o f palmitic acid
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over activated carbon in a batch reactor) (Fu, Shi et al. 2011). The same research group 
evaluated the activation energy for hydrothermal decarboxylation o f palmitic acid over 
Pt/C catalyst, which was about 79 ± 5 kJ/mol (Fu, Lu et al. 2010). This is expectable 
since Pt/C is a more active decarboxylation catalyst than the carbon support alone. At the 
same time, Vam who studied continuous deoxygenation of stearic acid diluted in C24 
solvent in a fixed-bed reactor over Pd/C catalyst with H2 added evaluated the activation 
energy of the process to be 148 kJ/mol (Vam 2013). The lower activation energy required 
for performing decarboxylation in hydrothermal medium over activated carbon (120 
kJ/mol) can be explained by the lesser sensitivity of the process to temperature as well as 
by an extraordinary transport and solvent properties of sub- and supercritical water that 
can act as a reactant, reaction medium, and catalyst for different ionic/ffee-radical 
reactions on deoxygenation of biomass-derived products (Kumar 2013).
6.4. Conclusions
The rapid hydrothermal continuous flow deoxygenation process was developed 
and investigated. The study demonstrates that conversion of unsaturated and saturated 
fatty acids into straight-chain alkanes is possible over activated carbon in hydrothermal 
media within minutes. No supplying of gaseous H2 with high feed rates and no noble 
metals are required. Formic acid in low concentrations can serve as an active donor of 
free-radical hydrogen and provide the complete hydrogenation of unsaturated fatty 
acids/hydrocarbons within a short residence time. The study shows that activated carbon 
can be a promising and inexpensive alternative to the costly noble metal catalysts for 
renewable fuel production in hydrothermal medium. The products obtained in this
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process were saturated w-alkanes produced through hydrogenation o f oleic acid and 
decarboxylation or decarbonylation o f stearic acid. No hydrodeoxygenation was observed 
under the conditions studied. Heptadecane was the major deoxygenation product. At 370- 
380 °C, the yield o f heptadecane was about 70% with the selectivity 80% within 21 min 
of residence time and WHSV of 4 h '1. Kinetics study showed that the reaction rate of 
stearic acid disappearance displayed Arrhenius behavior with the activation energy o f 
120 kJ/mol.
The proposed process is readily scalable and offers a green approach to renewable 
fuel production. The processing o f biomass in sub- and supercritical water media is an 
efficient and environmentally benign method that can utilize wet biomass. The feedstock 
for this process can be derived from terrestrial plants or microalgae. Activated carbon 
used as a catalyst in the process can be produced from woody biomass and other 
renewable resources. Formic acid used as a donor o f hydrogen in the study is available at 
low cost in bulk quantities and considered a carbon neutral, renewable product that can 
be obtained by catalytic partial oxidation o f wet biomass in aqueous media (OxFA 
process) (Albert, Wolfel et al. 2012).
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Figure S2. EDS spectrum of the activated carbon used as a catalyst in the study.
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Table SI. Quantitative results o f EDS analysis o f the activated carbon catalyst
Element Atom %
C 94.95 ± 0.54
O 4.32 ± 0.32
Mg 0.29 ± 0.02
P 0.04 ±0.01
S 0.07 ± 0.01





Table S2. Wavenumbers and principal bonds in FTIR spectra o f commercial granulated 
activated carbons
Wavenumber, cm'1 Assignments
O-H stretching (intermolecular hydrogen
3500-3300
bonded)
2930-2900 C-H asym. stretching
2720 C-H (aldehydes)
1740 C=0 stretching in esters
1625-1610 C=C aromatic skeletal stretching
1580-1570 C=C stretching band
1450-1420 C-H asym. bending
1375-1317 C-H asym. and sym. bending
C -0 asym. stretching o f aromatic ethers,
1284-1240
esters, and phenols







In this work, a few major hydrothermal processing techniques o f conversion o f 
biomass into biofuels and valuable byproducts were investigated. In Chapter 2, the state- 
of-the-art studies related to the catalytic HDO of lipid-based feedstocks for the last 
decade was reviewed. It was shown that HDO of lipids is an important research area and 
attractive process to upgrade oils to liquid transportation fuels. Different chemical 
reactions (hydrogenation, dehydration, decarboxylation, and reaction mechanisms 
involved in the process were studied. The process parameters and the optimized process 
conditions have been discussed. A number of various heterogeneous catalytic used in 
HDO process has been reviewed. It was shown that bimetallic catalysts are more active 
than monometallic catalysts due to the effect o f synergy when two or more compounds 
functioning together provide an effect not independently obtainable. The application of 
aqueous HDO to upgrading algal lipids has been discussed and advantages o f using 
aqueous HDO for the processing wet feedstocks such as microalgae have been reviewed.
In producing renewable fuels from lipid-based feedstocks in hydrothermal media, 
the main objective is to remove oxygen, which can be readily performed by dehydration 
and decarboxylation. Despite the presence o f a large amount o f water, dehydration is a 
typical thermochemical reaction that occurs in hydrothermal media at elevated 
temperatures and pressures in the presence of an Arrhenius acid such as H2SO4. 
Decarboxylation is another major route of oxygen removal, which is more attractive 
because it also increases H/C ratio. The latter allows producing biofuels with increased 
HHVs.
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TAGs can be readily split to form FFAs and glycerol via Colgate-Emery process 
(Bameby and Brown 1948). The process has been conducted at the conditions similar to 
that of hydrothermal processing (250 °C and 5 MPa) without a catalyst and with oil-to- 
water ratio of 2:1. These conditions make the process more steam-based hydrolysis than 
subcritical one. King and co-workers found that fast hydrolysis o f TAGs can be 
conducted at the temperatures of 330 to 340 °C and oil-to-water ratios o f 1:2.5 to 5.0. At 
these conditions, the yield o f FFAs can be 90 to 100% (King, Holliday et al. 1999). It was 
observed that the phase behavior of components is crucial for the process and determined 
that the reaction quickly went to completion with almost 100% yield o f FFAs when the 
mixture became a single phase at 339 °C.
In recent years, a few studies on fatty acid decarboxylation in hydrothermal media 
without adding hydrogen were carried out. The advantage of hydrothermal medium is not 
only the use o f water as an environmentally benign solvent but also the avoidance of a 
separation step after TAGs hydrolysis and generation o f FFAs (Idem, Katikaneni et al. 
1996, Huber and Dumesic 2006). FFAs have been shown to degrade in hydrothermal 
media producing long-chain hydrocarbons. Watanabe and co-workers investigated the 
decomposition of stearic acid (C17H35COOH) in a fixed bed batch reactor to the 
maximum temperature of 400 °C (Watanabe, Iida et al. 2006). Two major products, 
C 17H36 and C 16H32, were found in the reaction products. The authors compared this 
process to the stearic acid pyrolysis and found that stearic acid decomposition under 
hydrothermal conditions was suppressed and resulted in prevailing alkenes over alkanes. 
The formation o f shorter-chain hydrocarbons was also suppressed under the hydrothermal
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conditions. However, when NaOH or KOH was added, decomposition o f stearic acid 
enhanced significantly producing more alkanes than alkenes.
Fu et al. conducted a series o f research projects on hydrothermal deoxygenation 
of fatty acids. It was reported that Pd/C and Pt/C catalysts possess catalytic activity in 
near critical water at 370 °C for decarboxylation of a saturated fatty acid (palmitic acid) 
with 76% molar yield of pentadecane (Fu, Lu et al. 2010). It was found that Pt/C catalyst 
is more active in water than Pd/C catalyst. However, the catalyst metal dispersion 
exhibited a significant reduction (from 38.9% to 0.8% for Pt and from 21.1 to 1.5% for 
Pd) after the reaction for 1-3 h.
Fu et al. (Fu, Lu et al. 2011) studied the effect of degree o f fatty acid unsaturation 
on the decarboxylation over Pt/C catalyst in subcritical water at 330 °C. It was reported 
that unsaturated fatty acids provided much lower heptadecane yield (< 20%) and 
selectivity than saturated fatty acids (> 80%) after the reaction for 2.5 h.
Fu et al. also demonstrated that activated carbon itself possesses catalytic activity 
for decarboxylation o f both saturated and unsaturated fatty acids, which can be a low-cost 
alternative to the expensive noble metal catalysts (Fu, Shi et al. 2011). However, the 
major product from oleic acid conversion was stearic acid with 24% molar yield. The 
desired decarboxylation product (heptadecane) molar yield was only 6% after the 
reaction at 370 °C for 3 h. In all cases, complete hydrogenation was not observed, and the 
reaction products included both alkanes and alkenes.
Further research is required in order to increase hydrogenation and deoxygenation 
efficiency of the hydrothermal process, increase conversion o f fatty acids, molar yield o f 
alkanes, and selectivity for the respective products in an economically viable way. Based
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on the information obtained from the review of existing HDO technologies, a novel 
approach to hydrothermal deoxygenation o f lipid-based feedstock was developed and 
investigated in Chapter 6.
In Chapter 3, HTL of lignin-based feedstock was studied using a conventional 
homogeneous (K2CO3) and heterogeneous bimetallic (C0 M0 /AI2O3) catalysts. It was 
shown that HTL ACS-UHS can provide an efficient method of bio-oil production. It is 
advantageous over pyrolysis as it allows converting biomass into bio-oils with higher 
energy and separation efficiency. Subcritical water technologies require less energy 
consumption since no phase change occurs (water remains in the liquid state). HTL 
allows producing liquid, solid, and gaseous products from wet and mixed feedstock with 
reduced mass transfer resistance. The use of 5 wt% K2CO3 during HTL provided the 
higher degree of liquefaction (43.4%), higher bio-oil yield (30.1 wt%), and higher ECR 
(57.1%) compared to HTL with no catalyst and C0 M0 /AI2O3 catalyst. The formation of 
gaseous products was favored when C0 M0 /AI2O was used. GC-MS and NMR results 
showed that the bio-oil contained mainly lignin-derived phenolic compounds. LBO 
contained a more diverse suite o f phenolic compounds derived from lignin monomers 
while HBO contained a less complex mixture of compounds such as parabens and 
alkylphenols. Integration o f bio-oil production from wet unhydrolyzed solids with 
bioethanol production in a second generation lignocellulosic-based biorefinery can 
increase the overall ECR from 57.1% to 89.8%.
The study of catalytic liquefaction o f ACS-UHS showed that this feedstock can be 
efficiently utilized for producing bio-oils with high energy density that can be further 
upgraded to renewable transportation fuels. However, production o f bio-oils through
223
hydrothermal liquefaction and their upgrading to liquid fuels have not been 
commercialized up to date. Those processes require robust and selective catalysts 
developed specifically for liquefaction and conversion o f bio-oils into liquid fuels. A 
number o f studies have been done in this area that include C -0 bonds cleavage through 
zeolite upgrading, hydrodeoxygenation, multi-step upgrading, unsupported 
organometallic catalysts upgrading (Hicks 2011), electrocatalytic hydrogenation and 
hydrodeoxygenation (Singh, Prakash et al. 2014), etc. The results of these studies show a 
good progress toward the potential commercialization of the liquid fuel production from 
bio-oils. However, further research is required to determine the optimal conditions and 
catalysts for bio-oil production/ upgrading.
Another area that can be further investigated is increasing degree o f liquefaction 
and ECR of bio-oil production from lignin-based feedstock. A number o f efficient 
liquefaction technologies exist up to day (Peterson, Vogel et al. 2008). However, further 
research is required to maximize the liquid product yield for the transportation fuels 
production. In this respect, using alcohols for HTL of lignin-based feedstock seems to be 
a promising way of maximizing bio-oil yield (Singh, Prakash et al. 2014).
The efficiency o f different solvents for extraction o f bio-oil from the aqueous 
phase might be a research area o f interest. To our knowledge, no systematic information 
on solvent selectivity toward LBO was reported. Diethyl ether was used for LBO 
extraction in our study. However, a number o f other non-polar solvents might be used for 
this extraction providing the higher bio-oil yield and/or lower oxygen content.
Finally, the systematic research on the catalytic upgrading the obtained bio-oil to 
hydrocarbons is required.
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In Chapter 4, a novel integrated oil extraction process (HPOE) that employs the 
hydrothermal pretreatment of oilseeds with different morphologies and solvent extraction 
o f oils followed by the hydrothermal carbonization of the extracted seedcake was 
developed and studied. The integrated oil extraction process can provide a more 
economically viable way to producing valuable feedstock for biodiesel and renewable 
diesel production.
HPOE employs hydrothermal pretreatment of whole oilseeds and oil extraction 
steps followed by HTC of the extracted seedcake. The integrated process provides several 
major advantages over conventional processes: better extractability o f oil, shorter 
extraction time, tolerance to high moisture content of the feedstock, avoiding preparation 
stages, and utilization of the extracted seedcake for biochar production. Hydrothermal 
pretreatment o f oilseeds in subcritical water at 180-210 °C for 30 min is an efficient step 
that changes the oilseeds morphology and allows maximizing oil extraction during the 
following solvent extraction step even without prior grinding and dehulling the oilseeds. 
For five types o f the seeds used in the study, the oil yields obtained from the whole 
pretreated seeds was slightly higher (1-1.5 wt%) than obtained from the ground raw ones 
on unsaponifiable matter-free basis. Hydrothermal pretreatment at the conditions studied 
did not significantly change the composition and quality o f the extracted oils, which 
makes them suitable for biofuel production.
The oils extracted from pretreated seeds had a higher antioxidant activity, which 
implies better resistance to autoxidation. The results o f this study suggest that the 
proposed integrated process can be an economical and efficient way of oil extraction and 
biochar (co-product) production from different oilseeds.
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The integrated process can be further optimized for the HPOE of a wider range of 
oilseeds, especially the ones of non-food quality, and microalgae in order to provide the 
feedstock for renewable fuel production.
In Chapter 5, the HTL of microalga Scenedesmus sp. followed by the catalytic 
hydrothermal gasification o f the aqueous phase in a continuous flow process in order to 
produce hydrogen and gaseous hydrocarbons before the nutrient recycling o f the eluent 
was investigated. Microalga Scenedesmus sp. was liquefied in a batch reactor at 300 °C 
and 1500 psi (10.3 MPa) for 30 min. The liquefaction degree under these conditions was 
32-33 wt% on a carbon basis. The obtained liquid phase was extracted with 
dichloromethane yielding 4.5 wt% of bio-oil that contained 6.9 % energy. The solid 
products and bio-oil that contain 82% of the microalgae energy can be used for renewable 
fuel production. The extracted aqueous phase was gasified over a low-cost activated 
carbon as catalyst in a continuous flow process at 350-400 °C and 3500 psi (24.1 MPa) 
with WHSV of 3.3 h '1. The highest gasification efficiency o f 10.2% was observed at 400 
°C, which is 5.7 times greater than that in the control experiments without catalyst, 
providing 2.9% of additional energy. The gas produced with catalyst contained mostly H2 
and light hydrocarbons while the gas produced without catalyst consisted mainly of H2 
and CO2 . The results o f the study show that considerable amount of H2 and gaseous 
hydrocarbons can be produced at relatively low temperature o f 400 °C using a low-cost 
activated carbon as catalyst. The processed aqueous phase can be used as a source of 
nutrients for growing fresh algae. In this study, we proved the concept that utilization of 
the aqueous phase can be performed via the low-temperature gasification over the low- 
cost catalyst and obtained promising results. The processed aqueous phase can
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significantly reduce the demand of fresh nutrients for algae cultivation and lead to a 
nutrient-neutral process. The relatively low gasification efficiency can be due to the 
recalcitrant nature of the compounds present in the extracted aqueous phase. It can be 
increased by increasing the reaction temperature of the HTG process. Further research is 
required to determine the optimal process conditions and to study the impact o f the WSP 
present in the effluent aqueous phase on the microalgae growth.
One o f the main goals o f this work was to find an efficient way of the renewable 
fuel production from algal oil, which mainly contains unsaturated fatty acids. Oleic acid 
was employed as a model compound in the study. In this research project, a novel 
approach to converting fatty acids into n-alkanes was investigated (Chapter 6).
The rapid hydrothermal continuous flow deoxygenation process was developed 
and investigated. The study demonstrates that conversion of unsaturated and saturated 
fatty acids into straight-chain alkanes is possible over activated carbon in hydrothermal 
media within minutes. No supplying of gaseous Fh with high feed rates and no noble 
metals are required. Formic acid in low concentrations can serve as an active donor of 
free-radical hydrogen and provide the complete hydrogenation of unsaturated fatty 
acids/hydrocarbons within a short residence time. The study shows that activated carbon 
can be a promising and inexpensive alternative to the costly noble metal catalysts for 
renewable fuel production in hydrothermal medium. The products obtained in this 
process were saturated w-alkanes produced through hydrogenation o f oleic acid and 
decarboxylation or decarbonylation o f stearic acid. No hydrodeoxygenation was observed 
under the conditions studied. Heptadecane was the major deoxygenation products. At 
370-380 °C, the yield o f heptadecane was about 70% with the selectivity 80% within 21
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min o f residence time and WHSV o f 4 h 1. Kinetics study showed that the reaction rate of 
stearic acid disappearance displayed Arrhenius behavior with the activation energy o f 
120 kJ/mol.
The proposed process is readily scalable and offers a green approach to renewable 
fuel production. The processing of biomass in sub- and supercritical water media is an 
efficient and environmentally benign method that can utilize wet biomass. The feedstock 
for this process can be derived from terrestrial plants or microalgae. Activated carbon 
used as a catalyst in the process can be produced from woody biomass and other 
renewable resources. Formic acid used as a donor of hydrogen in the study is available at 
low cost in bulk quantities and considered a carbon neutral, renewable product that can 
be obtained by catalytic partial oxidation o f wet biomass in aqueous media (OxFA 
process) (Albert, Wolfel et al. 2012).
Further research is required on hydrothermal catalytic deoxygenation o f algal and 
other non-food oils with the objective o f maximizing alkanes yield and minimizing 
production costs including energy. Different low-cost catalysts, oil-to-water ratios, and 
flowrates can be investigated. An efficient method of extraction of algal lipids to provide 
the feedstock for renewable fuel production can be developed and studied. Hydrothermal 
extraction of oils from hydrothermally pretreated oilseeds (Chapter 4) can also be 
investigated. Although partial hydrolysis o f the extracted oils into FFAs can occur during 
this process, it is beneficial for the following deoxygenation process. Scaling up the 
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APPENDIX A 
Environmental Protection Agency (EPA) P3 (People, Prosperity and the Planet) 
Competition, Phase I and II
EPA's P3 (People, Prosperity, and the Planet) Program is a college competition 
program aimed at designing solutions for a sustainable future. EPA P3 offers students the 
quality hands-on experience that allows them to apply their knowledge to practical 
solutions.
A group of students was organized in order to generate ideas and submit a proposal for 
EPA P3 Phase I competition in the end o f 2012. The students team was formed by Jose 
Garcia (Student Leader), Sergyi Popov, Ali Teymouri, Caleb Talbot, Hannah Drake, 
Jonathan Ricci, Paul Wilson, Kwamena Mffase-Ewur, and Victor Collins under the 
supervision of Dr. Sandeep Kumar. The Phase I grant proposal (the portable plant for 
flash hydrolysis o f algal biomass) was developed from May 2013 to May 2014.
The EPA P3 team had weekly meetings where the activities were planned as the 
research activities discussed. The following activities were part of the required work to 
participate in the competition:
• Preparation o f a Phase I report detailing the activities and findings for the one 
year project;
• Preparation o f a Phase II proposal with objectives and detailed activities for a two 
year project;
• Preparation o f a poster that was displayed during the competition;
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• A short 1 min video (elevator pitch) summarizing the objectives and findings of 
the project.
The team developed the design for the National Sustainable Design Expo in 
Washington, DC in April 2014 to complete the proposal for the EPA P3 Phase II Award. 
The 2014 EPA P3 Competition and National Sustainable Design Expo took place from 
April 25th to April 27th 2014) at the 3rd USA Science and Engineering Festival located at 
the Washington Convention Center in Washington, DC. ODU team received an 




1. Standard operation procedures for SRI 8610C gas chromatograph
The standard operation procedures for SRI 86IOC gas chromatograph (gas installation 
and connection, column installation, software installation, detector activation, sample 
injection, PeakSimple calibration, printing chromatograms, etc. are available at SRI 
Instruments website: http://www.srigc.com/documents.htm
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2. Analysis of gas samples using SRI 8610C gas chromatograph with the 
thermal conductivity detector (TCD)
This method was used for gas analysis in the studies reported in Chapter 3, 5, and 6.
The SRI 86IOC gas chromatograph includes a TCD (Thermal Conductivity 
Detector), two FIDs (Flame Ionization Detector), methanizer, internal air compressor, 10- 
port gas sampling valve, 6' molecular sieve MS-13X connected to a 10' x 1/8" HayeSep 
D packed column, MXT-WAX capillary column, ambient-to-400 °C temperature- 
programmable column oven, PeakSimple Data System software.
The current SRI GC configuration for gas analysis includes the TCD detector, 
which is most common, simple, and universal. The principle of its work are described 
b e lo w .  A n  e lu e n t  fr o m  th e  c o lu m n  f lo w s  o v e r  a h o t  tu n g s te n -r h e n iu m  f i la m e n t . W h e n  
analyte emerges from the column, the conductivity o f gas stream decreases, the filament 
gets hotter, its electrical resistance increases, and the voltage across the filament changes. 
The detector measures the change in voltage. Depending on the compound, the TCD 
responds with a detection range of 0.01% to 100% (100-1,000,000 ppm).
Quantitative analysis is based on the area o f a chromatographic peak. In the linear 
response concentration range, the area of a peak is proportional to the quantity o f that 
component.
The SRI 8610C was set up and calibrated for analyzing the gas mixture that 
contains oxygen, nitrogen, carbon oxides, methane, and ethylene as well as hydrogen (the 
first reversed peak on the chromatogram) with helium as carrier gas. For quantitative 
analysis o f hydrogen it is necessary to use argon or nitrogen as carrier gas.
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General operating procedures 
Startup
1. Check to make sure that the TCD filament current is switched off.
2. Open the regulator on the helium (carrier gas) cylinder.
3. Plug in and turn on the GC. Allow the TCD detector oven to reach the required 
temperature (150 °C) and stabilize. It usually takes about 30 minutes.
4. Check the carrier gas pressure by pressing a button labeled Carrier 1 on the front 
panel of the GC. It should be 22 psi (20 mL/min).
5. Turn on the computer and run PeakSimple Data System by clicking on the 
respective icon.
6. Switch the TCD filaments to LOW.
7. Check the temperature program. Click on Edit, Channels, Channel 3,
Temperature. In the pop-up window, the temperature program should look as follows: 
initial temp 40 °C, hold for 20 min, ramp 0 °C, final temp 40 °C. For most of gas 
analyses, the temperature of 40 °C is sufficient. Using this option, the temperature 
program can be changed as needed.
8. Check the event program. Click on Edit, Channels, Channel 3, Events. In the pop­





0.05 G ON (Valve Rotate)
2.5 A ON (Stop Flow)
7.5 A OFF (Stop Flow)
7.5 G OFF (Valve Rotate)
In this window, the event program can be edited as needed.
9. Sample is injected into the bulkhead fitting labeled “SAMPLE IN” on the front of 
the valve oven. The fitting is equipped with a 1/8” Swagelok nut for easy connection o f 
the sample streams. Make sure the sample gas line is connected to the valve.
10. Open the gas stream or inject the gas sample into the gas line connected to the 
valve with a syringe. Typically, 1 mL o f the gas sample is enough for the analysis.
11. Press the computer keyboard spacebar to initiate the run. The valve will 
automatically rotate to the INJECT position at 0.05 minutes.
12. The GC starts analyzing the gas sample and plotting the chromatogram curve on 
the monitor. After the analysis has been finished, view the results by right-clicking on the 
chromatogram and choosing Results from the drop-down menu. The chromatogram can 
be saved on the computer and/or printed.
Shutdown
Shutdown is the reverse of startup:
1. Close the sample gas stream.
2. Switch the TCD filaments OFF.
3. Close PeakSimple Data System and turn the computer off.
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4. Turn the GC off.
5. Close the regulator on the helium cylinder.
Figure 40. Sample chromatogram of a gas mixture analyzed with GC-TCD.
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3. Analysis of liquid samples using SRI 8610C gas chromatograph with the
flame ionization detector (FID)
This method was used for FAMEs analysis in the studies reported in Chapter 4 and 6.
The FID responds to any molecule with a carbon-hydrogen bond, but its response 
is either poor or nonexistent to compounds such as H2S, CCU, or NH3. Since the FID is 
mass sensitive, not concentration sensitive, changes in carrier gas flow rate have little 
effect on the detector response. It is preferred for general hydrocarbon analysis, with a 
detection range from 0.1 ppm to almost 100%. The FID’s response is stable from day to 
day, and is not susceptible to contamination from dirty samples or column bleed. It is 
generally robust and easy to operate, but because it uses a hydrogen diffusion flame to 
ionize compounds for analysis, it destroys the sample in the process.
In the FID, the carrier gas effluent from the GC column is mixed with hydrogen, 
then routed through an unbreakable stainless steel jet. The hydrogen mix supports a 
diffusion flame at the je t’s tip which ionizes the analyte molecules. Positive and negative 
ions are produced as each sample component is eluted into the flame. A collector 
electrode attracts the negative ions to the electrometer amplifier, producing an analog 
signal for the data system input. An electrostatic field is generated by the difference in 
potential between the positively charged collector electrode and the grounded FID jet. 
Because o f the electrostatic field, the negative ions have to flow in the direction of the 
collector electrode.
The SRI 8610C was set up and calibrated for analyzing fatty acid methyl esters (FAMEs) 




1. Open the regulator on the He (carrier gas) cylinder.
2. Plug in and turn on the GC. Allow the FID detector oven to reach the required
temperature (250 °C) and stabilize. It usually takes about 30 minutes.
3. Check the carrier gas pressure by pressing a button labeled Carrier 2 on the front
panel of the GC. It should be 19 psi (20 mL/min).
4. Open the regulator on the hydrogen cylinder.
5. Check the FID hydrogen pressure by pressing a button labeled Hydrogen 1 on the 
front panel o f the GC. It should be 20 psi (25 mL/min).
6. Check the air pressure by pressing a button labeled Air 1 on the front panel o f the 
GC. It should be 5 psi (250 mL/min). The approximate pressures required are printed in 
the gas flow chart on the right-hand side of the GC.
7. Ignite the FID by turning on the Internal Air Compressor switch located on the
front panel o f the GC. You must hear a small POP.
8. Verify that the FID flame is lit by holding the shiny side o f a chromed wrench 
directly in front o f the collector outlet/FID exhaust vent. If condensation becomes visible 
on the wrench surface, the flame is lit.
9. Set the FID amplifier gain switch to HIGH for most hydrocarbon applications. If  
peaks of interest go off the scale (greater than 5000 mV), set the gain to MEDIUM. When 
peaks o f interest are 20 seconds wide or more at the base and extra noise immunity is 
desired, set the gain switch to HIGH (filtered).
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10. Turn on the computer and run PeakSimple Data System by clicking on the 
respective icon.
11. Check the temperature program. Click on Edit, Channels, Channel 1, 
Temperature. In the pop-up window, the temperature program should look as follows: 
initial temp 120 °C, hold for 3 min, ramp 10 °C/min, hold for 5 min, final temp 240 °C. 
Using this option, the temperature program can be changed as needed.
12. Check the event program. Click on Edit, Channels, Channel 3, Events. In the pop­




In this window, the event program can be edited as needed.
13. Check the FID1 temperature by pressing the button labeled Detector 1 on the
front panel of the GC. It should be 250 °C (it should always be higher than the oven 
temperature).
14. Press the computer keyboard spacebar to initiate the run.
15. Inject the FAMEs sample into the injector located on the front panel o f the GC
oven with a 10 pL syringe. Typically, 1 pL o f the liquid sample is enough for the
analysis.
16. The GC starts analyzing the liquid sample and plotting the chromatogram curve 
on the monitor. After the analysis has been finished, view the results by right-clicking on
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the chromatogram and choosing Results from the drop-down menu. The chromatogram 
can be saved on the computer and/or printed.
Shutdown
1. Close the regulator on the hydrogen cylinder.
2. Turn off the Internal Air Compressor.
3. Close PeakSimple Data System and turn the computer off.
4. Turn the GC off.
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